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 ABSTRACT OF THE DISSERTATION 

Coupling Treatment Technologies with Bioelectrochemical Systems to Optimize Resource 

Recovery from Wastewater 

by  

Matthew Ferby 

Doctor of Philosophy in Energy, Environmental and Chemical Engineering  

Washington University in St. Louis, 2024  

Professor Zhen He, Chair 

Wastewater is a common waste produced from municipal, agricultural, and industrial processes. 

As the world’s population increases, the amount of wastewater produced globally is expected to 

reach approximately 450 billion m3 in the next two decades. Issues surrounding water, food, and 

energy accessibility will also become more imminent as the population grows. Interestingly, 

wastewater is an unconventional source of resources including water, nutrients (e.g., NH4
+ and 

PO4
3-), and energy. However, conventional wastewater treatment processes focus primarily on the 

removal of containments rather than the recovery of resources.  

Bioelectrochemical systems (BES) have the ability to recover resources from wastewater. These 

engineered systems take advantage of microbial oxidation of organics to generate electricity. 

Incorporation of ion exchange membranes can also promote the separation of nutrients. Two 

common types of BES are microbial fuel cells (MFCs) and microbial electrolysis cells (MECs). 

However, shortcomings including relatively low energy production and high material costs 

oftentimes deter justification of BES implementation over conventional methods. Other processes 

and technologies such as forward osmosis (FO), membrane contactor (MC), and thermoelectric 
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generators (TEGs) have similar issues when comparing the advantages and disadvantages of the 

recovery system. Coupling BES with other recovery approaches could potentially achieve synergy 

and optimize resource recovery from wastewater. However, systematic investigation of BES 

coupled systems to understand their potential as effective recovery systems is insufficient. 

This dissertation has three research objectives: (1) investigate forward osmosis as a pretreatment 

step for microbial fuel cell treatment, (2) explore membrane contactor integration with microbial 

fuel cell technology as a sustainable resource recovery method, and (3) investigate thermoelectric 

generators as an alternative power supply for microbial electrolysis cells. 

1. Investigate forward osmosis as a pretreatment step for microbial fuel cell treatment. Chapter 2 

describes methods used for removal and recovery of reverse fluxed solutes during FO operation. 

Chapter 3 investigates two draw solutes (NaCl and NH4HCO3) for FO water recovery and the 

effects that draw solutes have on coupled MFC performance. Holistic evaluations based on energy 

consumption, COD removal, ammonium removal and recovery, and water recovery were used to 

compare the coupled systems.  

2. Explore membrane contactor integration with microbial fuel cell technology as a sustainable 

resource recovery method. Chapter 4 explores MC as a non-energy intensive approach to recover 

volatile fatty acids (VFAs) and ammonium. The effect osmotic distillation has on VFA and 

ammonium recovery, economic feasibility, and optimal operation conditions are explored as well. 

Chapter 5 incorporates MC into MFC treatment to compare air stripping and membrane separation 

as ammonium recovery methods. Different system configurations and parameters were analyzed 

to determine optimal operation conditions. 
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3. Investigate thermoelectric generators as an alternative power supply for microbial electrolysis 

cells. Chapter 6 presents TEGs as an alternative energy source that can be used to power an MEC 

for hydrogen generation. First, the TEGs were characterized for performance based on temperature 

gradient and recirculation rate of the hot and cold sources. Then, the TEG powered MEC was 

evaluated based on variables including Coulombic efficiency, hydrogen production rate, and 

maximum power density. 

Overall, this dissertation seeks to better understand the synergy that can be achieved by coupling 

BES with membrane processes and alternative energy sources, as well as how we evaluate these 

systems in terms of their effectiveness. It also seeks to provide insight on challenges that need to 

be addressed for real world implementation of these coupled systems. 
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Chapter 1 

Introduction 

 

1.1 The State of Wastewater 

 Water is the most important resource on the face of the planet and is necessary in industries 

such agricultural, pharmaceutical, and energy. However, population growth and concurrent 

increases in water demand run the risk of limiting our access to water. Consequently, this will also 

produce more wastewater. It has been estimated that the approximately 300 billion m3 of 

wastewater produced globally will increase 26% by 2030 and 51% by 2050 [1]. These issues 

combined will demand novel wastewater handling to offset water stress issues. Wastewater is a 

complex waste that can be composed of organic matter, nutrients (e.g., nitrogen and phosphorus), 

heavy metals, pharmaceuticals, and other toxins [2, 3]. Conventional wastewater treatment is 

usually sufficient to eliminate solid and organic contaminants so natural waterways will not be 

polluted. This approach to  wastewater handling process, however, does not take advantage of the 

value-add products that are in wastewater. The development of wastewater processes that can treat 

wastewater, recover resources, and decrease energy consumption needs to be heavily considered. 

 Resource recovery has gained attention in the wastewater field because of its potential to 

counteract the energy cost of wastewater treatment. Various engineering processes such as 

anaerobic digestion [4], microfiltration, nanofiltration, and reverse osmosis [5] have shown to be 

effective in recovering nutrients and water from wastewater. For example, one study achieved 

more than 95% removal of total dissolved salts while operating at 36 LMH water flux. One major 

challenge that exists is the high energy demand required for their implementation [6]. A common 
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approach to lessen this energy demand is by using an alternative energy source. The digestion of 

wastewater sludge is a conventional method for fuel production in the form of biogas. Several 

approaches including substrate selection and microbiome engineering have been suggested to 

increase methane generation [7]. Despite the advancement of these technologies, they typically are 

only applicable for the recovery of a single resource. New technologies that have wide 

applicability, good efficacy, adaptability, and low energy requirements will help make the 

implementation of novel approaches more attainable. 

 

1.2 Bioelectrochemical Systems 

1.2.1 History and Types of Bioelectrochemical Systems 

Bioelectrochemical systems (BES) are engineered systems that produce electricity through the 

natural oxidation of organic matter. First, microbes inoculated in the anode chamber oxidize 

organic matter at the anode electrode [8]. This oxidation releases electrons that flow to the cathode 

electrode to reduce an electron acceptor. The configuration of the BES determines the electron 

acceptor that is used. There are four main types of BES including microbial fuel cells (MFC), 

microbial electrolysis cells (MEC) (Fig. 1.1), microbial electrosynthesis systems (MES), and 

microbial desalination cells (MDC). BES are oftentimes identified as more sustainable wastewater 

treatment systems compared to conventional methods because of energy recovery from the 

estimated 1.93 kWh m-3 of stored energy that is in wastewater [9]. BES have been shown to 

generate electricity from low concentration [10] to high concentration [11, 12] wastewaters with 

varying compositions of other contaminants [13-15].  
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Figure 1.1 Schematics of two bioelectrochemical systems: (A) microbial fuel cell and (B) 

microbial electrolysis cell. 

 

1.2.2 Specific Function of Microbial Fuel Cells and Microbial Electrolysis Cells 

MFCs are the fundamental configuration of BES. MFCs are inoculated with electrogens that 

oxidize organic matter and reduce oxygen as an electron acceptor. The most well-known bacteria 

in MFCs are Geobacter because of the presence of oxygen [16]. Early studies of MFCs were able 

to achieve current and power density outputs of 1.21 A m-2 and 0.28 W m-2
, respectively. Since 

then, studies have explored single and dual chamber configurations to increase MFC performance 

and capabilities. For example, cylindrical MFCs have been shown to decrease internal resistance 

of the system which increased the maximum power density to 3.32 ± 0.04 W m-2 [17]. The 

incorporation of an ion exchange membrane can promote the selective removal of key anions (e.g., 

PO4
3-) that move towards the positive anode electrode or key cations (e.g., NH4

+) that move 

towards the negative cathode electrode [18, 19]. Additionally, MFC technology has also been 
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incorporated into municipal wastewater treatment systems to investigate their applicability in real 

world systems [20]. Variability in MFC performance is due to factors including organic loading 

rate, nutrient loading rate, electrode fabrication, cathodic electrolyte and materials used to build 

the MFC [21]. Modeling efforts have shown that predicting the performance comes with its own 

challenges as well. Using kinetic equations and microbial make up to determine the COD removal, 

pH, Electrical conductivity, current of the MFC based on initial conditions has been investigated 

[22]. Recently, investigators are using the technology as a biosensor [23]. The evolution of this 

technology has shown that it can meet the demand of nutrient and energy recovery while being a 

robust solution for many problems. 

MECs are have the additional benefit of generating hydrogen gas by reducing protons [24]. 

Instead of having a thermodynamically favorable redox reaction like MFCs, MECs require a power 

source to overcome the overpotential of the hydrogen evolution reaction. This is due to the 0.14 V 

that is not achieved by the oxidation of organic matter in the anode chamber [25]. MECs also 

require a special catalyst to help facilitate electron transfer from the cathode to the hydrogen 

protons. Hydrogen gas generation has great attention due to its potential use as a green fuel source 

compared to traditional oil. Platinum is the most common catalyst used in MECs because of its 

high surface area and low contribution to resistance due to material in the system [26]. Systems 

with Pt electrode have achieved 0.8 m3 H2 m-3 d-1 hydrogen yields combined with additional 

strategies to enhance hydrogen gas production to 1.3 m3 H2 m
-3 d-1 in the cathode chamber [27]. 

MECs have also been shown to be applicable for the treatment of fermentation products, sludge 

and food waste while maintaining good hydrogen gas yield [28]. The power source used in most 

MEC studies is a traditional power supply. Other studies have explored more renewable energy 

source such as wind [29], solar [30], and hydro [31] power. 
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1.2.3 Challenges of Microbial Fuel Cells and Microbial Electrolysis Cells 

Despite the advantageous qualities of BES, they have some disadvantages that make the 

technology less attractive for resource recovery. MFCs still have relatively low energy production 

compared to traditional energy sources. Treatment of low strength wastewaters also reveals a 

challenge for MFC. Due to low organic concentrations, MFCs that treat municipal wastewater 

have only show maximum power densities and average Coulombic efficiencies of less than ~20 

W m-3 and 18%, respectively. Another common problem is the internal resistance of BES. 

Increasing the internal resistance via insufficient electrolytes, materials used for constructing the 

BES, immature biofilms or microbiomes will decrease electrical performance [32]. For MEC 

specifically, high material cost for catalyst such as platinum and the need for an external power 

source are considered significant challenges. Platinum is a well established material that is able to 

facilitate electron transfer for the generation of hydrogen gas but it has negative environmental 

impacts (i.e., toxicity and material degradation by common wastewater constituents), that deter 

from its use in real systems [33]. Additionally, it is estimated that MECs will consume an additional 

0.56 kWh m-3 compared to MFC, which will drive up the energy consumption of the system [34]. 

This has been suggested to be a factor only for lower applied voltages [35], but the energy 

efficiency drops promoting the over use of energy. The handling or use of hydrogen gas produced 

by MECs has also been questioned. A shared concern for the technology is in scaling up the 

systems [36-39]. Increasing the size of the system will require more materials that increase 

resistance within the system, decrease access to substrate (e.g., oxygen or organics), and major 

operational and capital cost. These are just a few issues that need to be systematically investigated 

and resolved before BESs are a viable technology. 
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1.3 Other Technologies for Wastewater Treatment 

1.3.1 Forward Osmosis 

Forward osmosis is a membrane process that is employed to recover water from a wastewater 

source. This water recovery method operates similarly to the natural phenomenon. Water moves 

across a semipermeable membrane from a low saline solution (feed) to a highly saline solution 

(draw) due to a difference in their osmotic pressures [40]. The most common membranes used in 

FO studies are cellulous triacetate (CTA) and thin film composites (TFC) [41]. Various salts  and 

other matter have been used to generate the draw solution. This was first considered for wastewater 

treatment using a NaCl draw solute. Now, novel magnetic particles and fertilizer have been 

identified as sustainable draw solutes for FO operation. The most appealing trait of FO treatment 

is its low energy demand. Reverse salt flux is an inevitable occurrence in FO treatment. RSF is the 

movement of salt from the draw moving into the feed [42]. Draw solutes reverse flux differently 

based on their characteristics (e.g., hydrated radius, oxidation state, volatility). This can cause 

internal and external concentration polarization which decreases the effects of osmotic pressure 

differences to motivate water transport across the membrane [40]. Membrane fouling is also a 

disadvantage of FO that decreases water flux. Fouling has been shown to occur due to solution 

membrane interactions that cause build up on or within the membrane structure [43]. 

 

1.3.2 Membrane Contactor 

Membrane Contactor (MC) is a treatment option that has had growing interest because of its good 

recovery and low energy consumption (Figure 1.2). Carbon capture from the atmosphere has been 
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the main application considered for MC [44-46]. Other pollutants such as sulfur dioxide, alcohols, 

ammonia, and volatile fatty acids (VFAs) have been considered in recent studies for MC separation 

from air and aqueous waste streams. Polypropylene (PP), polytetrafluoroethylene (PTFE), and 

polyvinylidene fluoride (PVDF) are three types of membranes used for MC separation. Unlike 

membrane distillation (MD) which requires a thermal gradient to recover water, MC operates if a 

pH gradient exist so that the gaseous form is released from the feed and absorbed in the aqueous 

form in the permeate. Despite the lack of additional energy demand like comparable methods such 

as MD and electrodialysis (ED), high recovery of nutrients such as ammonium and VFAs. For 

example, a PP-polyethylene hollowfiber member was able to achieve 99% ammonium recovery 

(feed pH>11) [47]. Selectivity, membrane fouling and decreased recovery times of larger 

compounds such as VFAs raises concern in its overall effectiveness. This was is made evident in 

one study that showed VFA migration rates increase for acetate (0.04 to 0.43 mg cm-2
  h

-1) when 

20 V was applied [48]. Recent studies have begun to investigate scaling up MC to understand 

performance of large systems[49].  

 

1.3.3 Thermoelectric Generators 

Thermoelectric generators (TEGs) are an alternative energy source that convert heat energy into 

electrical energy. TEGs are double plated, semiconductor composites that require a temperature 

gradient between the two interfaces to work. The two types of semiconductors (n-type and p-type) 

are connected in series. The movements of electrons due to the temperature gradient is known as 

the Seebeck Effect. Industrial machinery, auto manufacturing [50], network sensors [51], and 

aerospace systems have already investigated TEGs as potential energy generators. Thermal 

conductivity is the passage of heat from the hot source to the cold source, which decreases the 
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temperature gradient and the TEG voltage output. Factors including TEG composite material and 

TEG structure can alter the effects of thermal conductivity [52]. For example, higher thermal 

conductivity was observe in one study when particle sizes were 250 nm (0.13 W m-1 K-1) to 5 nm 

(0.13 W m-1 K-1) [53]. While TEG fabrication techniques are used to mitigate thermal conductivity, 

some studies utilize the drawback to have better thermal to electrical energy conversion 

performance [54]. 

 

 

Figure 1.2  Process flow diagrams of membrane contactors for CO2 capture from flue gas. Figure 

utilized from a previous study with permission [55]. 

 

 

https://www.sciencedirect.com/topics/earth-and-planetary-sciences/flue-gas
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Table 1.1 Treatment option and technology advantages and disadvantages  

Treatment 

Option or 

Technology 

Advantages Disadvantages 

Microbial Fuel 

Cell 
• Sustainable chemical to 

electrical energy conversion 

[21] 

• Various application for 

various wastewaters [36, 37] 

• Nutrient Removal and 

Recovery with use of ion 

exchange membranes [36, 56] 

• Mixed microbial communities 

provide robust treatment [57] 

• Relatively low energy 

production [36, 37] 

• Overpotential issues [21] 

• Internal resistance due to 

material and electrolyte [21] 

• Scaling up issues [36, 37] 

 

Microbial 

Electrolysis Cell 
• Hydrogen generation [24, 33, 

58] 

• Various application for 

various wastewaters [58] 

• Nutrient removal due to high 

electron flow to cathode [38, 

59] 

• Requires high-cost material 

(e.g., platinum) [33, 38] 

• External power source [39] 

• Scaling up issues [38, 39] 

Forward 

Osmosis 
• Fresh water recovery from 

wastewater [40, 60, 61] 

• Concentrate contaminants [60, 

62] 

• Less energy intensive than 

other membrane processes 

(e.g., RO and NF) [40, 61] 

• Reverse Solute Flux [40, 43] 

• Internal and External 

Polarization [40] 

• Membrane Fouling [43, 61] 

• Irreversible membrane fouling 

[43] 

Membrane 

Contactor 
• Nutrient, volatile fatty acid, 

gas, and alcohol recovery [63, 

64] 

• Athermal separation process 

[63] 

• Low investment and labor for 

scaled up systems [44, 65] 

• Metal removal capabilities 

[63, 66] 

• Selective Separation [67] 

• Membrane Fouling [44, 64] 

• Plasticization decreasing 

permeability [44, 68] 

Thermoelectric 

Generator 
• Sustainable energy source 

(heat to electrical) [69, 70] 

• Only requires small 

temperature gradients [71, 72] 

• Long term stability [71] 

• Requires adequate heat 

source/heat gradient [73] 

• Low conversion efficiency 

[72, 74] 

• High production cost [70] 

• Knowledge gap in systematic 

application studies [69] 
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1.4 Outline 

The technologies presented have a variety of advantages and disadvantages that can promote or 

deter from their individual implementation into the real world (Table 1.1). The purpose of the work 

compiled in this dissertation is to further understand the synergistic behaviors between BES and 

other technologies. Coupling these systems will seek to improve BES performance and optimize 

resource recovery from wastewater. In order to achieve that goal, this work has been separated into 

7 chapters covering 3 main objectives: First, the difference of draw solute removal and recovery 

is explored in a systematic review (Chapter 2). Draw solutes have different properties that affect 

how they are handled after FO treatment. Physical, chemical, and biological removal are 

oftentimes employed to attenuate salt accumulation. Solute recovery via air stripping or membrane 

processes are applied to create a circular system that regenerates the draw solution necessary for 

water recovery during FO. Next, NH4HCO3 and NaCl are evaluated as draw solutes for a FO+MFC 

system (Chapter 3). The coupled system is evaluated using 5 parameters: energy consumption, 

chemical oxygen demand (COD) removal, ammonium removal rate, ammonium recovery rate, and 

water recovery. This study also elucidates the implications of draw solute selection for coupled 

FO+MFC systems. The second objective investigated the use of MC incorporated into MFC. First, 

pure MC was utilized to recover VFAs and ammonium using a hollow fiber membrane (Chapter 

4). The effects of osmotic distillation on resource recovery across a gas permeable membrane were 

explored. This study also utilized multi-criteria decision making to determine the optimal operation 

conditions to recovery VFAs and ammonium. Then, the MFC integrated with MC was evaluated 

for its ability to recover ammonium compared to air stripping (Chapter 5). Different configurations 

were considered to optimize ammonium recovery during MFC operation. Aeration and absorption 

solution strength were evaluated on their effectiveness to promote ammonium recovery from the 
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catholyte. The third objective explored how to achieve more sustainable hydrogen production from 

MEC treatment. TEGs were used as the power source for the treatment of a synthetic brewery 

wastewater in the MEC (Chapter 6). The TEGs were characterized under different temperature 

gradients, recirculation rates, and heat sources and sinks. The TEG-MEC was also compared to a 

traditional MEC powered by a power supply to determine the benefits of the alternative energy 

source. 
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Chapter 2  

 

Reduction of Reverse Solute Flux Induced 

Solute Buildup in the Feed Solution of 

Forward Osmosis 
 
(This section has been published as Ferby, M., Zou, S., & He, Z.* (2020). Reduction of reverse 

solute flux induced solute buildup in the feed solution of forward osmosis. Environmental 

Science: Water Research & Technology, 6(3), 423-435.) 

 

Abstract 

 

Forward osmosis (FO) has shown advancement towards recovery of useful water from various 

waste streams. A major issue that arises is the accumulation of salts due to reverse solute flux 

(RSF) from a draw solution into a feed solution that can result in several negative effects such as 

decreased water flux and inhibiting biological activities. This paper aims to provide a concise 

discussion and analysis of methods that can help to alleviate the effects of solute build up. New 

parameters, solute removal/recovery rate (SRR) and removal/recovery ratio (ReR), are proposed 

to help better define the performance of reducing solute buildup and employed in case studies to 

evaluate the selected reduction methods. Solute removal can be accomplished by physical 

separation, chemical precipitation, and biological removal. Recovery of solutes, one step beyond 

removal, is discussed and demonstrated by using bioelectrochemical systems and electrodialysis 

as examples. This work has highlighted the concerns associated with solute buildup and 

encouraged further exploration of effective tools to mitigate solute buildup for improved 

performance of FO-based water/wastewater systems. 
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2.1 Introduction 

The perception of wastewater being a waste has been altered to it being a resource due to 

burgeoning technologies and processes for recovering valuable resources (e.g., energy and fresh 

water) from wastewater [75]. Recovery of useful water from wastewater, for potable or non-

potable use, will help to address the challenge of water shortage, especially in the area where 

freshwater supply is limited [76]. To accomplish wastewater reuse, emerging membrane 

technologies such as forward osmosis (FO) can play an important role. FO is a system that relies 

on the natural osmosis phenomenon and a semi-permeable membrane to extract water driven by 

an osmotic pressure gradient [61]. Various wastewaters such as municipal [77, 78], agricultural 

[79, 80], medical, and mining [81] wastewaters have been examined in FO studies to determine 

best application practices for wastewater treatment and reuse. FO technologies have also been 

investigated to concentrate heavy metals, such as copper, mercury, and lead, within specific 

wastewaters to facilitate further resource recovery [82]. Bench-scale FO experiments have evolved 

to pilot-scale tests that utilize fertilizer as draw solutes to eliminate the need for regeneration [83-

85].  

Despite the promise for water/wastewater treatment, practical applications of FO are still 

limited by some challenges. Among them, reverse solute flux (RSF) is an inherent limitation of 

FO membranes but has received less attention than membrane fouling. RSF describes the 

movement of draw solute (DS) permeating through FO membrane from a draw solution to a feed 

solution [86]. The most commonly used membranes in FO studies include thin film composites 
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(TFCs) and cellulose triacetate (CTA). It has been suggested that RSF can be influenced by the 

deposition of materials on the surface via interaction with the feed solution’s constituents and DS 

[87]. In addition, the amount of RSF depends on DS characteristics and operating conditions, as 

well. For example, the RSF of NaCl DS (approximately 2.34 gMH) can be very different from 

other inorganic DS such as MgCl2 and MgSO4 (approximately 2.86 and 1.20 gMH, respectively) 

under similar experimental conditions [88]. The most notable direct effects of RSF include loss of 

DS and decrease in water flux. For example, when 1 M NH4HCO3 DS was used to recover water 

from treated leachate, the water flux decreased from 3.3 LMH to less than 0.6 LMH after 3.5 hours 

of operation due to rapid loss of DS via RSF. Therefore, reducing RSF is critically important to 

FO operation, and the mitigation tactics such as membrane fabrication/modification and selection 

of suitable DS have been discussed in a recent review paper [89].  

 Besides direct effects, RSF can also lead to unfavorable consequences such as the 

accumulation of DS in the feed solution (i.e., the solute buildup). Note that solute buildup or DS 

buildup from RSF is a part of salinity buildup in an FO operation, as the latter also includes the 

concentrating effect (CE) of other substances in the feed solution caused by membrane rejection 

(Fig. 2.1). For a standalone FO process, a higher-salinity solution from both RSF and CE could 

lead to increased fouling issue on the FO membrane [90], leading to deteriorated water extraction 

performance caused by potential pore blockage, additional water transport resistance, and 

enhanced concentration polarization [91, 92]. Efforts have been made to quantify and predict these 

phenomena [93], but the lack of application of this mathematical model demands additional 

research to establish validity. Quantifying the salinity buildup will be important to understand how 

to properly treat DS-polluted feed solution [94]. For an integrated FO process with biological 

treatment (e.g., osmotic membrane bioreactor - OMBR), continuous solute/salinity buildup would 
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inhibit microbial activities, resulting in decreased wastewater treatment performance. For instance, 

integration of FO with anaerobic membrane bioreactor exhibited a highest RSF of 12.21 gMH 

when KNO3 fertilizer was selected as DS, leading to severe solute buildup and 75% less of methane 

production compared to the control system [95]. The accumulation of NaCl DS in the feed solution 

resulted in decreased NH4
+ removal (40% reduction) due to microbial inhibition [96]. Therefore, 

proper strategies to control the solute buildup due to RSF will be of strong interest and importance. 

 

Figure 2.1 Differences between solute buildup and salinity buildup in FO based systems as it 

relates to dissolved particles permeating across FO membranes. 

 

 Although some efforts have been invested to reduce solute buildup in the feed solution, 

there is a significant gap in literature on comprehensive description and assessment of solute 

removal and recovery technologies and their effectiveness. The main objective of this paper is to 

provide a concise discussion and analysis of those technologies that can help reduce solute buildup 
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towards optimal performance and water recovery in FO-based systems. The terms “salinity” and 

“solute” are used interchangeably in the present paper, assuming that the initial solute compound 

in the feed solution can be negligible. There is also a need to better compare solute accumulation 

and develop a quantification parameter to evaluate solute removal/recovery. Because of a lack of 

necessary information in the literature, we have created two case studies with appropriate 

assumptions to demonstrate the necessity of reporting RSF and solute removal or recovery in FO 

systems. Some discussions were limited to the examples of OMBRs because a few studies on this 

subject provide enough details for us to analyze and discuss. We also went beyond removal and 

discussed potential methods for solute recovery that may be reused directly or indirectly in FO 

applications via bioelectrochemical and electrochemical techniques as examples of recovery 

methods. It should be noted that this paper is about the mitigation of a key effect of RSF – 

accumulation of reverse-fluxed draw solute, instead of mitigation of RSF that has been discussed 

before. 

 

2.2 Quantification of Solute Buildup 

2.2.1 Common FO Parameters  

Water flux (Jw, L m-2 h-1, LMH) is to quantify the amount of water that can be recovered from a 

feed solution and described by Eq. (1).  

𝐽𝑊  =
𝑉𝑓 – 𝑉𝑖

𝐴 × 𝛥𝑡
                 (1) 

where Vf and Vi represent the final and initial volumes (L) of the draw solution, respectively; A is 

the surface area (m-2) of the membrane that water permeates across; and Δt is the operation time 

(h-1).  
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Reverse solute flux (RSF) (JS, g m-2 h-1, gMH) presents the amount of DS that permeates 

the FO membrane to the feed solution and can be calculated by using Eq. (2). 

𝐽𝑆  =
𝐶𝑓𝑉𝑓 − 𝐶𝑖𝑉𝑖

𝐴 × 𝛥𝑡
                (2) 

where Cf and Ci are the final and initial concentration (g L-1) of solute in the draw solution, 

respectively.  

 Specific reverse solute flux (SRSF) is used to compare the movement of solute to 

movement of water [97], and expressed as Eq. (3). 

𝑆𝑅𝑆𝐹 =
𝐽𝑠

𝐽𝑤
                 (3) 

Membrane rejection (R) is determined under a condition of continuous operation by using 

the feed and permeate concentrations of a pollutant of interest [98] and can be calculated by using 

Eq. (4) 

𝑅 =
𝐶𝐹 − 𝐶𝑃

𝐶𝐹
 × 100%               (4) 

where CF and CP (mol L-1) are the concentrations in the feed solution and permeate (draw solution), 

respectively. In batch FO systems, it is more appropriate to use total mass of the DS in the solution 

to calculate the rejection or RSF-water flux ratio described by Jin et al. (2011) [99]. 

 The driving force for FO is based on the osmotic pressures (π) of the feed and draw 

solutions [100], calculated using Eq. (5)  

 π = 𝑖𝑀𝑅𝑇,                     (5) 
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where the variables are the gas constant (R), the solution’s van’t Hoff factor (i), M (mol L-1), and 

temperature, T. 

 Other FO parameters that have been discussed in previous studies include solute buildup 

(SBU) and concentrating effect (CE). Both variables are used as a mean to define solute 

concentration in the feed solution. SBU and CE are listed as Eqs. (A.1 and A.2) and are provided 

in the supplementary materials (Appendix A). 

 

2.2.2 Solute Reduction or Recovery 

While the above parameters can quantitatively describe the performance of an FO process, a 

parameter to evaluate solute reduction or recovery is still missing. Herein, we proposed the solute 

reduction/recovery rate (SRR) to help establish a measure that can be used to compare the efficacy 

of solute reduction or solute recovery between FO studies. SRR (g m-2 h-1) is derived from Eq. (2) 

to show how much of solute is removed or recovered compared to how much permeates the 

membrane from the draw solution, expressed in Eq. (6). 

𝑆𝑅𝑅 =
𝑚𝐷𝑆,𝑟𝑒𝑐𝑜𝑣𝑒𝑟𝑒𝑑 

𝐴 × 𝑡
 𝑜𝑟  

𝑚𝐷𝑆,𝑟𝑒𝑚𝑜𝑣𝑒𝑑 

𝐴 × 𝑡
               (6) 

where mDS, recovered (g) is the mass of DS that is recovered from the feed solution, and mDS, removal is 

the mass of DS that is removed from the feed solution. How the mass is determined is based on 

the recovery or removal technique and vary between different measurement and quantitative 

approaches. The solute recovery/removal ratio (ReR) can be quantified by using Eq. (7). 

𝑅𝑒𝑅 =
𝑆𝑅𝑅

𝑅𝑆𝐹
 ∗ 100%                 (7) 

This ratio (%) can describe the amount of DS that is removed or recovered from the feed solution 

compared to the amount of DS that is reverse-fluxed. A potential obstacle in applying the SRR 
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equation is how to quantify DS. Inorganic DS are commonly quantified by using conductivity 

measurement [101, 102]. Organic DS are increasingly being considered as an attractive alternative 

for FO water treatment [103-105], but conductivity measurement is less reliable to quantify 

organic DS. Total carbon or chemical oxygen demand (COD) is suggested to better quantify the 

concentration of organic DS [106].  

In this paper, two case studies in section 3.1 and 3.2 were created to understand the potential 

application of SRR and ReR. We did not extend those parameters to other sections because of 

lacking necessary data/information (e.g., RSF data) in literature; this should not be interpreted as 

that those parameters are not applicable to other (abiotic) removal/recovery processes.  

 

2.3 Removal of Accumulated Solute 

2.3.1 Physical (membrane) removal of solute 

The migrated solutes via RSF can be removed by physical separation, mostly via membrane 

filtration (Table 2.1), for example coupling microfiltration (MF) or ultrafiltration (UF) with FO 

[107]. Physical separation is possible because MF/UF membrane pore sizes are selective in 

allowing reverse-fluxed DS in the feed solution to flow across the membrane while rejecting larger 

constituents such as suspended biomass. This selectivity allows overly accumulated solutes to 

leave the bulk (feed) solution, creating a permeate solution containing solutes. In an OMBR, MF 

was installed to reduce the concentration of salt in the biological system (feed side) (Fig. 2.2A). 

When the MF flow rate increased from 1 to 2 L d-1, the mixed liquor electrical conductivity was 

reduced by half and remained stable for over 40 days, as shown in Fig. 2.2B [108]. The decreased 

solution conductivity could help to reduce fouling propensity with decreased adsorption of carbon 

material [109] and reduce the formation of biofilms on membranes [110]. Decreasing the 
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conductivity of the feed solution via physical separation would also help to maintain a greater 

osmotic pressure difference between the feed and draw solutions, resulting in more water flux. It 

was reported that in the absence of physical removal, water flux was observed to decrease by 

nearly 50% when the conductivity of the feed solution increased from 268 to 8270 µS cm-1 after 7 

days of operation; introducing MF has helped to retain the conductivity around 700 µS cm-1 with 

a lessened decline in water flux for a duration of 60 days [122]. A pilot scale system showed 

relatively comparable results (4.8 LMH and steady conductivity of 1.6 mS cm-1) to that of the 

bench scale studies and thus verified the effectiveness of physical removal for potentially large-

scale implementation of FO technology. 

To better understand the performance of physical separation, we employed SRR and ReR 

in a defined case based on data from the published literature and some assumptions under steady 

state conditions. In this case, an OMBR with an effective volume of 8.5 L utilized MF to remove 

the reverse-fluxed DS (MgCl2) (Fig. 2.3A) [123]. The data from the period when MF was in 

operation were used in the SRR and ReR calculation. We assumed an MF water flux of 8.44 LMH 

and an effective membrane area of 0.0754 m2 based on the data of MF flux versus FO flux [124] 

and osmotic pressure data for different draw solutes at 1 M [61]. The permeate Mg2+ concentration 

was 4.06 mg L-1, which resulted in an SRR of 0.034 gMH. The source of DS used to calculate the 

proposed paraments (SRR and ReR) is the reverse fluxed Mg2+ ions. The reported RSF was 0.03 

gMH and thus ReR is slightly greater than 100% (0.034/0.03). This ReR value suggests that the 

use of MF could recover all the Mg2+ ions present in the mixed liquor; clearly, this is an ideal case. 

To clarify, the ReR could exceed 100% when the DS used for FO is already present the feed 

solution. This can be misleading as more DS will be recovered from the feed than what is
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Table 2.1 Mitigation of salinity buildup via solute removal in FO studies 

Conf.a Method Mode Membrane Areab Product DS Conc.b Jw
b FS Cond.b  Ref. 

Physical 

AeOMBR MF Continuous CTA 560 - NaCl 1 5.5 Synthetic  5 [109] 

AeOMBR UF Continuous CTA 12,000 - NaCl 0.44 4.8 Domestic  1.6  [111] 

AeOMBR MF Continuous CTA 720 Ca3(PO4)2 Brine 0.5 5.0 Domestic  6.5  [112] 

Cross-

Flow 
MF Semi-Cont. CTA 138 - NaCl 1 1.7 Digestate 0.7  [113] 

AeOMBR MF Continuous CTA&TFC 392 
Ca3(PO4)2 

Mg3(PO4)2 
NaCl 1 7.4 Domestic 10  [114] 

AeOMBR MF Continuous CTA - Ca3(PO4)2 NaCl 0.5 3.5 Sewage  10.5  [115] 

AnOMBR MF Continuous CTA 250 
Ca3(PO4)2 

Mg3(PO4)2 
NaCl 0.5 3 Digestate 3.5  [116] 

Chemical 

Cross-

Flow 
Precipitation Batch CTA 140 MgNH4PO4 MgCl2 1.5 6 Digestate - [117] 

Cross-

Flow 
Precipitation Batch TFC 15 MgNH4PO4 NH4HCO3 1 4 Digestate - [118] 

Cross-

Flow 
Precipitation Batch CTA 30 MgNH4PO4 Na2CO3 0.5 2.5 Digestate - [119] 

Cross-

Flow 
Precipitation Batch CTA 98 CaCO3 Na2CO3 4 1.5 Leachate - [120] 

Biological 

AeOMBR 
Nitritation-

Anammox 
Continuous CTA 100 - NH4HCO3 1 2.5 Synthetic  1.8  [42] 

AeOMBR 
Nitritation-

Anammox 
Continuous CTA 100 - NH4HCO3 0.5 2.3 Synthetic 1.3  [121] 

a The configurations include aerobic or anaerobic submerged osmotic membrane bioreactor (AeOMBR or AnOMBR) and cross-flow FO. 

b The units for membrane area, draw concentration, average water flux (Jw), and stable feed conductivity (Cond.) are cm2, mol L-1, LMH, and mS cm-
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Figure 2.2 Indirect mitigation of salinity buildup: (A) solute removal by an integrated 

microfiltration process; and (B) salinity decrease effect as microfiltration flow rate increases. 

Figures are adapted with permission from ref. [112]. 
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Figure 2.3 A case study of physical removal of the accumulated solutes: (A) system balance in an 

osmotic membrane bioreactor (OMBR) with water flux, reverse salt flux, and removal rates being 

included to show SRR and ReR parameter’s applicability to comparable FO-related studies; and 

(B) SRR and ReR values under varying MF flux operation (data sourced from ref. [123]).  

 

contributed by RSF. MF flux, permeate DS concentration, and DS concentration in the feed 

solution before treatment should be presented in salinity buildup investigations as they will allow 

direct calculation of SRR and ReR without referencing other studies. 

It is expected that operational changes or material adjustments will yield different SRR and 

ReR values. Thus, we performed a predication of SRR and ReR by varying water flux and RSF 

(Fig. 2.3B). If the waste stream via MF is slower than reported in the case study, then it is expected 

that less DS will be removed from the bulk (feed) solution. For example, a lower flux of 7 LMH 

yields a lower SRR (0.023 gMH) and ReR (80%), compared to the defined case (8.44 LMH). As 

the MF flux becomes significantly lower, the solute concentration may increase due to the 

increased FO membrane fouling [125, 126]. At a MF flux of 2 LMH, SRR is only 0.004 gMH with 
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14% ReR. Thus, a higher water flux would be preferred, though at the cost of more energy 

consumption. The water flux that produces a 100% ReR should not be exceeded to avoid the 

system being overworked. Moving forward, SRR calculations can make researchers aware of how 

much solute needs to be removed to maintain an environment for optimal operation of FO-based 

systems. If a different DS is used and results in different RSF, then a quick mathematical 

manipulation of the ReR equation could show how SRR needs to be adjusted and the required MF 

flux. 

Using physical separation to mitigate salinity buildup comes with some limitations. Energy 

consumption and operational costs for FDFO-NF systems differ greatly when CTA (40.5% and 

$0.81/m3) or TFC (71.8% and $0.46/m3) membranes are used [127]. While the CTA membrane 

has a higher cost, its ability to remove DS is better than TFC at the same cost. Choosing a CTA 

membrane would most likely have a higher SRR and ReR and be better at reducing salinity 

buildup. This would be greatly adjusted by membrane fouling [128], yielding lower SRR and ReR 

due to reduced passage of solutes across the membrane. The DS molecular size can affect both 

RSF and ReR [129] and thus a high concentration of DS from RSF would lead to a poor 

performance of removal via filtration. Use of larger DS (e.g., potassium sorbate) will greatly 

reduce RSF and minimize the need for DS removal [130]. Another area of concern is the lack of 

attention placed on treatment or handling of the filtration permeate (the removed DS). A 

combination of fouling and poor selectivity of MF or UF membrane (due to relatively larger pore 

sizes) leads to the passage of impurities, making it difficult for direct permeate reuse [79]. Reuse 

of the permeate should be prioritized over disposal, because the solute concentrations [113, 124] 

would make post-treatment/disposal of permeate very challenging.  
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2.3.2 Chemical precipitation  

Under suitable conditions (e.g., pH, temperature, and chemical compound ratio), salts, metal ions, 

and nonmetal ions can form precipitation with DS [131]. In contrast to physical separation, 

removing precipitates via filtration can be simpler than removing ionic forms of common elements, 

such as nitrate, ammonium, and sulfate [132, 133]. This is particularly evident considering that 

permeate ion treatment sometimes includes precipitation [123]. Chemical precipitation has been 

incorporated into FO, for example 92% phosphate removal was achieved from concentrated 

digestate [134]. In another study, calcium carbonate precipitated during the treatment of oil sand 

produced water in both FO and pressure retarded osmosis [135]. Struvite (MgNH4PO4•6H2O) is a 

common precipitate occurred in wastewater studies because of NH4 
+ and PO4 

3-being common 

constituents, as well as widely used DS along with Mg2+. For example, MgCl2 was studied as a DS 

and the Mg2+ ions migrated via RSF to the feed solution containing both NH4
+ and PO4

3- to form 

struvite [117]. An added benefit was discovered when heavy metals, such as Cu2+ and Pb2+, were 

show to absorb onto struvite precipitates [136]. Externally added Mg2+ ions were an option using 

NH4
+-based DS, in which reversed-fluxed ammonium combined with phosphate in the feed 

solution to produce struvite [118]. This still presents opportunities for improvement since salinity 

buildup is not directly targeted and precipitation would only occur with supplemented resources 

that may not be available in the feed.  

To evaluate SRR and ReR for solute removal via chemical precipitation, we used one of 

our prior studies as a case study, which formed struvite precipitation from a direct FO system used 

to dewater pig wastewater (Fig. 2.4A) [119]. To calculate SRR and ReR, only Mg2+ that migrated 

via RSF and was precipitated in struvite was considered “removed”. This case study utilized a 

batch operation with 60% water recovery. The SRR is calculated to be 0.388 gMH based on the 
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average water flux of 3.1 LMH, the amount of struvite that is precipitated, and the operation time. 

At RSF of 1.55 gMH, an ReR of 25% is obtained. Variability in nutrient rich feed solutions will 

ultimately require different reaction times and pH adjustments [137] to increase the formation of 

struvite, with increased complexity depending on the DS used for FO. This means that the key 

parameters such as SRR, water flux and RSF are expected to fluctuate with decreased MgCl2 

concentration [88], but this will allow more control with salinity buildup, resource usage, and 

operation time optimization. 

Improving the removability of the solute is significantly dependent on decreasing RSF. In 

this case study, the amount of reverse fluxed Mg2+ could decrease with enhanced RSF mitigation. 

According to Eq. 6 and 7, it is clear that decreasing the FO treatment time and the amount of DS 

moving across the membrane into the feed will increase both SRR and ReR. In particular, solute 

permeation across the FO membrane is the major variable, without affecting water recovery, which 

could be controlled to yield higher SRR and ReR (Fig. 2.4B). ReR can nearly double (from 25% 

to 45.6%) with only a 32% reduction in RSF. This would occur because less of the reverse fluxed 

Mg2+ would remain dissolved in the feed solution compared to the amount of Mg2+ that is used to 

form struvite. There is a potential to increase SRR with optimized FO membrane fabrication to 

minimize the residual DS in the feed solution. This is impactful as ReR would reflect an ideal 

percentage (>90%) when all the reverse fluxed DS is removed as solids. An additional limiting 

factor is the amount of NH4
+ and PO4

3- that are required for struvite formation, and they may be 

supplied from either DS or constituents already in the feed solution. Insufficient supply of those 

elements could result in a significant decrease of ReR regardless of the reduced RSF. Other 

precipitates, such as Mg3(PO4)2 and CaNH4PO4, may also form and be able to remove DS from 

the feed solution [138]. 
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The feasibility of using chemical precipitation as a solute removal method in FO is 

dependent on the composition of the concentrated feed solution and the type of DS. In some cases, 

composition of the concentrated feed solution may decrease the efficacy of the method, resulting 

in lower SRR and ReR values (Fig. 2.4B). For example, if an NH4
+

 based DS was used in the study 

by Wu et al. [119], then the amount of struvite precipitated compared to the RSF of NH4
+

 would 

have been unbalanced because of a low Mg2+ concentration. It is plausible seeing that different 

magnesium-phosphate and ammonium-phosphate ratios would show different removal rates of the 

ions from the bulk solution during struvite formation [139]. This issue branches off into 

underutilization of available nutrients present in the solution as an additional concern for chemical 

precipitation. This is observed in the case study that 75% of the DS is not removed from the system 

and the other 25% is precipitated into a solid that is affected by certain nutrients not being abundant 

in the feed solutions. In addition, pH adjustment could be a quick solution to improving the 

practicality of chemical precipitation since it is a fast and readily understood technique in 

water/wastewater treatment. In contrast, this would present potential roadblocks in FO and 

membrane performance. For example, lower rejection rates of perfluorohexanoic acid were 

observed at pH=3.3 (80%) versus at pH=10 (>90%) [140]. Electroneutrality between the feed and 

draw solutions is maintained by the passage of H+ across the membrane[141] and may be a better 

approach to pH adjustment that needs to be investigated along with DS selection. Future research 

efforts should seek ways to provide necessary ratios without major pH adjustment to allow 

maximum precipitation. 
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Figure 2.4 A case study of chemical removal of accumulated solutes: (A) system balance with 

water flux, reverse salt flux, and removal rates being included to show SRR and ReR parameter’s 

applicability to comparable FO-related studies; and (B) SRR and ReR values for different RSF if 

RSF mitigation is applied (data sourced from ref. [119]). 

 

2.3.3 Biological removal 

Biological removal of reverse – fluxed DS depends on the degradability of DS and assimilation of 

microorganisms. In the presence of microbial processes, either aerobic or anaerobic, an FO system 

can be converted to an OMBR [142]. A typical OMBR is capable of removing organic-based DS 

through biodegradation. For example, poly(acrylic acid) (PAA) polymers have been studied as DS 

that can be removed biologically with a degradation rate exceeding 40 mg L-1 d-1 and this 

degradation helped to maintain a higher  water recovery, compared to NaCl  DS [143]. Ammonia 

based DS have a particular affinity since nitrogen treatment is desired for many wastewater 

sources. For example, the nitritation-anammox process was integrated with a submerged FO to 

remove reverse-fluxed NH4HCO3 (Fig. 2.5A) [42]. During the initial phase, stable conditions were 
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obtained from the FO (water flux: ~2 LMH, RSF: ~1.2 gMH for N). The incorporation of nitritation 

has improved the FO performance with a water flux increasing to 3 LMH and decreasing the 

nitrogen chemical species with complete NO2
- removal in the annamox reactor. Successful 

combination of nitritation-anammox and FO processes not only renders a good effluent water 

quality (i.e., no accumulation of NH4
+, NO3

-, and NO2
-; conductivity of 1.3 mS cm-1) but also 

provides sufficient alkalinity and nutrients for the proliferation of anammox bacteria under long-

term operation [121].  

Biodegradation of reverse-fluxed DS may be limited to very few DS that are biodegradable. In 

addition, it could also create the DS influence on microbial activities and stimulate biofouling. 

Toxicity of reverse-fluxed DS to microbes in OMBRs was studied using Escherichia coli (E. coli) 

as a model organism. It was found that different DS have exhibited different effects on the growth 

of E. coli, for example NaCl stimulated the bacterial growth, MgCl2 decreased it, and  NH4HCO3 

at a moderate concentration resulted in an optimal growth (Fig. 2.5B) [144]. As a side effect of 

biodegradation, biofouling resulted from microbial growth is expected to noticeably increase,  

leading to the decreased water flux. Biofouling can be a major performance inhibitor [145-147]. 

For example, a 60% decrease in the normalized water flux was experienced with a biofilm formed 

to be approximately 70-µm thick [148]. It is important to take into account that biodegrading the 

DS would result in the need to regenerate the draw solution with additional resources, which can 

become costly. There is insufficient knowledge about whether microbial activity would effectively 

degrade the reverse fluxed DS. These two concerns would attenuate the application of biological 

removal of DS. In general, there have not been a great number of studies on biological removal of 

DS and thus more remain to be explored in this area.  
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Figure 2.5 Biological removal of accumulated solutes: (A) schematic of an FO-Anammox 

system (figure is adapted with permission from ref [42]); and (B) effects of the increased 

concentrations of DS (NH4HCO3, NaCl, and MgCl2 ) on E. coli growth (modified after results in 

ref. [67]). 
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2.4 Recovery of reverse-fluxed solute 

Solute recovery from the feed solution, instead of removal, provides a more attractive option to 

potentially reuse those “wasted DS”. Because most DS are charged ions, they can be separated 

from the feed solution by electricity/electrical field, which can be generated by electrochemically-

active microorganisms in a bioelectrochemical system (BES) or through direct exertion of voltage 

in an electrodialysis (ED). In this section, those two recovery approaches are introduced and 

discussed for their performance, advantages, and drawbacks. 

Bioelectrochemical systems are based on interaction between microbes and solid electrode 

acceptors/donors. Representative examples of BES include microbial fuel cells (MFCs) and 

microbial electrolysis cells (MECs) [149]. In BES, movement of biologically produced electrons 

also drives the transport of ions across a separator (e.g., ion exchange membrane) [150], and such 

an ion transport has been employed to accomplish desalination in microbial desalination cells 

(MDCs) [8]. BES present an opportunity to maximize the sustainability if the ions – dissolved DS 

– can be recovered as opposed to wasted. This has been demonstrated in an OMBR study that 

employed BES to mitigate DS accumulation and then recover DS (Fig. 2.6A). It was found that 

bioelectricity generation (closed circuit) led to better salinity control as the conductivity stabilized 

around 9 mS cm-1 compared to 24.1 mS cm-1
 under the open circuit (no electricity, Fig. 2.6B). 

 

Such a difference in the feed conductivity resulted in a higher water flux of 5.5 LMH (closed 

circuit) than 0.7 LMH (open circuit) at the end of an operation cycle. The recovery of ammonium 

was significantly enhanced from 7.8-8.8  g N m-3 h-1  to  100.0–125.0 g N m−3 h−1 with the addition 

of CO2 [151]. The benefit of using BES for recovering reverse-fluxed DS is the low energy 
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consumption of the recovery process, because electrons are produced from low-grade substrates 

via biological oxidation in the anode. The performance of such a recovery will be strongly related 

to two factors. First, a higher current generation would promote ion transport and thus DS recovery. 

How to increase current generation in BES has been well discussed before [152] and thus is not 

focused here. Second, reverse-fluxed DS need to be separated from the anolyte of BES. That is 

especially important to obtaining high purity/quality DS for reuse, because an anolyte contains a 

variety of compounds (to support microbial growth) and cannot be used as DS directly. In the 

abovementioned example, reverse-fluxed DS was separated from the anode (which was also a feed 

chamber) and then concentrated in the cathode. Such a separation would increase the requirement 

of system operation and reactor complexity.  

To avoid the problems with BES-based recovery approach, ED can be used with an externally 

applied electrical force to separate ions from a feed solution. ED has been studied to separate target 

compounds such as amino acids [153], cupric [154], fluoride and nitrate [155], and toxic metals 

(e.g., lead) from waste streams [156]. Maximum efficacy of this process depends on multiple 

factors such as applied potential and configuration [157]. The size and charge of the ions, however, 

is a significant determinate in recovery. It was found that monovalent ions (e.g., Na+) could be 

separated better than the divalent and trivalent ions [158]. A recent study has employed ED to 

recover a fertilizer (diammonium phosphate ((NH4)2HPO4, DAP)) DS from an FO (Fig. 2.7A) 

[159]. A high recovery percentage of 96.6% was obtained for the reverse-fluxed DAP on a daily 

basis under DI water feed conditions. The reported recovery using a wastewater treatment effluent 

reached approximately 5.9 g L-1 and 6.2 g L-1 for NH4 
+-N and PO4 

3--P, respectively. The SRR for 

this study were 1.16 and 1.22 g m-2 h-1 for NH4 
+-N and PO4 

3--P, respectively.  
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Figure 2.6 Recovery of draw solute by using a bioelectrochemical system: (A) schematic of an 

OMBR-BES; and (B) comparison of anolyte conductivity (AC) and water flux (WF) between 

closed and open circuit. Figures are adapted with permission or modified from ref. [151]. 
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A major concern for ED-based recovery method is high energy consumption. It was 

estimated that the energy consumption could be 1.49 kWh m-3 of water with highly concentrated 

DS, which would be reduced to about half (0.72  kWh m-3)  with a less concentrated solution [159]. 

The major contributor to energy consumption in an ED-FO system is ED, which can consume 

about 90% of total energy input, while FO requiring about 10% energy (Fig. 2.7B). The external 

power supply is a key energy consumer being approximately 90% of the total ED energy required. 

Another challenge for ED based recovery is membrane fouling, which affects the electrochemical 

properties (i.e., potential dropped due to increased resistance from buildup on the membrane) 

[160]. This is particularly the case when wastewaters with high concentrations of acidic 

compounds are being treated [161]. ED is an ion/charge-based separation process and thus is 

essentially non-selective towards charged ions. Efforts have been invested to show that some ED 

systems can allow only singly or doubly charged cations across an exchange membrane, but the 

process requires specific conditions (e.g., pH and current density) to achieve optimal separation 

[162]. These conditions are understudied and expected to change based on the targeted ions. This 

shortfall would ultimately decrease the purity of the recovered DS and make it harder to regenerate 

for reuse in FO; however, the recovered DS may have other applications, for example being 

applied to agricultural land when fertilizer compounds are used as DS.  

 

2.5 Conclusions 

To establish a foundational understanding of methods to mitigate salinity buildup, this paper has 

presented and analyzed major approaches for removal and recovery of DS in FO-based systems. 

New parameters for solute reduction and recovery rates/ratios were proposed to better evaluate 
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and identify the most effective method that remove or recover reverse-fluxed DS. Operation 

parameters (e.g., MF flux rate) should be optimized to have maximum recovery without much 

 

 

Figure 2.7 Recovery of draw solute by electrodialysis: (A) schematic of an ED-FO system; and 

(B) energy consumption of ED-FO system with a 2.5 V applied. Figures are adapted with 

permission from ref [84].
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energy demand for physical separation. For chemical precipitation, operation parameters and 

understanding chemical composition of the feed solution will be the most critical variables in 

increasing SRR and ReR. Biological removal is still an underexplored area and may have 

application for some special DS that, when being reverse fluxed, can be a nutrient to stimulate 

biological growth. Recovery of reverse fluxed DS is of great interest but has not been well 

investigated in detail. The current recovery approach is based on ion separation driven by 

electricity, which is either generated in situ (e.g., BES) or applied externally (e.g., ED). To move 

forward for effective control of reverse fluxed DS, it is important to include information on the 

amount of solute caused by RSF and to explore approaches that can be integrated with FO for 

removing or recovering solutes.  
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Chapter 3 

  

Effects of Draw Solutes on an Integrated 

Forward Osmosis—Microbial Fuel Cell 

System Treating a Synthetic Wastewater 
 
(This section has been published as Ferby, M., Zou, S., & He, Z. (2022). Effects of draw solutes 

on an integrated forward osmosis—Microbial fuel cell system treating a synthetic wastewater. 

Water Environment Research, 94(11), e10802.) 

 

Abstract 

Microbial fuel cells (MFCs) and forward osmosis (FO) are both attractive and versatile wastewater 

treatment technologies that possess disadvantageous qualities that prevent their optimal 

performance. This study aimed to investigate how draw solute selection for FO treatment would 

affect MFC performance in a coupled FO-MFC system. Two types of draw solutes, NH4HCO3 and 

NaCl, were studied, and it was found that 1.0 M NH4HCO3 (FO-MFC-A) and 0.68 M NaCl (FO-

MFCB) had similar water fluxes of 6.04 to 3.39 LMH and 6.25 to 3.54 LMH, respectively. The 

reverse salt flux from the draw decreased the feed solution resistance for both draw solutes, but 

the FO-MFC-A system (0.32 W m-2) had a higher maximum power density than the FO-MFC-B 

system (0.26 W m-2). The current density for the FO-MFC-B system increased due to continuous 

solution resistance decrease, whereas it remained constant for the FO-MFC-A. The difference in 

Coulombic efficiencies (32.8% vs. 25.6%) but similar Coulombic recoveries (10.2% vs. 11.4%) 

between the FO-MFC-A and FO-MFC-B systems suggested that the FO-MFC-A might have the 

inhibited microbial activity by high ammonium/ ammonia. The FO-MFC-A system had the lower 

energy consumption for nutrient removal (2.01 kWh kg-1 NH4
+-N) and recovery (8.87 kWh kg-1 

NH4
+-N). These results have shown that NH4HCO3 as a draw solute can have advantages of higher 
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power density, higher Coulombic efficiency, and recoverability for draw regeneration, but its 

potential inhibition on microbial activity must also be considered. 

 

Keywords: Forward osmosis, microbial fuel cell, coupled system, reverse solute flux, nutrient 

recovery  

 

3.1 Introduction 

Microbial fuel cells (MFCs) are a versatile technology that has been studied to treat various 

wastewaters [21]. In a typical MFC, microbes degrade organic substances in its anode chamber to 

release electrons, which flow to a cathode electrode and reduce electron acceptors such as oxygen 

[163]. The generated electricity drives the separation of ions through ion exchange membranes. 

For example, ammonium ions can migrate from the anode chamber into the cathode chamber 

across a cation exchange membrane (CEM) [18]. In the past two decades, MFC technology has 

been advanced through both fundamental studies and system development. Researchers have 

obtained in-depth understanding of microbial mediated electron transfer and functional 

microbiome involved in MFCs [164]. Fundamental insights also help scale up MFCs to treat real 

wastewaters with desirable organic removal and energy recovery performance. For example, a 

200-L MFC system was deployed in a wastewater treatment plant to treat primary effluent, and 

the produced energy was revered and then reused to support the MFC operation [165]. Because of 

elimination or minimization of aeration, MFCs can be an energy efficient approach for wastewater 

treatment and their energy consumption is much lower than typical activated sludge processes 

[166]. More information about MFC can be found in several thorough review papers [167, 168]. 
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 Despite the progress, MFC technology still faces some major challenges, including high 

capital cost (mostly due to electrode/catalyst/membrane materials) and relatively low energy 

recovery from low-strength mainstream wastewaters. One potential approach to address some of 

those challenges is to concentrate mainstream wastewater before MFC treatment. Such a 

concentration process may benefit MFCs with a smaller wastewater volume (and thus a compact 

reactor size and a reduced capital investment) and higher ionic and organic concentrations to favor 

mass transfer and kinetics. For example, a concentrated wastewater yields a higher ionic 

conductivity to reduce the internal resistance of an MFC, as well as an elevated nutrient level to 

facilitate nutrient recovery (e.g., ammonium nitrogen) from low-strength wastewaters. This pre-

concentration process can be achieved using membrane technologies such as nanofiltration (NF), 

reverse osmosis (RO), and forward osmosis (FO). NF and RO are pressure driven membrane 

processes that requires more energy input [169]. FO, on the other hand, utilizes an osmotic pressure 

gradient to recover water from a low (feed) to a high (draw) salinity solution separated by a 

semipermeable membrane [40]. It offers a good rejection to a wide range of compounds when 

concentrating various wastewater feeds [40, 170]. Still, an FO-based concentration process needs 

to carefully select the draw solutes to minimize reverse solute flux (RSF), a phenomenon that can 

introduce additional salinity into the feed wastewater [89, 171]. In general, regeneration-free draw 

solutes are preferable to avoid energy-intensive solute regeneration/separation. For example, 

fertilizer-based draw solutions (DS) have been studied to recover water from wastewater for non-

potable water reuse [172, 173]. Systematic research has also been completed to understand how 

concentration polarization, dilution rate, membrane fouling, membrane type and orientation affect 

water flux and RSF [174-176]. 
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 To reap the benefits of FO-based concentration, previous efforts have been focused 

strategically on integrating FO membrane or modules with the MFC technology towards 

simultaneous wastewater treatment and resource recovery [177]. The first integrated system was 

to use FO membrane to replace ion exchange membrane, which creates an osmotic microbial fuel 

cell (OsMFC) [178]. This OsMFC could generate a significantly higher current density at 100 A 

m-3 than a conventional MFC (55 A m-3) because of its smaller membrane resistance (9.7 Ω vs. 

14.3 Ω) [179]. MFC and FO have also been combined to concurrently treat low strength synthetic 

wastewater in a membrane bioreactor equipped with membrane filtration. Operation of this novel 

system showed both a stable voltage (0.38-0.41 V) for 38 days and a higher power output compared 

to similar systems in part because of conductivity control in the mixed liquor of the bioreactor 

[180]. In addition, a three chamber configuration with the FO chamber in between the anode and 

cathode achieved high removal of COD and total dissolved solids from actual wastewater [181]. 

While FO has also been considered a favorable complement to bioelectrochemical systems [118, 

182, 183], full integration of FO and MFC presents potential operational issues if implemented in 

the real world and suggests further investigation of separate units in a treatment process. 

 In this study, we proposed to employ an FO unit to concentrate a synthetic wastewater and 

then the concentrated feed solution was treated in an MFC. The FO unit was operated with two 

inorganic salts (NaCl and NH4HCO3) as draw solutes. Since the MFC treatment could recover 

some ammonium that migrated across the CEM, the two draw solutes will help determine the 

effects that draw solute selection has on the coupled FO-MFC system’s performance. The specific 

objectives of this study include: (1) investigate how use of different draw solutes and RSF during 

FO operation alter the composition of medium strength wastewater, and (2) understand the effects 

that coupling FO and MFC have on energy consumption and nutrient recovery. Specific energy 
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consumption and contaminant removal rates were considered when comparing the systems to 

evaluate coupled system performance to better compare COD removal, NH4
+ removal and 

NH4
+recovery for coupled FO-MFC treatment. 

 

3.2 Materials and Methods 

3.2.1 FO Setup and Operation 

A two-chamber FO unit (11 cm x 9 cm x 3.5 cm) was constructed to have identical draw and feed 

compartments of 60 mL each, separated by a piece of CTA membrane with an effective area of 48 

cm2 (Fluid Technology Solutions, Albany, OR, USA). Each compartment was connected to a 

reservoir, which contained an initial volume of 350 mL of the draw/feed solution. The NH4HCO3 

and NaCl DS were examined at three concentrations (0.5, 1.0, 1.5 M). Then, a 0.68 M NaCl DS 

was used to compare to 1.0 M NH4HCO3 DS for FO-MFC operation because they produced similar 

final feed volumes (Section 2.3.1). The feed solution was a synthetic wastewater containing (per 

liter of DI water): 0.15 g NH4Cl, 0.5 g NaCl, 0.015 g MgSO4, 0.02 g CaCl2, 0.1 g NaHCO3, 1.07 

g K2HPO4, 0.53 g KH2PO4, and 1 mL of trace elements. In addition, 1.29 g sodium acetate (~1,000 

mg COD L-1) and 1.76 g NH4HCO3 (~ 400 mg NH4
+ − N L-1) were added to mimic the organic 

and ammonium concentrations in anaerobically digested livestock wastewater [184]. The feed and 

DSs were recirculated at a rate of 10 mL min-1. Each FO treatment cycle had a 6-hour duration. 

The FO membrane was cleaned with 400 mL of DI water that was recirculated at a higher flow 

rate for at least 4 hours between each FO treatment cycle to minimize fouling effects. The draw 

and feed solutions were sampled before and after the FO treatment. All tests were performed under 

a room temperature (24 ºC) and in triplicates. 
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3.2.2 MFC Setup and Operation 

The MFC had an anode chamber and a cathode chamber (450 mL/each) that were separated by a 

cation exchange membrane (CEM, CMI-7000, Membrane International Inc., Glen Rock, NJ, USA) 

with an effective area of 130 cm2. The anode electrode was a carbon brush pretreated by acetone. 

The anode chamber was inoculated with the sludge from a wastewater treatment plant (St. Louis, 

MO, USA) and operated at decreasing external resistance until a consistent electricity generation 

was established. The MFC was operated under a batch mode and at a room temperature. The 

cathode electrode (100 cm2) was a stainless steel mesh wrapping carbon cloth secured by titanium 

wire. The carbon cloth (Zoltek Companies, Inc., MO, USA) was coated with powdered activated 

carbon (4 mg cm-2), which served as an oxygen reduction catalyst. The catholyte (cathode solution) 

contained (per liter of DI water) 0.54 g K2HPO4 and 0.27 g KH2PO4 to maintain a pH of ~7.0. 

Dissolved oxygen was supplied to the cathode using an air diffuser. Both the anolyte and catholyte 

were circulated at a rate of 30 mL min-1. The anode and cathode electrodes were connected through 

a 10-Ω external resistance to generate a high current for driving migration of ammonium ions from 

the anode into the cathode. Anolyte, catholyte and sulfuric acid absorption solution samples were 

collected during each anolyte replacement. In the FO-MFC system, the synthetic wastewater was 

first concentrated by the FO before pumped into the MFC. In the FO-MFC system, the FO was 

operated for 6 hours and MFC was operated for the subsequent 18 hours, resulting in a total 

treatment time of 24 hours (Fig. 3.1).  
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3.2.3 Measurement and Analysis 

The voltage of the MFC was recorded every two minutes by a digital voltage meter (2700, Keithley 

Instruments Inc., Cleveland, OH, USA). The polarization curves were generated from data 

collected from a potentiostat (600+, Gamry, Warminster, PA, USA) operating at a 0.5 mV s−1 scan 

rate. Chemical oxygen demand (COD) was measured using colorimetric methods (HACH Co., 

Ltd., USA). The ion concentrations were measured using ion chromatography (Thermo Fisher 

 

Figure 3.1 Schematic of the coupled FO-MFC system with 6-hour FO operation and 18-hour MFC 

operation. Ammonia recovery was conducted via air stripping using a 1 M absorption solution. 

 

Scientific Dionex Integrion HPIC, Madison, WI, USA). The electrical conductivity was measured 

using a conductivity meter (Mettler-Toledo, Columbus, OH, USA). The pH was measured using a 

bench pH meter (Oakton Instruments, Vernon Hills, IL, USA). To monitor the change in water 

volume during the FO operation, the mass of the feed solution was measured by a digital balance 
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(Scout Pro, Ohaus, Columbia, MD, USA) and recorded onto LoggerPro data collection software. 

Water flux (Jw, L m-2 h-1 or LMH) was calculated according to Eq. (1): 

𝐽𝑤 =
∆𝑚

𝐴×∆𝑡
                  (1) 

where Δm (g) is the change in mass of the feed solution that is converted to liters, A is the effective 

membrane area (m-2) used for water permeation, and Δt is the change in time (h-1). 

The osmotic pressures (π, atm) of the DSs were based on a previous study [185] and the osmotic 

pressure of the feed was estimated based on Eq. (2): 

π = 𝑖𝑀𝑅𝑇                  (2) 

where i is van’t Hoff’s factor, M (mol L-1) is the molar concentration of the solute, R (L atm mol-

1 K-1) is the ideal gas constant, and T (K) is the temperature of the solution. The osmotic pressure 

gradient then was calculated using the difference of the draw and feed solution osmotic pressures 

(πdraw – πfeed). 

The RSF (JS, g m-2 h-1) is determined based on the change in the amount of the draw solute 

in the feed solution at the beginning and end of the FO cycle. The RSF was calculated using Eq. 

(3): 

𝐽𝑆  =
𝐶𝑓𝑉𝑓 − 𝐶𝑖𝑉𝑖

𝐴 × 𝛥𝑡
                 (3) 

where Cf and Ci (g L-1) represent the final and initial concentration of the draw solute, respectively. 

The Vf and Vi (L) variables represent the final and initial volumes of the feed solution. 

The specific reverse solute flux (SRSF, g L-1) is a ratio between the RSF and the water flux and 

can be expressed as Eq. (4). 

𝑆𝑅𝑆𝐹 =
𝐽𝑠

𝐽𝑤
                   (4) 
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The current density was calculated by finding the quotient of the recorded date from the voltage 

digital meter and the area of the cathode electrode. The energy production and consumption 

(Eproduction and Econsumption, kWh) were estimated using Eq. (5) and Eq. (6), respectively, according 

to a previous study [22]. 

𝐸𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑜𝑛 = (∑ 𝐼2𝑅)∆𝑡𝑀𝐹𝐶                      (5) 

𝐸𝑐𝑜𝑛𝑠𝑢𝑚𝑝𝑡𝑖𝑜𝑛 = (𝑃𝐹𝑂,𝑟𝑒𝑐𝑖𝑟𝑐 )∆𝑡𝐹𝑂 + (𝑃𝑀𝐹𝐶,𝑟𝑒𝑐𝑖𝑟𝑐 )∆𝑡𝑀𝐹𝐶                   (6) 

where I (mA) represents the current, R (Ω) represents the resistance, ΔtFO and ΔtFO represent the 

operation time of the FO cell and MFC, respectively, and PFO,recirc and PFO,recirc represent the power 

estimated for recirculation of the solutions in the FO cell and MFC, respectively.  

The normalized energy consumption (NEC, kWh kg-1) [22] was calculated to understand 

the energy consumption used for COD removal, NH4
+ removal and NH4

+ recovery and is expressed 

in Eq. (7). 

𝑁𝐸𝐶 =
𝐸𝑐𝑜𝑛𝑠𝑢𝑚𝑝𝑡𝑖𝑜𝑛−𝐸𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑜𝑛

∆𝐶𝑂𝐷𝑟𝑒𝑚.
 𝑜𝑟 

𝐸𝑐𝑜𝑛𝑠𝑢𝑚𝑝𝑡𝑖𝑜𝑛−𝐸𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑜𝑛

∆𝑁𝐻4
+

𝑟𝑒𝑚.𝑜𝑟 𝑟𝑒𝑐.

             (7) 

where ∆𝐶𝑂𝐷𝑟𝑒𝑚 represents the removed COD and ∆𝑁𝐻4
+

𝑟𝑒𝑚.𝑜𝑟 𝑟𝑒𝑐.
 represents the removed and 

recovered NH4
+ − N during MFC operation. 

The Coulombic efficiency (CE) and Coulombic recovery (CR) were calculated as outlined by 

previous studies [186]. 
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3.3 Results and Discussion 

3.3.1 FO Performance using different DSs 

The NH4HCO3 and NaCl DSs had different osmotic pressure gradients between the feed and the 

draw that produced different FO concentrated feed solutions. The initial to final osmotic pressure 

gradient for the 0.5, 1, and 1.5 M NH4HCO3 DSs were 20.0 ± 0.1 to 13.3 ± 0.6 atm, 38.2 ± 0.6 to 

24.0 ± 0.1 atm, and 52.7 ± 1.0 to 32.9 ± 0.7 atm, respectively (Fig. 3.2A). This decreasing osmotic 

pressure is because of the dilution from water recovered from the feed solution. The decreased DS 

ionic strength also resulted in a lower water flux for the 0.5 M (4.32 to 2.29 LMH), 1.0 M (6.08 to 

3.33 LMH), and 1.5 M (6.56 to 4.32 LMH) NH4HCO3 DSs.  

The same trend is evident for the 0.5, 1.0, and 1.5 M NaCl DS as the osmotic pressure 

gradients decreased from 21.3 ± 0.1 to 15.9 ± 0.2 atm, 45.1 ± 0.3 to 30.7 ± 0.4 atm, and 66.7 ± 0.4 

to 41.8 ± 0.7 atm, respectively. The NaCl DSs achieved a higher water flux at the same molarity 

compared to NH4HCO3. In conjunction with the decreased strength of the DSs, the feed solution’s 

osmotic pressure increases due to RSF (Fig. 3.2B). The concentration changes of NH4
+for the 

NH4HCO3 DSs and Na+ and Cl- for the NaCl DSs suggest that there is ion migration across the 

membrane during FO treatment. The average RSF of NH4
+ (2.31, 3.43, and 3.67 g m-2 h-1), Na+ 

(1.91, 2.89, and 4.01 g m-2 h-1), and Cl- (2.64, 4.89, and 6.90 g m-2 h-1) of each ion increased for 

each increase in DS molarity. Interestingly, RSF of the sodium cations was less than the chloride 

anions for each experiment iteration. As observed by previous studies, it is most likely due to the 

different diffusion rates in conjunction with the negatively charged CTA membrane that repels 

anions such as chloride [187]. Ammonium also has a faster diffusion rate than sodium, as 

evidenced by a higher RSF for the 0.5 and 1.0 M NH4HCO3 FO operations. This is likely due to  
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Figure 3.2 The effects of using different draw solutes for FO treatment. (A) Osmotic pressure 

gradient between the feed and draw (NH4HCO3 and NaCl) solutions before and after FO treatment 

with the initial and final water fluxes. (B) Water flux, reverse salt flux, and specific salt flux for 

individual ions. (C) Water flux and salt concentration changes for 1.0 M NH4HCO3 and 0.68 M 

NaCl DSs. 
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ammonium’s smaller hydrated rates compared to sodium [188], which makes it easier to move 

through the pores of membrane. Forward solute flux of NH4
+due to the concentrating effect may 

have played a role in the lower averaged RSF for the 1.5 M NH4HCO3 DS. Despite the increases 

in water flux and RSF for each iteration of the FO tests, the average SRSF remained in a close 

range for NH4
+ -N (0.68 – 0.82 g L-1), Na+ (0.53 – 0.57 g L-1), and Cl- (0.76 – 0.98 g L-1). This is 

likely due to the balanced exchange of water molecules and ions in order to achieve electrical 

neutrality between the draw and feed solution during FO treatment. Additionally, while the RSF 

was higher when NH4HCO3 was used as a DS, NH4
+  enriches the feed with nutrients unlike the 

NaCl DS. Fig. S1 shows electrical conductivity and pH changes in the feed solution. An 

observation made of the latter is that when NH4HCO3 was the draw solute, the pH increased higher 

(8.26 ± 0.08 vs. 7.97 ± 0.16, 8.24 ± 0.18 vs. 8.01 ± 0.04, 8.25 ± 0.08 vs. 8.19 ± 0.06) than when 

NaCl was the draw solute due to the buffer capacity of HCO3
- ions.  

To effectively compare the FO-MFC systems with different DSs, the NH4HCO3 and NaCl 

based DSs would need to produce as the same final feed volume to use as an anolyte for the MFC. 

The 1.0 M NH4HCO3 DS was selected for the next phase of investigation because it produced a 

feed volume that would replace half of the anolyte for every MFC batch operation. A linear 

regression was used to select a 0.68 M NaCl DS to achieve a comparable final feed volume (~36% 

recovered) as the 1.0 M NH4HCO3 DS (Fig. 3.2C). The water flux decreased at similar rates for 

the NH4HCO3 (6.04 to 3.39 LMH) and NaCl (6.25 to 3.54 LMH) DSs. Even though the initial 

osmotic pressure gradients between the two DSs (NH4HCO3: 38.16 ± 0.60 atm; NaCl: 30.40 ± 

0.38 atm) were different but yielded relatively close final osmotic pressure gradients (NH4HCO3: 

24.02 ± 0.08 atm; NaCl: 21.52.02 ± 0.29 atm). The greater osmotic pressure gradient when using 

1.0 M NH4HCO3 presumably would achieve a higher water flux than the 0.68 M NaCl DS. This 
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expectation is likely not observed because the higher RSF when NH4HCO3 is used causes a faster 

draw dilution and feed concentration than the slower RSF for the NaCl draw solute. The overall 

FO water recovery was statistically insignificant (p>0.05) between the two different DSs. Every 

other DS resulted in significantly different (p<0.05) results except for 1.5 M NH4HCO3 vs. 1.0 M 

NaCl (p=0.73) (Table B.1). The averages for the produced solution characteristics from the feed 

solution not treated with FO, NH4HCO3 draw solute FO pretreatment, and NaCl draw solute FO 

pretreatment are shown in Table 3.1. 

 

Table 3.1 Synthetic wastewater composition before FO treatment and composition of anolyte fed 

in the FO-MFC-A and FO-MFC-B systems. 

Water Parameter 

(unit) 

Synthetic 

Wastewater 
FO-MFC-A FO-MFC-B 

COD (mg/L) 

 

1002 ± 87 1348 ± 85 1443 ± 67 

Electrical 

Conductivity (mS/cm) 

 

7.32 ± 0.10 12.79 ± 0.79 11.67 ± 0.12 

pH 

 

7.52 ± 0.06 8.24 ± 0.18 8.11 ± 0.21 

NH4
+ − N  (mg/L) 

 

439.04 ± 38.94 1191.14 ± 38.34 558.52 ± 5.99  

Na+ (mg/L) 
 

692.06 ± 48.11  1100.88 ± 42.25 1415.13 ± 92.90 

Cl- (mg/L) 

 

482.92 ± 35.58 743.19 ± 39.79 1343.89 ± 96.24 

PO4
3−  (mg/L) 

 

323.12 ± 16.26 492.02 ± 19.76 488.64 ± 24.70 
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3.3.2 Electricity generation in the MFC using FO concentrated anolyte 

Polarization curves showed that partitioning characteristics of the reverse fluxed draw 

solutes affected the maximum power density and internal resistance of the MFC. The two systems 

investigated for energy and nutrient recovery were an FO coupled MFC fed with anolyte FO 

concentrated using 1.0 M NH4HCO3 DS (“FO-MFC-A”) and an FO coupled MFC fed with anolyte 

FO concentrated using 0.68 NaCl DS (“FO-MFC-B”). The FO-MFC-A had a higher maximum 

power density of 0.32 W m-2 compared to the FO-MFC-B maximum power densities of 0.26 W m-

2 (Fig. 3.3). There could be several reasons why the power densities were different for the FO 

concentrated systems. First, the FO-MFC-A (30.6 Ω) and the FO-MFC-B (30.2 Ω) systems had 

lower internal resistance likely due to electrolyte concentration (conductivity) increase because of 

 

Figure 3.3 Polarization Curves for FO-MFC-A and FO-MFC-B systems after 7 batch operation. 
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RSF from the FO pretreatment. Second, the increased organic loading from traditional 24-h MFC 

operation could have promoted microbial performance in the anode. This has been observed in 

other MFC studies when the electrolyte and organic loading increased [189]. In particular to the 

FO-MFC-A having the highest power density, the higher availability of nitrogen as ammonium 

possibly improved microbial growth. The average current densities observed during the 7-batch 

test was higher for the FO-MFC-B system (0.82± 0.07 A m-2) than the FO-MFC-A system (0.73 

± 0.03 A m-2) (Fig. 3.4A). The electrical conductivity of the anolyte and catholyte also reflect in 

the current density for each system with the FO-MFC-B being mostly lower than the FO-MFC-A 

at the end of the batch tests (Fig. 3.4B). In addition, the catholyte electrical conductivity of the FO-

MFC-B increased from 7.35 to 11.17 mS cm-1, while the FO-MFC-A system had less change (8.47 

to 9.64 mS cm-1). No major pH fluctuations were observed for any system (Fig. B.3). This is 

indicative of Na+ ions concentrating after passing through the CEM and NH4
+  leaving the catholyte 

as NH3 gas. This increase appears beneficial at first but likely had adverse effects due to solute 

accumulation in the anolyte towards the end of the batch experiments. The removal and recovery 

of ammonium was then compared to coulombic efficiency and energy consumption to determine 

the nutrient-based benefits.  

3.3.3 Contaminant removal by the MFC 

Comparing the COD removal, Coulombic efficiencies, and Coulombic recoveries of each system 

revealed that the microbial composition can be a major factor to consider when selecting a draw 

solute for FO pretreatment. The average COD removal for the FO-MFC-A and FO-MFC-B 

systems was 24.8 ± 2 % and 35.9 ± 4 %, respectively (Fig. 3.5).  
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Figure 3.4 (A) Current Density for FO-MFC-A and FO-MFC-B systems after 7 batch operation 

and (B) Electrical Conductivity of the anolyte (“(A)”) and catholyte (“(C)”) after each batch. 
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Figure 3.5 Coulombic efficiency, Coulombic recovery, and chemical oxygen demand (COD) 

removal for the FO-MFC-A and FO-MFC-B systems. 

 

The coulombic efficiency of the FO-MFC-A system (32.8 ± 5%) was higher than the FO-

MFC-B system (25.6 ± 4%) despite it having a higher COD removal than the FO-MFC-A system. 

A previous study found that methanogenic bacteria are less inhibited by higher Na+ concentrations 

than higher NH4
+concentrations [190]. This would suggest that while methanogens would also 

consume organics, they would not contribute to energy generation like the electrogenic bacteria. 

The Coulombic recoveries of 10.2 ± 2 % and 11.4 ± 3 % for FO-MFC-A and FO-MFC-B , 

respectively, were similar. The CE being higher than the CR is intrinsic due to the inputs of the 

equations. FO-MFC-A having a higher CE with a similar CR further suggest microbial inhibition 

as pointed out by other researchers [186].  
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The average NH4
+ removal for the FO-MFC-A and FO-MFC-B systems were 47.4 ± 1 %, and 43.3 

± 2 %, respectively (Fig. 3.6). The absolute removal is presented in Figure B.4. The lower removal 

in the FO-MFC-B system is probably due to the higher concentration of Na+ crossing the CEM to 

achieve electroneutrality compared to NH4
+ being the primary cation for the FO-MFC-A system.  

 

 

Figure 3.6 Ammonium removal, ammonium removal rate, and ammonium recovery rate for the 

FO-MFC-A and FO-MFC-B systems. 

 

The FO-MFC-A system had the highest NH4
+ removal (18.6 g NH4

+-N m-3 h-1) and recovery (4.2 

g NH4
+-N m-3 h-1) rate compared to the FO-MFC-B system (removal rate: 8.6 g NH4

+-N m-3 h-1; 



 

55 
 

recovery rate: 1.7 g NH4
+-N m-3 h-1). This high removal may be likely due to both the concentration 

of NH4
+ and the balance of solution charges during MFC operation. This also shows the 

sustainability of ammonium based draw solutes which can be reused to generate DSs like similar 

studies [191] that is not observed for NaCl. 

The total energy consumption, COD NEC, and NH4
+  NEC of the FO-MFC-A and FO-

MFC-B system had divergent results. It is very evident that aeration is the largest energy consumer 

in MFC treatment, which has been reflected in previous studies [192]. The recirculation energy 

consumption was always lower for the coupled systems as well because of FO operating at a lower 

recirculation rate. The coupled systems saw a decrease in energy consumption normalized to the 

removed COD at 2.47 kWh kg COD-1 and 1.73 kWh kg COD-1 for the FO-MFC-A and FO-MFC-

B systems, respectively (Fig. 3.7A). In particular for the FO-MFC-B system, the decreased specific 

energy consumption for COD removal may be because of the microbiome makeup as mentioned 

previously when discussing CE and CR. The NH4
+ removed and recovered NEC data showed 

lower consumption during the FO-MFC-A operation at 2.01 kWh kg-1 NH4
+-N compared to the 

energy consumptions of the FO-MFC-B system (4.33 kWh kg-1 NH4
+-N) (Fig. 3.7B). The lowest 

NEC for ammonium was 8.87 kWh kg-1 NH4
+-N for the FO-MFC-A system and FO-MFC-B (21.5 

kWh kg-1 NH4
+-N) with a significantly higher NEC. This can be attributed to the increased 

concentration of  NH4
+ and migration across the CEM during MFC operation. Higher NH4

+ 

removal also allowed for greater NH4
+ recovery from the high pH catholyte.  
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Figure 3.7 Normalized energy consumption for aeration, FO recirculation, and MFC 

recirculation based on: (A) chemical oxygen demand (COD) removal; and (B) ammonium 

removal and recovery for FO-MFC-A and FO-MFC-B systems.  
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3.3.4 Holistic comparison between two coupled systems   

A pentagon radar chart was generated in order to holistically determine the best performing system 

based on net energy consumption, COD removal rate, NH4
+ removal rate, NH4

+ recovery rate and 

water recovery (Fig. 3.8). Coverage of the chart is being used to show how well the systems are to 

the maximum values or highest performance variable outlined in the figure. The FO-MFC-A and 

FO-MFC-B systems covered 60.4% and 42.5%, respectively, of the total area. 

 

Figure 3.8 A pentagon radar chart for FO-MFC-A and FO-MFC-B systems for energy 

consumption (kWh m-3, min.: 0; max.: 10), COD removal rate (g COD m-3 h-1, min.: 0; max.: 25), 

ammonium removal rate (g NH4
+ − N m-3 h-1, min.: 0; max.: 20), ammonium recovery rate (g 

NH4
+ − N m-3 h-1, min.: 0; max.: 5), and FO water recovery percentages (%, min.: 0; max.: 50). 

 

Energy consumption was relatively the same for FO-MFC-B (4.53 kWh m-3) than FO-

MFC-A (4.57 kWh m-3). The highest COD removal rate of 21.6 g COD m-3 h-1 was observed 



 

58 
 

during the FO-MFC-B operation due most likely to inhibition in the FO-MFC-A system. Water 

recovery at 36% and 37% for the FO-MFC-A and with FO-MFC-B, respectively, are unique only 

for the coupled systems. This is doubly beneficial compared to a standalone MFC as less 

wastewater would need to be treated and recovered water could be recycled for other purposes 

which would decrease water consumption. Despite the FO-MFC-A system covering more area of 

the pentagon chart, further consideration is necessary when reviewing both the highlights and 

challenges so balance between coupled system performance and sustainability to elucidated. For 

example, the FO-MFC-B system was able to achieve higher current density because NaCl is a 

tolerable draw solute for microbes but cannot be regenerated for reuse in FO treatment like 

NH4HCO3. This is important especially in determining solute mitigation strategies to avoid solute 

accumulation [193]. To address this problem, future research should focus on optimizing hydraulic 

connection between FO and MFC since the concentration and draw solute enrichment affect the 

performance. This includes investigating different strength wastewaters and sustainable draw 

solutes. Additionally, the CE and CR data of the two systems revealed a need to perform microbial 

analysis under various operation times may further elucidate when draw solutes are most effective 

for use in FO-MFC coupled systems.  

 

3.4 Conclusions 

This work has explored the performance of FO-MFC coupled systems for two different draw 

solutes and their advantages when treating medium strength wastewater. As the DS molarity 

increases, the water recovered from the feed solution and reverse salt flux will increase. Using FO 

pretreatment will increase the concentration of electrolytes in the anolyte due to the concentrating 
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effect and RSF, and it will increase in the catholyte if an ion exchange membrane is used to allow 

ion migration. The decrease in solution resistance and increase in current density are due to the 

FO-MFC-B system having increased electrical conducted because Na+ remained in solution while 

NH4
+ was recovered via air stripping from the cathode. The microbiome was also affected by the 

different anolyte compositions and resulted in COD removal that did not directly correlate to the 

Coulombic efficiency and recovery. The FO-MFC-A system also showed beneficial performance 

in lower volumetric energy consumption, ammonium removal and recovery rates, and water 

recovery during FO operation. These results have shown that MFC performance can be enhanced 

when using FO pretreatment with nonrecoverable and recoverable draw solutes and that further 

systematic studies should be completed to find synergy between different technologies to improve 

resource recovery. 
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Chapter 4 

 

Recovery of both Volatile Fatty Acids and 

Ammonium from Simulated Wastewater: 

Performance of Membrane Contactor and 

Understanding the Effects of Osmotic 

Distillation 
 
Abstract 

Membrane Contractor (MC) is a separation method that has had growing interest because of its 

recovery performance and comparably lower energy consumption. Herein, a two-stage recovery 

MC system was investigated to recover volatile fatty acids (VFAs) and ammonium from simulated 

wastewater. The MC achieved the total VFA recovery of 77% ± 3%, 82% ± 5%, and 74% ± 8%, 

with 0.1, 0.3, and 0.5 M NaOH permeate solutions, respectively. The 0-M NaOH permeate 

recovered only 38% ± 2% of the VFAs due to the osmotic distillation occurring in the opposite 

direction (permeate to feed) of the VFA transport. Despite the initial pH of the feed solution, 

osmotic distillation was similar when the permeate was maintained at 0.5 M NaOH. The vapor 

pressure changes at each sampling period showed high correlation with the water transported 

(R2=0.958). Ammonium recovery was not significantly different when the pH was maintained 

while increasing the molarity of the H2SO4 permeate, likely due to the high vapor pressure of 

ammonia gas. Multi-criteria decision analysis was used to determine the optimal operation 

conditions for MC operation. The results of this study would encourage further exploration of MC 

technologies for efficient recovery of VFA and ammonium from wastewater. 
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4.1 Introduction 

Anaerobic digestion (AD) is a waste treatment technology capable of recovering energy in the 

form of biogas. Factors that determine the efficacy of the AD process include waste feed source, 

digester temperature, and microbial community composition [194, 195]. Among the key 

compounds of interest in digestate, both volatile fatty acids (VFAs) and ammonia can be separated 

and then recovered with reuse value in the agricultural, textiles and food industries [196, 197]. 

They abundantly co-exist in environments where anaerobic process or fermentation is occurring. 

Ammonia (pKa~9.23) is a reduced nitrogen species of weak base and commonly found in 

wastewater and sludge [198]. VFAs (e.g., acetic (pKa~4.76), propionic (pKa~4.88), and butyric 

(pKa~4.82) acid) are weak acids that are produced during acidogenesis from biological 

degradation of carbohydrates [199]. Despite the robustness of AD, there are many toxins that 

negatively affect the treatment process [200]. For example, a high ammonium concentration can 

significantly alter the carbon-nitrogen ratio which inhabits microbial degradation of long-chained 

carbon molecules to simple carbon structures [201, 202]. This can result in the accumulation of 

VFAs in the digestate and low biogas production because microorganisms cannot properly carry 

out acetogenesis and methanogenesis reactions [203]. However, it also presents an opportunity for 

the digestate to have increased amounts of VFAs and ammonium for subsequent recovery, for 

example using membrane technologies.  

Membrane based technologies such as membrane distillation (MD), electrodialysis (ED) 

and reverse osmosis (RO) have been employed to recover useful resources from wastewater, and 
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factors such as energy consumption, recovery efficiency and efficacy, and technology durability 

are used to assess a technology’s applicability [204]. MD operation requires a temperature gradient 

between a feed solution and a permeate solution which promotes water vapor transport from the 

hot to the cold source [205]. It was reported that nutrients such as ammonia can have a higher flux 

at a higher temperature of 60°C (0.82 ± 0.02 g m−2 h−1) compared to that at a lower temperature of 

20°C (0.26 ± 0.03 g m−2 h−1) during the MD treatment [206]. Typical ED treatment takes advantage 

of an applied voltage to increase the migration of anions and cations across ion exchange member 

towards different compartments, resulting in the concentrated solutions of cations or anions [155]. 

Previous ED studies have reported ammonia recovery efficiency of 95.8-100% [207] and 95% 

recovery for acetic acid [208]. The main challenges that arise with ED and MD approaches are the 

increased inputs of electrical and thermal energy to drive resource recovery. Although RO is 

typically used as a desalination technology, it has also shown potential for ammonia recovery via 

concentration or gas permeation depending on the feed pH [209]. For example, 95% of ammonium 

was concentrated when the solution pH < 9 but 63% of ammonia gas was able to pass the RO 

membrane when pH > 9 [5]. The demand for a high pressure that causes acute fouling however 

would let RO to be less considered for resource recovery compared to other technologies. 

Evolved from MD, membrane contactor (MC) has received a growing interest for resource 

recovery because of its low energy consumption and comparably good recovery efficiency [210]. 

MC has been studied to remove carbon dioxide from air sources [45, 46], and  other compounds 

such as sulfur dioxide [211], alcohols [212], ammonia [213] and VFAs [214] as its applicability 

has become broader. Specifically for ammonia and VFAs, MC works if a pH gradient exists so 

that the gaseous form is released from the feed solution and then absorbed in the aqueous form in 

the permeate solution. For example, the mass flux rate of acetic acid decreased from ~11.03 to 



 

63 
 

~2.45 g m-2 h-1 when the solution pH was adjusted from 3 to 5.45, suggesting the immobility of 

acetic acid in its ionic form at the higher pH level, and the increased acetic acid recovery was 

observed for the increased NaOH absorption solution normality [215]. One factor that has been 

overlooked in many MC studies is water vapor transport via osmotic distillation because of vapor 

pressure difference between the feed and permeate solutions [216]. Recent studies have begun to 

report water flux [217, 218], but the further understanding of the implications that osmotic 

distillation may have on VFA and ammonia recovery is still necessary. Modeling ammonia 

recovery using MC has been pursued in a few studies [219-222], but many of these models lack 

the consideration of how water vapor transport affects recovery of volatile compounds as well as 

economic feasibility of using MC.  

In this study, the effects of permeate composition and pH adjustment on osmotic distillation 

and resource recovery via MC were investigated. We proposed a two-step recovery process using 

a hollow fiber membrane module where switching pH would allow VFAs recovery in a NaOH 

absorption solution and then ammonium recovery in a H2SO4 absorption solution. The operation 

mode used in this study was direct contact, liquid-liquid MC with no temperature gradient between 

the feed and permeate solution, thereby minimizing the temperature influenced water vapor 

transport. The specific objectives of this study included: (1) demonstrating the feasibility of two-

step recovery of VFAs and ammonia; (2) optimizing operation conditions for maximum VFA and 

ammonium recovery; (3) developing a model to predict VFA recovery, ammonium recovery, and 

water movement based on operation conditions; and (4) conducting initial evaluation of economic 

feasibility of recovering VFAs and ammonium using MC.  
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4.2 Materials and Methods 

4.2.1 Membrane Contractor Set Up & Operation 

A hollow fiber membrane module (St. Louis, USA) was used for the membrane contactor 

experiment. The initial volumes of the feed and permeate solutions were equal at 400 mL before 

pH adjustments. The detailed operation conditions are shown in Table 1 that outlines the initial pH 

and solute molarity for the feed and permeate solutions. 

 

Table 4.1 Operation Conditions for MC experiments. The VFA Recovery experiments varied 

permeate molarity (A) and initial feed solution pH (B). The NH4
+ Recovery experiments varied 

initial feed solution pH (A) and varied permeate molarity (B). 

 

 Condition pH (Feed) 

Permeate 

Solution 

(NaOH) 

 Condition pH (Feed) 

Permeate 

Solution 

(H2SO4) 

VFA (i) 3 0.5 M NH4
+ (i) 9 0.5 M 

Recovery 

(A) 
(ii) 3 0.3 M 

Recovery 

(A) 
(ii) 10 0.5 M 

 (iii) 3 0.1 M  (iii) 11 0.5 M 

 (iv) 3 0 M  (iv) 12 0.5 M 

VFA (i) 3 0.5 M NH4
+ (i) 12 0.5 M 

Recovery 

(B) 
(ii) 4 0.5 M 

Recovery 

(B) 
(ii) 12 0.3 M 

 (iii) 5 0.5 M  (iii) 12 0.1 M 

 (iv) 6 0.5 M     

 

The feed solution composed of 2000 mg L-1 acetic acid, 750 mg L-1 propionic acid, 750 mg 

L-1 butyric acid, and 3.68 g L-1 (NH4)2HPO4, and other elements (per liter of DI water): 0.15 g 

NH4Cl, 0.5 g NaCl, 0.015 g MgSO4, 0.02 g CaCl2, 0.1 g NaHCO3. The pH adjustments were made 

with H2SO4 and/or NaOH. The feed and permeate solutions were recirculated through the 
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membrane module at 20 mL min-1. The VFA recovery tests were operated in a batch mode of 24 

hours with sample collection at 0, 3, 6, 12, and 24 h. The ammonium recovery tests were operated 

in a batch mode of 6 hours with samples taken at 0, 1, 2, 3, and 6 h. The membrane was cleaned 

by (i) backwash with DI water, (ii) backwards flushing with acid/ base, (iii) acid/base soak, and 

(iv) forward flushing with DI water. Before VFA separation, an acid solution was used on the feed 

side of the membrane and a base solution was used on the permeate side for membrane cleaning 

step (ii) and (iii). Before ammonium separation, a base solution was used on the feed side of the 

membrane and an acid solution was used on the permeate side for membrane cleaning step (ii) and 

(iii). All tests were performed in triplicate under room temperature (~24 ºC). Schematic of set-up 

is presented in Figure 4.1. 

 

Figure 4.1 Schematic and experimental description for membrane contactor setup. 

 

4.2.2 Measurement and Analysis   
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A digital balance (Scort Pro, Ohous, Columbia, MD, USA) was used to measure the permeate 

solution mass. LoggerPro data collection software was used to record mass of the permeate at 2-

minute intervals. Water flux (Jw, L  h-1) was calculated according to Eq. (1): 

𝐽𝑤 =
∆𝑚

∆𝑡
                    (1) 

where Δm (g) is the change in mass of the feed solution that is converted to liters and Δt is the 

change in time (h-1). 

The VFA and NH4
+ transport and recovery were calculated using Eq. (2-3): 

𝐽𝑆  =
𝐶𝑓𝑉𝑓 − 𝐶𝑖𝑉𝑖

𝛥𝑡
                 (2) 

% =
𝐶𝑓𝑉𝑓 − 𝐶𝑖𝑉𝑖

𝐶𝑖𝑉𝑖
                 (3) 

where Cf and Ci (mmol L-1
 and mg L-1) represent the final and initial concentration, respectively, 

of VFA and NH4
+. The Vf and Vi (L) variables represent the final and initial volumes of the feed 

solution, respectively. 

Specific flux (g L-1) was calculated according to Eq. (4): 

Specific flux = 𝐽𝑆/𝐽𝑤                 (4) 

 

VFAs were analyzed using gas chromatography equipped with a flame ionization detector 

(Focus GC, Thermo Scientific; GC-FID). The ammonium concentration was analyzed using cation 

chromatography equipped with IonPac CS12A (Dionex Easion, Madison, WI, USA). Electrical 

Conductivity (Mettler-Toledo, Columbus, OH, USA) and pH (Oakton Instruments, Vernon Hills, 

IL, USA) were measured using benchtop conductivity and pH meters.  

 

4.2.3 Modeling    
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To understand water permeation during the MC treatment, the vapor pressures of the feed and 

permeate solutions were calculated. Raoult’s Law was used to calculate the theoretical vapor 

pressure (Psolution) of each solution according to Eq. (5-8): 

P𝑠𝑜𝑙𝑢𝑡𝑖𝑜𝑛 = P𝑤𝑎𝑡𝑒𝑟 − ∑ χ
𝑠𝑜𝑙𝑣𝑒𝑛𝑡

𝑃𝑠𝑜𝑙𝑣𝑒𝑛𝑡
𝑜

𝑛

1
 + ∑ χ

𝑠𝑜𝑙𝑣𝑒𝑛𝑡
𝑃𝑠𝑜𝑙𝑣𝑒𝑛𝑡

𝑜
𝑛

1
           (5) 

χ
𝐴

=
𝑛𝐴

𝑛𝐴+𝑛𝐵
                   (6) 

𝐾𝑎 =
[𝐻+][𝑉𝐹𝐴−]

[𝑉𝐹𝐴]
                 (7) 

𝐾𝑏 =
[𝑁𝐻4

+][𝑂𝐻−]

[𝑁𝐻3]
                 (8) 

where Pwater (mmHg) is the vapor pressure of pure water (23.8 mmHg), χ𝐴 is the mole fraction of 

the solvent, 𝑃𝑠𝑜𝑙𝑣𝑒𝑛𝑡
𝑜  (mmHg) is the initial vapor pressure of the solvent, nA and nB represent the 

moles of the solvents and solutes, Ka represents the disassociation constant of the acids to 

determine the state of VFAs based on pH and Kb represents the disassociation constant of the base 

to determine the state of ammonium based on pH in the solution. 

 The vapor pressure gradient between the feed and permeate solution was calculated 

according to Eq. 9: 

∆(𝑃𝑓𝑒𝑒𝑑 − 𝑃𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒) =
(𝑃𝑓𝑒𝑒𝑑−𝑃𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒)

𝑓
−(𝑃𝑓𝑒𝑒𝑑−𝑃𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒)𝑖

2
                                                            (9) 

where Pfeed and Ppermeate (mmHg) are the vapor pressure of the feed and permeate solutions, 

respectively, and the Pf and Pi are the vapor pressure gradients of the final and initial samples, 

respectively. 

 

 

4.3 Results and Discussion 
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4.3.1 VFAs recovery dependence on NaOH and pH 

VFAs were successfully recovered using the MC with NaOH in the permeate solution. In 

details, the recovery of acetic acid was less affected by NaOH and exhibited similar efficiency of 

76 ± 3%, 79 ± 6%, and 70 ± 9% with the 0.1 M, 0.3 M, and 0.5 M of NaOH, respectively (Fig. 

4.2A). The MC achieved more recovery of propionic acid (80 ± 3%, 86 ± 2%, and 80 ± 8%) and 

butyric acid (86 ± 8%, 92 ± 2%, and 89 ± 5%) with three tested NaOH solutions.  

 

Figure 4.2 VFA separation using various NaOH molarities as the permeate while maintaining feed 

pH=3: (A) Feed VFA distribution at each sampling time, (B) water displacement, and (C) total 

VFA recovery. 

 



 

69 
 

The phenomenon that higher recovery of higher-chained VFAs was also reported in the 

previous studies that utilized gas permeable membranes for VFAs separation and recovery [214]. 

In the absence of NaOH in the permeate solution (0 M), the MC recovered 36 ± 2%, 39 ± 2%, and 

45 ± 2% of three different types of VFAs, with a total VFAs recovery efficiency of 38 ± 2% in a 

period of 24 hours. Despite a lack of alkaline solution in the permeate, the highly acidic feed 

(pH=3) should have resulted in some VFAs being able to cross the gas permeable membrane. The 

previous finding that increasing the molarity permeate solutions yield greater recovery across gas 

permeable membrane [215] was not clearly observed in the present study. 

Because of water osmosis, the 0.5 M and 0.3 M NaOH adsorption solutions extracted 

100±5 mL and 60±8 mL of water from the feed solution, respectively (Fig. 4.2B). That is, some 

water was moving in the same direction as VFAs from the feed to the permeate solution. On the 

contrary, when the adsorption solution did not contain NaOH, 30±9 mL of water transported in a 

reverse direction from the permeate to the feed, because the pure water permeate (0 M NaOH) had 

a higher vapor pressure due to the lack of solutes than the feed solution. This reversal water 

movement in the opposite direction of VFAs migration might have created some resistance to 

VFAs migration and contributed to the significantly lower VFAs recovery (38 ± 2%) (p<0.05) than 

that with the 0.1, 0.3, and 0.5 M NaOH (77 ± 3%, 82 ± 5%, and 74 ± 8%) (Fig. 4.2C).  

To further understand the effects of osmotic distillation, the permeate solution containing 

0.5 M NaOH was maintained while the pH of the feed solution was adjusted from 3 to 6. After the 

MC treatment, the total VFAs concentration in the feed was 5.30 mM, 15.36 mM, 40.91 mM, and 

53.14 mM, at the pH of 3, 4, 5, and 6, respectively (Fig. 4.3A). A higher VFAs concentration at a 

higher feed pH was because of VFAs being more ionized at the higher pH level and thus rejected 

by the gas permeable membrane. Interestingly, these results occurred under relatively high water 
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transport compared to the tests where the pH was maintained and the permeate solution molarity 

was adjusted. The water displaced increased from 91.5 ± 2.9 mL (pH=6) to 101.8 ± 0.9 mL (pH=5), 

103.5 ± 1.7 mL (pH=3), or 110.8 ± 9.8 mL (pH=4) (Fig. 4.3B). The total VFAs recovered was 

significantly lower at pH=5 (28 ± 4%) or pH=6 (16 ± 2%) because of the solution pH exceeding 

the pKa for each VFA (Fig. 3C). The pH and EC of the feed and permeate solutions had little effect 

on the VFA recovery (Fig. C.2 and C.3). 

 

Figure 4.3 VFA separation using various initial feed pH levels while maintaining 0.5 M NaOH 

permeate: (A) Feed VFA distribution at each sampling time, (B) water displacement, and (C) total 

VFA recovery. 
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Specific VFAs flux corroborated the observation that VFAs transport is a separate 

phenomenon from osmotic distillation. When the permeate solution was maintained at 0.5 M 

NaOH, the water flux decreased from 5.26 mL h-1 at 3 h to 3.65 mL h-1 after 24 h of the MC 

treatment (Fig. 4.4). The test under the condition of 0.1 M NaOH and pH=3 showed that VFAs  

 

Figure 4.4 Water transport and specific VFA flux for MC operation modes. 

 

could transport across the membrane despite water movement. The vapor pressure difference due 

to different compositions of the feed and permeate solutions was more likely the driving force for 

water transport. In the presence of individual VFAs, the water transport showed high correlation 

(R2=0.958) to the vapor pressure gradient (Fig. 4.5). As the theoretically calculated vapor pressure 

increased, more water moved from the feed to the permeate. Reverse water transport was observed 

when the vapor pressure of the permeate was higher than that of the feed (pH=3, pure water 

permeate). A small range (0.126-0.173 mmHg) of vapor pressure gradient difference with an 
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average of 0.154 ± 0.015 mmHg was determined for the operation modes using 0.5 M NaOH as a 

permeate, because the amount of VFAs in the gaseous state did not alter the solutions vapor 

pressure compared to the amount of base that did significantly decrease the permeates vapor 

pressure. 

 

Figure 4.5 Water transport during each sampling period for each iteration of the MC separation of 

VFAs. 

 

4.3.2 Ammonium recovery dependence on H2SO4 and pH 

Ammonium recovery was mainly dependent on the initial pH of the feed solution instead of the 

H2SO4 molarity of the permeate (adsorption solution). The water displaced also had direct 

correlation to the permeate solution. As the H2SO4 molarity in the permeate increased from 0.1 to 

0.5 M, the water displaced from the feed to the permeate increased from 19.1 ± 6.4 to 54.2 ± 8.1 
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mL (Fig. 4.6A). Similar to the VFA recovery, the displaced water was due to osmotic distillation 

based on the vapor pressure gradient between the feed and the permeate. Ammonium recovery 

efficiencies of 63.9 ± 6 % (0.1 M of H2SO4), 69.7 ± 1 % (0.3 M), and 73.3 ± 18 % (0.5 M) were 

obtained in the first hour of MC separation (Fig. 4.6B), benefited from the high vapor pressure of 

NH3 gas when the pH of the feed solution was adjusted to 12 using NaOH.  

 

After 6 hours of the MC operation, the recovered ammonium using 0.1 M, 0.3 M and 0.5 

M H2SO4 permeate solutions was 71.1 ± 6 %, 74.9 ± 2 %, and 81.0 ± 7 %, respectively. The 

difference of recovery efficiency between 1-hour and 6-hour operation suggested that most of 

recovery occurred in a relatively short period of time and thus the extended MC operation might 

not be necessary (which would help decrease the operation related expense). Indeed, less than 10% 

of the recovered ammonium was obtained in the last 5 hours of the treatment time. Changes in pH 

for feed pH=9-10 explain the decrease in recovery (Fig. C.4). Additionally, less water was 

displaced with the lower molarity permeate solutions, suggesting that the vapor pressure gradient 

was lower than the higher molarity permeate solution tests. Water displacement increased as the 

feed pH was adjusted from 9 to 12 due to the increased vapor pressure gradient. Only 25.4 ± 1.9 

mL of the feed water transported into the permeate at the feed pH of 9, much lower than 54.6 ± 

7.5 mL at the pH=12, related to the NH4
+/NH3 ratio (Fig. 4.7A): the solution having more NH4

+ 

present at lower pH levels would lower the vapor pressure and thus result in less water transport; 

in contrast, higher pH levels mean more NH3 is present which increases the vapor pressure 

resulting in a greater vapor pressure gradient and more water transport. The pH and EC of the feed 

and permeate also adjusted as ammonium moved across the membrane (Fig. C.5). Ammonium 

recovery obtained after 6 hours of operation was 29.7 ± 7%,  
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Figure 4.6 Ammonium separation using different H2SO4 solutions as the permeate while 

maintaining initial feed pH=12: (A) water displacement and (B) NH4
+ concentration and recovered 

amount in the permeate. 
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63.1 ± 4%, 70.2 ± 3%, and 81.0 ± 7 %, at pH=9, 10, 11 and 12, respectively. Clearly, a higher 

permeate pH could drive more NH3 to transport across the gas permeable membrane. Compared 

to the H2SO4 permeate solution tests, ammonium recovered went from 16.6 ± 4 % to 29.7 ± 7 %  

 

Figure 4.7 Ammonium separation using different initial feed pH levels while maintaining 0.5 M 

H2SO4 permeates: (A) water displacement and (B) NH4
+ concentration and recovered amount in 

the permeate. 



 

76 
 

(pH=9) and 43.6 ± 7 % to 63.1 ± 4 % (pH=10) from the first to last hour, respectively. Higher 

recovery was observed initially for pH=11 and pH=12, indicating that less time is necessary for 

ammonium recovery at higher pH levels despite the molarity of the permeate solution. Additional 

benefits of less acid usage and less energy demand could be beneficial to the overall MC recovery 

process. 

The specific flux of ammonium between the tests where the permeate solution was 

maintained (0.5 M H2SO4) decreased from 59.9 g NH4
+-N L-1 at pH=11 to 16.4 g NH4

+-N L-1 at 

pH=9. When the pH of the feed was maintained at pH=12, the specific flux of ammonium trended 

downward with an increase in permeate solution molarity. The highest specific ammonium fluxes  

 

Figure 4.8 Water transport and specific NH4
+ flux for MC operation modes. 
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were 59.9 g NH4
+-N L-1 (0.5 M H2SO4 and feed pH=11), 52.7 g NH4

+-N L-1 (permeate: 0.1 M 

H2SO4 and feed pH=12), and 47.7 g NH4
+-N L-1 (permeate: 0.5 M H2SO4 and feed pH=10) (Fig. 

4.8).  

An evident trend was not observed based on pH or molarity. A point to highlight however 

is that similar recovery at the different starting feed pH levels may suggest that adjusting to the 

highest pH or generating a higher molarity permeate might not be necessary. This would decrease 

the need for dilution of the permeate and cost for operation. In addition, the water transport rate 

for the conditions when the feed pH=12 for the 0.1 M, 0.3, and 0.5 M permeate solutions increased 

from 5.07 ± 3.4 to 6.30 ± 3.6 mL h-1, 8.97 ± 3.2 to 13.00 ± 3.5 mL h-1 , and 10.13 ± 3.4 to 12.83 ± 

1.5 mL h-1 , respectively, from the first hour to the second hour of the MC operation. This is likely 

due to the decrease of the permeate vapor pressure after the rapid recovery of ammonium. A similar 

transport rate trend (4.27 ± 3.9 mL h-1
 to 6.23 ± 4.8 mL h-1) was observed when the permeate was 

0.5 M H2SO4 and the pH=11 in the feed. In the case where the ammonium recovery happened 

more slowly due to a lower NH4
+/NH3 ratio (pH=9 and 10) at pH levels closer to pKa=9.23, lower 

water transport was observed. However, higher water recovery occurred when the feed pH=10 

compared to feed pH=9 that did not yield greater ammonium transport, suggesting that the pH of 

the solution had a greater effect than osmotic distillation. This ultimately means that each operating 

conditions optimal recovery requires less time because of NH3 having a high vapor pressure at 

higher pH levels. 

 

4.3.3 Economic Factors and Decision Analysis 

Economic feasibility of the proposed two-stage recovery system should be considered 

when determining optimal operating conditions. The cost of each operation condition is related to 
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the amount of acid (H2SO4) and base (NaOH) necessary to adjust the pH of both feed sand 

permeate solutions (Table C.1). The cost increased as the feed pH decreased in the VFA recovery 

mode or the feed pH increased in the NH4
+ recovery mode, as well as for increasing molarity 

permeate solutions. The cost of each combination of VFA and NH4
+ recovery was then compared 

to the recovery percentages observed during the MC experiments (Fig. 4.9). The recovery of 

ammonium had the lowest Quartile range (66.5%-78.0%) for variables that would determine 

operation conditions. The VFA recovery ranged from the 1st Quartile to the 2nd Quartile is 35.9% 

to 74.8%, respectively, suggesting that operational decisions are more important to the MC 

efficacy separation for VFA recovery compared to ammonium recovery. The use of acid and base 

for pH change and permeate generation also showed a wide range from $0.27 to $1.19 for the 

various configuration of VFA and ammonium recovery that were possible based on combining 

operation modes. The balance between VFA recovery, ammonium recovery, and cost are not well 

explained by the variability to understand which operation modes would be most favorable. 

Additional analysis is warranted to identify optimal conditions based on economic feasibility and 

resource recovery efficacy.  

Multi-criteria decision analysis was used to determine the optimal operating conditions 

based on VFA recovery, ammonium recovery and cost of operation. The 42 number of possible 

combinations were evaluated using 4 variables (v1=Cost, v2=VFA recovery, v3=NH4
+ recovery 

v4=VFA/NH4
+ ratio) for 4 situations (S1- equal variable weight, S2- cost variable heavily 

considered S3- cost variable mildly considered , S4- cost variable lowly considered). The different 

situations were able to evaluate the cases where recovery performance and cost were of equal 

importance, as well as a range of importance of either variable. After compiling the operation  
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Figure 4.9 VFA and NH4
+ recovered for every experiment iteration and cost based to generate 

either the NaOH or H2SO4 and adjust the feed pH. 

 

combinations, multiple combinations were favorable in more than 1 situation due to high rankings 

after applying variable weights (Table 4.2). The only combination recovery steps that made it into 

the top of the analysis of the 4 situations was NH4
+ (pH=12, 0.1 M H2SO4; pH=3, 0.1 M NaOH). 

This is due mainly to the low cost necessary to generate the permeate solutions in both VFA and 

NH4
+ recovery modes. Situation 2 is the only situation where a different operation mode was 

favored because of a lack of a NaOH permeate solution. Overly considering cost however may not 

be a strong evaluation due to such low consideration of performance. While not considered in the 

multi-criteria decision analysis, limiting the dilution of the permeate due to osmotic distillation  
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Table 4.2 Multiple Criteria Decision Analysis for 4 Situations (S) with 4 decision variables (v) 

normalized between 0 and 1. S1- Equal variable weight, S2- Cost variable heavily considered S3- 

Cost variable mildly considered , S4- Cost variable lowly considered. v1=Cost, v2=VFA recovery, 

v3=NH4
+ recovery v4=VFA/ NH4

+ ratio 

 

would allow for a more concentrated source of each resource. To determine if there are any 

advantages of recovering VFA or NH4
+ first, additional MC separation tests were completed. 

The recovery of acetic acid (1st: 71 ± 4% vs. 2nd: 70 ± 4%), propionic acid (1st: 77 ± 4% vs. 

2nd: 76 ± 3%) and butyric acid (1st: 81 ± 3% vs. 2nd: 81 ± 3%) was the similar regardless of the 

recovery order and minimal loss (Fig. 4.10). The NH4
+ recovered was higher at 81 ± 7 % as the 

second step compared to 73 ± 3% as the first step based on the amount of ammonium available. 

However, the absolute amount revealed that NH4
+ lost was lower when it was recovered first. This 

suggests that the 1-hour recovery of A should take place initially before the 24-hour VFA recovery. 
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Figure 4.10 VFA and NH4
+ recovered in two phases for both altering which compound was 

recovered first. 

 

4.3.4 Perspectives 

Utilizing MC for recovery of volatile fatty acids and ammonium is potentially a promising method 

because of the decreased energy demand compared to MD. Challenges around recovery time, 

operational cost, and performance decline due to fouling would need to be addressed to improve 

the technologies implementation. First, VFAs in their gaseous state have a much lower vapor 

pressure than ammonia which results in a long recovery time that is over 24 times slower. This 

could be solved through design where MC retention time for VFA recovery is greater than that for 

ammonia. Absorption of VFAs utilizing amine-functional groups has shown to have recovery 

times less than 280 minutes [223] and could potentially be applied in membrane fabrication to 
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increase recovery rate during MC operation. Second, the use of acids and bases can increase the 

cost of the operation for both VFA and ammonium recovery. Addressing this issue is highly 

necessary to increase the economic feasibility of MC separation. Producing acid and based using 

electrolysis has shown to be an effective approach for recovery of many resources from wastewater 

[224] but would increase the energy intensiveness. Using renewable energy such as solar energy 

that is becoming more popular in wastewater treatment plants may help address the energy need 

by electrolysis that provides onsite acid/base production. Third, membrane fouling is an inevitable 

issue. Because the two-stage recovery MC process requires acidification and alkalization of the 

wastewater, the effects of membrane fouling might be decreased during operation changes [225]. 

Understanding long term effects of VFA and ammonium recovery could help increase the financial 

feasibility inclusive of membrane requirements. For instance, using less acid and base to achieve 

recovery with less osmotic distillation could increase the chances of biological fouling in 

membrane pores [226]. This could be averted using different membrane fabrication and 

modification techniques that has been explored in membrane fouling literature. 

 

4.4 Conclusions 

This study has demonstrated a two-stage MC system for effective recovery of both VFAs and 

ammonium. The VFAs were recovered from the feed solution most effectively when the pH was 

less than the pKas of the VFAs. Recovery of VFAs was hindered in cases when the vapor pressure 

of the permeate solution was higher than the feed solution. A correlation was observed between 

the vapor pressure difference and water transport across the hollow fiber membrane. Ammonium 

recovery occurred much faster than VFA recovery due to its higher vapor pressure. Multi-criteria 

decision analysis also identified the most optimal operating conditions when considering the cost 
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and recovery performance of each operating condition. Future research should seek to address the 

challenges about VFA/NH4
+ recovery coordination, operation costs, performance prediction, and 

membrane fouling due to long term operation. 
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Chapter 5 

 

Integrating Membrane Contactor into 

Microbial Fuel Cell Treatment for Energy 

Reduced Ammonium Recovery and 

Optimized System Performance 
Abstract 

Microbial fuel cell (MFC) technology is an innovative technology capable of recovering energy 

and nutrients from wastewater. However, aeration necessary for MFC treatment is energy 

demanding. This study seeks to understand how the incorporation of membrane contactor (MC) 

into a MFC can lower energy requirements and increase recovery of ammonium from the catholyte 

stream. Three phases were used to determine the optimal operation condition based on system 

configuration, aeration supplied, and strength of the absorption solution. The maximum power 

density for the first three system configurations was found to be 0.192 W m-2 (MFC), 0.172 W m-

2 (MFC+MCC), and 0.163 W m-2 (MFC+MCU). The decrease in power density and concurrent 

increase in internal resistance is likely due to the increased ammonium removal. Both MFC+MC 

systems recovered 1.4x and 2.4x more ammonium than the sole MFC (air stripping only) with MC 

being responsible for 96% of the ammonium recovered. Decreasing the aeration resulted in lower 

electrical performance of the MFC. The highest aeration operation mode also had the highest 

ammonium removal rate (9.50 ± 0.3 kg m-3 h-1). Low aeration resulted in lower ammonium 

removal (6.27 ± 1.5 kg m-3 h-1) and accumulation of ammonium in the anode that likely caused 

decreased MFC energy generation. Overall energy consumption, normalized energy consumption 
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(NEC) ratio with COD removal, and NEC ratio in ratio with ammonium removed/recovered was 

used to evaluate the systems between the three phases of experiments. These results have shown 

that MC is an efficient non energy intensive approach to recovery ammonium and decrease energy 

consumed by a coupled MFC. 

 

Keywords: Microbial fuel cell, membrane contactor, ammonium recovery, coupled system, 

wastewater treatment 

 

5.1 Introduction 

Bioelectrochemical systems (BES) have been explored as robust technologies to treat various types 

of wastewater [227]. One of the most common and sustainable configurations of BES are microbial 

fuel cells (MFC). MFCs function when electrogenic bacteria oxidize organic matter to carbon 

dioxide at the anode electrode [228, 229]. Electrons are then released and flow to the cathode 

electrode and reduce dissolved oxygen to water. MFCs can operate as single chamber or multi-

chamber systems [230, 231]. In dual chamber systems, MFC chamber can be separated by a cation 

exchange membrane (CEM) for the added separation of cations (e.g., ammonium) [18, 232]. 

Removal of ammonium is pivotal for decreasing environmental impacts of algae blooms and 

eutrophication that occur due to nutrient overloading [233]. Focusing on ammonium recovery 

could also help reduce various industries’ nitrogen footprint. 

A major limitation in MFC technology is the high energy demand necessary to aerate the 

cathode chamber [234, 235]. Previous studies have shown that greater than 50% of the energy 

consumed during BES treatment is due to aeration [192]. Intermittent aeration has also been 
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considered to reduce energy consumption [236, 237]. The disadvantage of aeration can also be 

advantageous for ammonium recovery since ammonia can be air stripped if the pH is greater than 

9.23 to convert ammonium to gaseous ammonia [238]. Air stripping (AS) is a common approach 

to removal of ammonium from the cathode of BES [239-241]. Other approaches for ammonium 

removal have been applied to MFC technology as well. Techniques including biological nitrogen 

removal have achieved 151 g NH4
+-N m-3 day-1 during MFC-MEC treatment [242]. Chemical 

precipitation to struvite has been shown to be effective at ammonium removal when treating urine 

[243]. These techniques however require system specificity that may not be achievable based on a 

variety of conditions. Overall, decreasing the energy required to recover ammonium from 

wastewater needs to be considered to make MFC treatment more sustainable. 

Membrane contactor (MC) is a membrane approach to removal of gases (e.g., NH3, N2, 

CO2, CO, and O2) from both liquid and gas waste streams [244]. A gas permeable membrane is 

used to separate the feed and permeate solution, which allows free flow of gas compounds with 

rejecting liquids and solids from transporting. MC technology was originally developed for CO2 

removal [45, 46]. One study achieved 7.68 mol m-2 s-1 absorption flux of CO2 using polyvinylidene 

fluoride (PVDF) membrane [245]. This separation approach has recently been developed for 

removal of other compounds such as alcohols, sulfur dioxide, volatile fatty acids, and ammonia 

[246, 247]. Weak acids and bases are good candidates for MC separation due to disassociation 

characteristics. In particular, ammonium has a relatively low disassociation constant (Kb =1.8 x 

10-5) and can convert to a gas in alkaline environments. Ammonia also has a high vapor pressure 

that allows its transfer from aqueous environments to occur faster than other gases. Gaseous 

ammonia can then be converted to ammonium after being extracted from wastewater. 



 

87 
 

In this study, we aim to evaluate MC are a more energy efficient method of ammonium 

recovery from an MFC. AS and MC will be compared as ammonium recovery methods. The 

specific objectives of this study are (1) explore the benefits of system configuration incorporating 

MC, (2) determine the effects of aeration on MFC performance and ammonium distribution in the 

coupled system, and (3) elucidate the effects of the absorption solution on recovering ammonium. 

The comparison analysis will consider electrical performance, energy consumption, ammonium 

removal and recovery rates of the various system configurations. This study will provide insight 

on ways to optimize ammonium removal and recovery while decreasing energy demand of the 

coupled MFC-MC system. 

 

5.2 Materials and Methods 

5.2.1 Microbial Fuel Cell Setup and Operation 

 A flat plate design was used to construct the MFC used in this study. The MFC anode 

chamber and a cathode chamber (450 mL/each) were separated by a cation exchange membrane 

(CEM, CMI-7000, Membrane International Inc., Glen Rock, NJ, USA) with an effective area of 

130 cm2. A carbon brush was used as the anode electrode. It was pretreated with acetone and then 

put into 450°C oven for 60 minutes. The anode chamber was inoculated with the sludge from a 

wastewater treatment plant (St. Louis, MO, USA). A solution made up of 2 g of sodium acetate 

was fed into the anode until stable performance was observed by the MFC. The cathode electrode 

(100 cm2) was a stainless steel mesh wrapping carbon cloth secured by titanium wire. The carbon 

cloth (Zoltek Companies, Inc., MO, USA) was coated with the powder activated carbon (4 mg cm-

2). The activated carbon served as the catalyst for reduction of the dissolved oxygen. The catholyte 
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(cathode solution) was a phosphate buffer solution (PBS) contained (per liter of DI water) 0.54 g 

K2HPO4 and 0.27 g KH2PO4 to maintain a pH of ~7.0. An air diffuser was used to supply oxygen 

to the cathode chamber. The anolyte and the catholyte were circulated at a rate of 30 mL min-1. 

The anode and cathode electrodes were connected through a 10-Ω external resistance to generate 

a high current for driving migration of ammonium ions from the anode into the cathode. Daily 

samples were collected from the MFC chamber solutions and the sulfuric acid solution. Half of 

the anolyte was replaced daily (HRT=2 days).  

5.2.2 Membrane Contactor Set Up and Coupled System Operation 

A two-chamber MC cell (9 cm x 8 cm x 3 cm) was constructed for ammonium recovery from the 

catholyte of the MFC. The feed and permeate chamber had the capacity to hold 50 mL of solution. 

The MC cell utilized gas permeable membrane (GE Healthcare Hybond™ PVDF flat sheet 

membranes, Chicago, IL, USA) with a pore size of 0.45 μm in direct contact mode. The MC cell 

had an effective membrane area of 30 cm2 (6 cm x 5 cm). The MC solutions were recirculated in 

tandem with the MFC at 30 mL min-1.  

This study was completed in three phases. Phase I explored 3 configurations: (1) sole MFC 

treatment with AS as the only ammonia recovery method, (2) MFC coupled with MC with MC 

separated/air stripped ammonium collected in the same solution (MFC+MCC), and (3) MFC 

coupled with MC with MC separated ammonium and air stripped ammonium collected in separate 

absorption solutions (MFC+MCU). The effluent of the MFC cathode chamber was connected to 

the MC cell when MC was employed. AS was employed at the cathode reservoir. A 1.0 M H2SO4 

solution was used to capture the ammonia as (NH4)2SO4. Phase II explored the effect of aeration 

on the removal and recovery of ammonia using configuration (3) from Phase I. The MFC was 
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operated with low (1.5 L min-1), medium (3 L min-1), and high (4.5 L min-1) rates of aeration 

supplied to the cathode chamber. Phase III explored the effect of absorption solution molarity on 

the removal and recovery of ammonia using configuration (3) from Phase I. A 0 M, 0.1 M, and 1 

M H2SO4 were used to absorb ammonium via MC separation and AS. The feed solution fed into 

the MFC contained (per liter of DI water): 0.15 g NH4Cl, 0.5 g NaCl, 0.015 g MgSO4, 0.02 g 

CaCl2, 0.1 g NaHCO3, 1.07 g K2HPO4, 0.53 g KH2PO4, and 1 mL of trace elements. In addition, 

1.29 g sodium acetate (~1,000 mg COD L-1) and 1.76 g NH4HCO3 (~ 400 mg NH4
+-N L-1). The 

MC gas permeable membrane was replaced between each iteration of the experiment stages. All 

tests were performed at room temperature (~24ºC) and in batch mode. 

5.2.3 Measurement and Analysis 

The voltage of the MFC was recorded every thirty seconds by a digital voltage meter (2700, 

Keithley Instruments Inc., Cleveland, OH, USA). The polarization curves were generated from 

data collected by a potentiostat (600+, Gamry, Warminster, PA, USA) operating at a 0.5 mV s−1 

scan rate. The ion concentrations were measured using ion chromatography (Thermo Fisher 

Scientific Dionex Integrion HPIC, Madison, WI, USA). Chemical oxygen demand (COD) was 

measured using colorimetric methods (HACH Co., Ltd., USA). The pH was measured using a 

bench pH meter (Oakton Instruments, Vernon Hills, IL, USA). The electrical conductivity was 

measured using a bench top conductivity meter (Mettler-Toledo, Columbus, OH, USA). 

The current density was calculated by finding the quotient of the recorded date from the voltage 

digital meter and the area of the cathode electrode. The energy production and consumption 

(Eproduction and Econsumption, kWh) were estimated using Eq. (1) and Eq. (2), respectively, according 

to a previous study [22]. 
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𝐸𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑜𝑛 = (∑ 𝐼2𝑅)∆𝑡𝑀𝐹𝐶                      (1) 

𝐸𝑐𝑜𝑛𝑠𝑢𝑚𝑝𝑡𝑖𝑜𝑛 = (𝑃𝑀𝐶,𝑟𝑒𝑐𝑖𝑟𝑐 )∆𝑡𝑀𝐶 + (𝑃𝑀𝐹𝐶,𝑟𝑒𝑐𝑖𝑟𝑐 )∆𝑡𝑀𝐹𝐶 + 𝑃𝐴𝑒𝑟𝑎𝑡𝑖𝑜𝑛           (2) 

where I (mA) represents the current, R (Ω) represents the resistance, ΔtMFC represents the operation 

time for the MFC, Paeration represents the power estimation for aeration and PMFC represent the 

power estimated for recirculation of the solutions in the MFC, respectively. The Precirculation and 

Paeration were calculated  using Eq. (3) and (4), respectively:  

𝑃𝑟𝑒𝑐𝑖𝑟𝑐𝑢𝑙𝑎𝑡𝑖𝑜𝑛 =
𝑄𝑠𝛾𝐻

1000
                 (3) 

𝑃𝑎𝑒𝑟𝑎𝑡𝑖𝑜𝑛 =
𝑋1𝜆𝑇

982800×Ϛ×(𝜆−1)×𝜌0
× ((

𝑋2

𝑋1
)

1−(
1

𝜆
)

− 1)                        (4) 

Where QS (m3 s-1) represents the solution flow rate; γ is the specific weight of water (9800 N m-3); 

H (m) represents the hydraulic pressure head; and X1 and X2 represent the standard atmospheric 

pressure (101,325 Pa) and blower inlet pressure (Pa), respectively; T is air temperature (294 K); Ϛ 

is blower efficiency (0.8); λ is aerator constant (1.4); and ρ0 is air density in standard conditions 

(1.29 kg m-3). 

The energy consumption was calculated as a ratio of the total power and flow rate. The normalized 

energy consumption (NEC, kWh kg-1) [22] was calculated to understand the energy consumption 

used for COD removal, NH4
+ removal and NH4

+ recovery and is expressed in Eq. (5). 

𝑁𝐸𝐶 =
𝐸𝑐𝑜𝑛𝑠𝑢𝑚𝑝𝑡𝑖𝑜𝑛−𝐸𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑜𝑛

∆𝐶𝑂𝐷𝑟𝑒𝑚.
 𝑜𝑟 

𝐸𝑐𝑜𝑛𝑠𝑢𝑚𝑝𝑡𝑖𝑜𝑛−𝐸𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑜𝑛

∆𝑁𝐻4
+

 𝑟𝑒𝑚.  𝑜𝑟 𝑟𝑒𝑐.

             (5) 

Where ∆CODrem represents the removed COD and ∆NH4
+ rem/rec  represents the removed and 

recovered ammonium. 
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5.3 Results and Discussion 

5.3.1 Effects of incorporating membrane contactor into microbial fuel cell 

treatment 

Electrical performance was affected by the configuration of the MFC and MC. Since the membrane 

used for MC separation is gas permeable, it is expected that oxygen loss across the membrane 

could have some adverse effects on MFC performance and ammonium recovery. The MFC was 

able to achieve a maximum power density of 0.192 W m-2 after reaching stable performance (Fig. 

5.1). The MFC+MCC and MFC+MCU had slightly lower maximum power densities of 0.172 W m-

2 and 0.163 W m-2, respectively. The internal resistance also increased between the MFC, 

MFC+MCC, and MFC+MCU set ups and reached 39.7 Ω,42.5 Ω, and 52.0 Ω, respectively, in the 

systems. In addition to the loss of oxygen as an electron acceptor, decreases of ammonium as an 

electrolyte likely caused an increase in the resistance [248]. This is plausible considering the 

coupled systems achieved greater ammonium recovery than the MFC without MC separation (Fig. 

5.1A). The highest recovery of 437.5 mg L-1 in the absorption solution was achieved by the  

MFC+MCU system. The MFC+MCC 311.2 mg L-1 had lower recovery likely due to adverse effects 

of aeration in the absorption solution from air stripped ammonium. The sole MFC 129.6 mg L-1 

had lower recovery due to inefficiency from AS. Interestingly, the MFC was able to achieve only 

61 ± 8 % ammonium removal from the anode chamber while the MFC+MCC and MFC+MCU 

achieved 78 ± 9 %  and 74 ± 10%, respectively (Fig. 5.2B). When the AS and MC ammonium 

were analyzed, it was shown that MC recovered 96% of the total ammonium. This highly shows 

that MC is the favorable method for ammonium recovery compared to AS.  
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Figure 5.1 Internal resistance and maximum power density of MFC, MFC-MCU and MFC-MCC 

systems. 

 

5.3.2 Effects of aeration on ammonium recovery 

The catholyte is typically saturated with dissolved oxygen. In order to determine the effects of 

aeration on MC separation, different aeration rates were investigated for MFC+MC coupled 

system performance. As the rates were decreased from 4.5 to 3 to 1.5 L min-1 the maximum current  
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Figure 5.2. (A) Total recovered ammonium and (B) ammonium removed from the anode 

chamber with recovery method percentages (AS: air stripping; MC: membrane contactor ) for 

MFC, MFC-MCU and MFC-MCC systems.  

 

density decreased from 520.6 ± 34.7 to 507.4 ± 26.9 to 448.0 ± 39.3 mA m-2 , respectively (Fig. 

5.3A). This decrease is likely a result of oxygen available for reduction at the cathode [249]. The 

effect this had on the distribution of ammonium throughout the MFC+MCU system were 

considered and compared to the ammonium removed from the anode chamber. Ammonium 

collected were in the absorption solution were not significantly different (p>0.05), but the medium 
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aeration mode recovered the greater amount of ammonium (840.2 mg L-1) (Fig. 5.3B). The amount 

of ammonium that was recovered via AS also decreased which is likely due to less stripping ability 

due to low aeration. The removal rate from the anode decreased (9.50 ± 0.29 kg m-3 h-1 to 6.27 ± 

1.54 kg m-3 h-1) as the aeration was decreased. The amount of ammonium that is transported across 

the CEM is directly connected to the decrease in electrical performance [191]. Concurrently, the 

ammonium accumulated  in the anode likely had adverse effects on electroactive microbes [250]. 

 

5.3.3 Effects of MC absorption solution on ammonium recovery 

The absorption solution strength was considered to observe whether higher concentrations promote 

more ammonium removal and recovery. The current density increased to 585.2 ± 21 mA m-2 when 

the 0.1 M H2SO4 was used compared to the 1.0 M H2SO4 (520.6 ± 34.7 mA m-2) absorption solution 

(Fig.5.4A). This increase could likely be due to optimized condition between the MFC and MC 

for ammonia removal from the anode chamber and not removed from the catholyte. However, the 

system performance decreased when 0 M H2SO4 (486.4 ± 73.3 mA m-2) was used. The decrease 

in electrical performance is most likely due to ammonium accumulation in the anode. This was 

reflected in analysis of ammonium distribution through the system. The 1 M H2SO4 absorption 

test resulted in a 731.2 mg L-1 of ammonium solution (Fig. 5.4B). The 0.1 M H2SO4 and 0 M 

H2SO4 ended with lower concentrations of ammonium at 629.5 and 315 mg L-1, respectively. 

Initially, it was suspected that higher molarity absorption solutions do extract more ammonia from 

the feed. However, the 0 M H2SO4 MC absorption solution reached maximum capacity at the 

fourth day of operation ~235 mg L-1 (Fig. 5.4C).  
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Figure 5.3 (A) Current density and (B) ammonium distribution for cathode chamber and 

absorption solution for high (4.5 L min-1), medium (3.0 L min-1), and low (1.5 L min-1) aeration 

operation modes; and ammonium removal rates.  
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Figure 5.4. (A) Current density, (B) total recovered ammonium, and (C) ammonium removed 

from the anode chamber with recovery method percentages (AS: air stripping; MC: membrane 

contactor ) for 0, 0.1, and 1.0 M H2SO4 absorption solutions. 

 

These results suggest that vapor pressure likely affected ammonium recovery. Despite ammonia 

having a high vapor pressure, the solution vapor pressure can restrict transport of other gases across 

the membrane. This phenomenon is commonly seen in membrane distillation studies [251]. In this 

case, the PBS as the catholyte had a lower vapor pressure than the permeate 0.1 and 0 M H2SO4 

absorption solution. Additionally, the ammonium removal rate from the anode decreased from 

9.50 ± 0.29 kg m-3 h-1 to 4.32 ± 0.63 kg m-3 h-1 between the 0 M H2SO4 and 0 M H2SO4 absorption 

solutions, respectively. Interestingly, the amount of ammonium collected via AS increased to 37% 

and 33% for the 0.1 M and 0 M H2SO4 absorption solutions, respectively. This reinforces the idea 

that the vapor pressure difference due to the molarity of the absorption is an important factor for 

MFC+MC treatment. 
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5.3.4 Energy Consumption  

The overall energy consumption, normalized energy consumption ratio with COD removal, and 

NEC ratio in ratio with ammonium removed/recovered had varying results between the different 

parameters investigated. The energy consumption in Phase I was generally the same (Fig. 5.5A). 

The slight increase for the coupled systems (6.52 kWh) was due to the energy necessary for 

recirculation of the MC permeate. For Phase II, the high, medium, and low resulted in an expected 

energy consumption decrease of 6.42, 4.62, and 2.83 kWh, respectively. Aeration is the highest 

consumer of energy in biological wastewater treatment. These results combined with the 

ammonium recovery results suggest that aeration techniques need to continue to be optimized. The 

NEC for COD removal was higher in the aeration (2.62-4.37 kWh) and absorption solution (3.65-

4.76 kWh) experiments compared to Phase I (Fig. 5.5B). Lower COD removal was the main 

variable that affected energy consumption for Phase II and III. Further investigation on COD 

removal needs to be considered. Generally, the NEC for ammonia removed was lowest in Phase I 

(Fig. 5.5C). Increases during Phase II (4.09-5.86 kWh) occurred due to decreases in ammonium 

removal due to lower current generation for lower aeration conditions. For Phase III, the low 

removal was due to ineffective ammonium recovery from the cathode. Phases II and III had much 

lower NEC for recovered ammonia showing the effectiveness of MC separation to AS (Fig. 5.5D). 

The lowest energy consumption was observed during Phase II (7.64-7.93 kWh). The increase 

during Phase III was attributed to the distribution of ammonia due to ineffective MC separation 

which was previously discussed.  
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Figure 5.5 (A) Energy consumption, (B) Normalized energy consumption for COD removal (C) 

ammonium removal and (D) ammonium recovery for aeration and MFC recirculation for Phase 

I, II, and III.  

 

5.4 Conclusion 

This study has shown that integrating MC into the catholyte effluent stream can be an effective, 

non-intensive approach to recovering ammonium from wastewater. MC collected >90% of the 
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ammonium while AS. MC and AS being collected in separate vessels resulted in higher ammonia 

recovery. Lower aeration had decreased electrical performance (448.0 ± 39.3 mA m-2)  and 

ammonium removal rate (4.32 ± 0.63 kg m-3 h-1) from the anode chamber compared to high 

aeration conditions. MC was observed to be ineffective if the absorption solution has a higher 

vapor pressure than the catholyte. The energy consumption for low aeration during Phase II was 

2.83 kWh and was due to the decrease in aeration. NEC data for COD removal, ammonium 

removal and ammonium recovery revealed that aeration is the most important factor to optimize 

for ammonium recovery in MFC+MC coupled system. This study shows that MC should be 

employed into MFC systems with further investigation on the role aeration plays in wastewater 

treatment and ammonium recovery.   
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Chapter 6  

 

Optimizing Thermoelectric Generator 

Powered Microbial Electrolysis Cell 

Performance Treating Synthetic Brewery 

Wastewater 
 

Abstract 

Microbial electrolysis cells (MEC) are a versatile technology that generate electricity and H2 while 

treating wastewater. A major concern is the need for an external power source to achieve H2 

production. Herein, we utilized thermoelectric generators (TEG) to convert waste heat into 

electrical energy to sustainably power a MEC. Open circuit voltages from 0.296 V to 1.496 V were 

achieved as we varied the temperature gradient (∆T=10°C – 30°C) and recirculation rate (12 mL 

min-1 – 140.7 mL min-1). Hydrogen gas production was not observed until ∆T=20°C because the 

voltage supplied was sufficient to overcome the overpotential of the hydrogen evolution reaction. 

The anolyte pH decreased to 6.79, 6.11, and 5.01 for temperature gradients of 10°C, 20°C, and 

30°C, respectively. The addition of HCO3
- raised the pH towards neutral and restored hydrogen 

gas production. Coulombic efficiency (3.2 ± 0.0 %, 27.2 ± 14.5 %, 48.3 ± 11.4 %) and recovery 

(7.2 ± 0.8 %, 9.0 ± 4.2 %, 18.8 ± 3.7 %) increased as the temperature gradient was increased. 

Volatile fatty acids were used to closely mimic brewery wastewater and analyzed to see how 

organic matter composition changed after MEC treatment. The results show that TEGs can serve 

as an alternative power source to improve MEC technology sustainability. 
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Keywords: Microbial electrolysis cell, hydrogen production, thermoelectric generator, resource 

recovery, coupled technology, brewery wastewater  

 

6.1 Introduction 

Microbial electrolysis cells (MEC) are a sustainable technology that have the ability to generate 

hydrogen gas while treating wastewater [252, 253]. This is particularly important since global 

population increases will also yield higher wastewater production. Domestic [254], hydrothermal 

liquid [255], and agricultural [256] wastewaters have been used to feed MECs in previous studies 

revealing their robustness. In MECs, microbes oxidize organic matter in the anode chamber and 

release electrons that flow to the cathode chamber where protons are reduced. An additional power 

source is also required to achieve the hydrogen evolution reaction (HER). Other hydrogen gas 

generation methods including steam methane reformation [257] and water electrolysis [258] 

depend mainly on eternal power sources. Since MECs can generate electricity, the offset of energy 

demand makes them more favorable compared to other approaches. This makes MEC technology 

an appealing approach to generate hydrogen gas. 

There are many technical and operational challenges associated with MECs that diminish 

their potential for implementation. Microbiome specification [259, 260], system configuration 

[261, 262], and wastewater source [58] have been investigated to optimize MEC performance. In 

addition, use of expensive electrode catalyst material (e.g., Platinum) and decreased efficiency for 

large scale systems [263, 264] have been long standing problems. The overarching disadvantage 

of MEC treatment is the requirement of a power source. This is because the HER is not 

thermodynamically favorable when coupled with the oxidation of organics [265]. Previous studies 

have suggested that alternative catalysts could help offset energy demand. For example, a 
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polyaniline-graphene electrode produced 0.65 m3 H2 m
-3 day-1 compared to 0.85 m3 H2 m

-3 day-1 

when a Pt electrode was utilized [266]. Another study showed uncoated recycled fibers could also 

achieve good hydrogen generation [267]. Even with these modifications, there is still an 

opportunity to make MEC technology more sustainable. 

Thermoelectric generators (TEGs) are composite materials that can convert heat into 

electrical energy [268]. TEGs have been developed as a sustainable energy source for medical 

[269], aerospace [270, 271], industrial [272], and automotive [273, 274] applications. These 

composites are typical made of n-type and p-type semiconductors that promote electron movement 

when a temperature gradient exists between the two interfaces of the TEG [275]. This phenomenon 

is known as the Seebeck Effect. The material used to fabricate the TEG affects the electrical 

performance. For example, 308 μW m-1 K-2 and 258 μW m-1 K-2 power factors were achieved with 

a 150 K temperature gradient in one study that used an organic polymer TEG [276]. While another 

study achieved 1.5 mW m K-2 using a Bi2Te3 at a lower temperature gradient. One challenge 

associated with TEGs is their susceptibility to conduction. This transfer of heat from the heat 

source to the heat sink reduces the performance of the TEG due to a lower temperature gradient 

[277]. Thermal interface materials are used to decrease this occurrence but can sometimes be 

ineffective due to their lack of wide applicability and ability to short circuit the TEG [278, 279]. 

Recently, TEG powered MEC systems have been explored for their applicability in 

environmental systems [73, 280-282]. However, the treatment of complex, organic rich anolyte 

solutions has not yet been considered. Therefore, we explored a coupled TEG-MEC system 

treating synthetic brewery wastewater to evaluate hydrogen generation with TEG power source. 

The specific aims of this study are (i) understand how temperature and system configuration affect 

TEGs as a power source, (ii) how MEC performance is affected when using wastewater mimicking 
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brewery wastewater, and (iii) the energy demand required to operate the system comparing a power 

supply (PS) to TEG. The coupled technology system will be evaluated based on hydrogen 

production, current generation and VFA composition. 

 

6.2 Materials and Methods 

6.2.1 TEG Setup and Operation 

The TEG cells were constructed using PVC piping. The TEG composites (Model TEG2−126LDT, 

Bi2Te3, TECTEG MFR, Ontario Canada) had interface areas of 40 mm x 40 mm with a 1.5 mm 

thickness. The TEGs were sealed within the PVC pipe using adhesive and then sealed to restrict 

water transport from the heat source chamber to the heat sink chamber. Each chamber held 80 mL 

of solution. The TEGs were characterized using 2 interface configurations (air (cool)-liquid (hot) 

and liquid (cool)-liquid (hot)), at five recirculation rates (12, 42.5, 73.9, 105.9, and 140.7 mL min-

1) and three temperature gradients between the heat source and sink (∆T=10°C, 20°C, and 30°C). 

To determine any effects of multiple TEG usage, the characterization tests were repeated with two 

and three TEGs connected in series. Data collected from the characterization tests were then used 

to determine correlation between the variables previously outlined. 

 

6.2.2 TEG-MEC and PS-MEC set up and operation 

The MEC had an anode chamber (800 mL) and a cathode chamber (300 mL) that were separated 

by a cation exchange membrane (AEM, AMI-7000, Membrane International Inc., Ringwood, NJ, 

USA) with an effective area of ~100 cm2. The anode electrode was a carbon brush pretreated by 

acetone for 24 hours. Then, the carbon brush was air dried. The anode chamber was inoculated 

with the sludge from a wastewater treatment plant (St. Louis, MO, USA). Initially, the MEC was 
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operated in microbial fuel cell mode. Dissolved oxygen was supplied to the cathode chamber using 

an air diffuser to promote microbe growth. Then, the oxygen was disconnected, and the cell was 

operated in MEC mode at 0.4 V using a PS (3644 A, Circuit Specialists, Inc., Mesa, AZ, USA). 

The MEC was operated in a batch mode and at a room temperature (~23°C). The cathode electrode 

(88 cm2) was a stainless-steel mesh wrapping carbon cloth secured by titanium wire. The carbon 

cloth (Zoltek Companies, Inc., MO, USA) was coated with the 0.5 mg cm−2 Pt/C (Millipore Sigma, 

St. Louis, MO, USA) to serve as a catalyst for hydrogen reduction to hydrogen gas. The catholyte 

(cathode solution) contained 50 mL of phosphorus buffer solution (PBS) containing K2HPO4 and 

KH2PO4. Both the anolyte and the catholyte were circulated at a rate of 30 mL min-1. The anode 

and cathode electrodes were connected through a 10-Ω external resistance. Anolyte and catholyte 

samples were collected during each anolyte replacement (24 hours). The catholyte was completely 

replaced with fresh catholyte and 200 mL of anolyte was replaced with fresh anolyte every 24 

hours. After stable performance, the MEC was switched from the power supply to three TEGs. 

In stage I: the anolyte was used as the heat sink and water warmed by a water bath was 

used as the heat source. The TEGs powered the MEC using 10°C, 20°C, and 30°C temperature 

gradients. The MEC was fed with a synthetic solution containing (per liter): 2.5 g sodium acetate, 

0.15 g NH4Cl, 0.5 g NaCl, 0.015 g MgSO4, 0.02 g CaCl2, 0.1 g NaHCO3, 1.07 g K2HPO4, 0.53 g 

KH2PO4, and 1 mL of trace elements. Preliminary experiments revealed that an additional 4.4 g 

NaHCO3 needed to be supplied to maintain alkalinity and neutral pH levels in the anolyte. In stage 

II: the organic source was switched to (per liter of DI water): 1.56 mL of acetic acid, 0.44 mL of 

propionic acid, and 0.67 mL of butyric acid. The other parameters were kept the same from stage 

I. In stage III: the TEGs were replaced with the power supply. The output of the PS mimicked the 
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output of the TEGs at the three temperature gradient conditions. This resulted in the PS-MEC 

being operated at 0.330 V (∆T=10°C), 0.625 V (∆T=20°C), and 0.933 V (∆T=30°C). 

 

6.2.3 Measurement and Analysis 

The voltage of the MFC was recorded every two minutes by a digital voltage meter (2700, Keithley 

Instruments Inc., Cleveland, OH, USA). The polarization curves were generated from data 

collected by a potentiostat (600+, Gamry, Warminster, PA, USA) operating at a 0.5 mV s−1 scan 

rate. Chemical oxygen demand (COD) was measured using colorimetric methods (HACH Co., 

Ltd., USA). Gas concentrations were analyzed using gas chromatography equipped with a flame 

ionization detector (Focus GC, Thermo Scientific; GC-FID). The ion concentrations were 

measured using ion chromatography (Thermo Fisher Scientific Dionex Integrion HPIC, Madison, 

WI, USA). The electrical conductivity was measured using a conductivity meter (Mettler-Toledo, 

Columbus, OH, USA). The pH was measured using a bench pH meter (Oakton Instruments, 

Vernon Hills, IL, USA). The current density was calculated by finding the quotient of the recorded 

date from the voltage digital meter and the area of the cathode electrode. The energy production 

and consumption (Eproduction and Econsumption, kWh) were estimated using Eq. (1) and Eq. (2), 

respectively, according to a previous study [22]. 

𝐸𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑜𝑛 = (∑ 𝐼2𝑅)∆𝑡𝑀𝐸𝐶                      (1) 

𝐸𝑐𝑜𝑛𝑠𝑢𝑚𝑝𝑡𝑖𝑜𝑛 = (𝑃𝑀𝐸𝐶,𝑟𝑒𝑐𝑖𝑟𝑐 ) + (𝑃𝑝𝑜𝑤𝑒𝑟 𝑠𝑢𝑝𝑝𝑙𝑦 )                           (2) 

where I (mA) represents the current, R (Ω) represents the resistance, ΔtMEC represents the operation 

time of MEC, respectively, PMFC,recirc represents the power estimated for recirculation of the 

anolyte and catholyte, and Ppower supply represents the power estimated for the power supply. The 

PMFC,recirc and Ppower supply were calculated  using Eq. (3) and (4), respectively:  
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𝑃𝑀𝐸𝐶,𝑟𝑒𝑐𝑖𝑟𝑐𝑢𝑙𝑎𝑡𝑖𝑜𝑛 =
𝑄𝑠𝛾𝐻

1000
         (3) 

𝑃𝑝𝑜𝑤𝑒𝑟 𝑠𝑢𝑝𝑝𝑙𝑦 = ∫ 𝐼𝑈𝑑𝑡
𝑡

𝑡=0
         (4) 

Where QS (m3 s-1) represents the solution flow rate; γ is the specific weight of water (9800 N m-3); 

H (m) represents the hydraulic pressure head; and U (V) represents the external voltage. 

The normalized energy consumption (NEC, kWh LH2
)  was calculated to understand the energy 

consumption used for hydrogen gas production and is expressed in Eq. (5). 

𝑁𝐸𝐶 =
𝐸𝑐𝑜𝑛𝑠𝑢𝑚𝑝𝑡𝑖𝑜𝑛−𝐸𝑝𝑟𝑜𝑑𝑢𝑐𝑡𝑖𝑜𝑛

𝐿𝐻2

           (5) 

where 𝐿𝐻2
represents the H2 produced in liters. 

The Coulombic efficiency (CE) and Coulombic recovery (CR) were calculated as outlined by the 

previous studies based on acetate removal. 

 

6.3 Results and Discussion 

6.3.1 Temperature gradient and recirculation rate affect TEG voltage output 

The TEGs were characterized by changing the recirculation rate, temperature gradient and heat 

source/heat sink. Overall, the voltage output increased as the temperature gradient increased from 

10°C to 30°C (Table 6.1). The air-liquid modes had lower output voltage for all operation modes 

compared to the liquid-liquid modes. This is likely due to the low heat capacity of air (1.01 J g-1 

K-1) compared to water (4.18 J g-1 K-1). The air-liquid mode only had a 47.0% increase in voltage 

output compared to a 91.5% increase in the liquid-liquid mode from 12 mL min-1 to 140.7 mL min-

1 when 3 TEGs were investigated at ∆T=10°C. This trend was also observed at the ∆T=20°C (air-

liquid: 66.7%; liquid-liquid: 84.8%) and ∆T=30°C (air-liquid: 57.5%; liquid-liquid: 95.7%) 

operation conditions. None of the conditions examined using air-liquid interface reached 0.4 V 
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required for hydrogen generation in the MEC. Higher air temperatures (i.e., flue gas at a power 

station) would be necessary to achieve the required voltage. The number of TEGs connected also 

affected the output. The increase in voltage at each flowrate had a linear relationship which means 

the three TEGs were operating similarly. Moving forward, three TEGs using a liquid-liquid 

operating mode was considered.  

Table 6.1 Voltage output of TEGs based on temperature gradient, solution flow rate, and Red 

filled squares represent TEG voltages below 0.4 V (applied voltage needed to overcome 

overpotential in MEC for hydrogen generation). Yellow to Green represent voltage range 0.4-

1.5V. 
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The data collected for the 3-TEG configuration had a logarithmic regression when 

increasing the flowrate (Fig. 6.1). Similar trends also existed for the other configurations. This 

occurs because TEGs are most efficient when temperature is maintained at the TEG surface. 

Slower recirculation rates allow conduction to occur which will decrease the temperature gradient 

and voltage supplied by the TEGs. The highest voltage increases were 38.9% (∆T=10°C), 59.3% 

(∆T=20°C), and 52.5% (∆T=30°C), respectively, when the flowrate was adjusted from 12.0 mL 

min-1 to 42.5 mL min-1 (Fig. 6.1 inset). Compared to a 22.6% (∆T=10°C), 6.8% (∆T=20°C), 12.1% 

(∆T=30°C) increase when the flowrate was adjusted from 42.5 mL min-1 to 73.9 mL min-1, a trade 

off in increasing the flowrate exists as higher recirculation rates would consume more energy 

without equal return in the voltage output. 

 

Figure 6.1 Open circuit voltage for 3 TEGs operating in liquid-liquid mode at 10°C, 20°C, and 

30°C temperature gradients.  
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6.3.2 MEC performance with brewery wastewater feed source 

Low alkalinity levels in the synthetic brewery wastewater caused performance issues in the TEG 

powered MEC. At ∆T=10°C, no hydrogen gas was generated since the voltage output was less 

than 0.4 V [283]. This allowed the anolyte pH to remain in neutral ranges (7.0-7.5) (Fig. 6.2A). 

When the temperature gradient was increased to 20°C, the pH trended toward acidic levels. This 

also caused decreases in the hydrogen being produced. This was further observed at ∆T=30°C 

when the pH reached 5.0 in the anolyte chamber. Analysis of the anolyte HCO3
- concentration 

showed were operated at ∆T=10 °C ,20 °C ,30°C and  the anolyte was an acetate based synthetic 

wastewater that HCO3
- was being completed consumed during MEC treatment (Fig. 6.2B). 

Previous studies showed that these conditions likely inhibited microbes from consuming organic 

matter [284]. This concurrently resulted in the decrease of hydrogen gas generation. Moving 

forward, NaHCO3 was added to the synthetic brewery wastewater to maintain performance of the 

MEC.  

This caused the anolyte pH to increase and restabilize at neutral levels. As the temperature gradient 

increased from ∆T=10°C to 30°C, the maximum current density was 0.12 mA cm-2, 0.13 mA cm-

2, 0.19 mA cm-2 for ∆T=10°C, 20°C and 30°C, respectively (Fig 6.2C). A decrease in electrical 

performance was observed during MEC treatment during each temperature gradient investigated. 

This is most likely attributed to conduction from the hot source to the hot sink. 

6.3.3 Comparison analysis between PS and TEG 

The MEC performance decreased when the acetate based anolyte was replaced with a mixture of 

volatile fatty acids to closely mimic brewery wastewater (Fig. 6.3A). The ∆T=10°C, 20°C and  
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Figure 6.2 (A) Hydrogen gas produced and pH levels in the anolyte, (B) anolyte bicarbonate 

concentrations, and (C) current density during TEG-MEC operation. 
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Figure 6.3 Current density of MEC when the anolyte was an VFA based synthetic solution for 

(A) TEG powered MEC and (B) PS powered MEC. 

 

30°C yielded current densities that were generally lower than presented in Fig 2C. This may be 

due to the inhibitory nature of complex organics. Geobacter are not able to consume higher chained 

organic matter directly [285]. This suggests that the acetate rich solution was a better feed source. 

To ensure that the TEGs were working properly, a traditional power supply was used to power the 
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MEC using the voltage produced at 10°C (0.330 V), 20°C (0.625 V) and 30°C (0.933 V) 

temperature gradients by the TEGs (Fig. 6.3B). Surprisingly, the PS-MEC fed with the VFA based 

anolyte performed similarly to TEG-MEC fed with an acetate based anolyte. The maximum 

current density increased to 0.22 mA cm-2, 0.30 mA cm-2, 0.29 mA cm-2. The stability of the TEGs 

power to the MEC is likely the cause of this difference in performance [281].  

 

Figure 6.4 Coulombic Efficiency (CE), Coulombic recovery (CR), Hyield and hydrogen production 

rate (HPR) of TEG and PS powered MEC. 

 

To further understand the implications of using the TEGs and PS as an energy source, 

Coulombic efficiency, Coulombic recovery, hydrogen yield and HPR (Fig. 6.4). The CE of the 
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TEG-MEC increased from 56.1 ± 9.5% to 129.3 ± 30.4% when the temperature gradient increased 

from 10°C to 30°C in the TEG cell. The PS had lower CEs (23.7 ± 1.8% to 45.9 ± 16.2%) compared 

to the TEG-MEC at the comparative voltages. This is mainly due to the higher consumption of 

acetate without correlating increases in current generation. The CR percentages reveal that 

potentially inhibition occurred with the TEG-MEC that did not occur in the PS-MEC system [186]. 

The CR for ∆T=10°C, 20°C and 30°C TEG-MEC conditions were 2.9 ± 0.3%, 6.5 ± 0.3%, and 9.7 

± 0.5%, respectively. The CR were higher (4.9 ± 1.8%, 12.1 ± 0.7%, and 24.0 ± 2.2%) for the PS-

MEC system. This also suggests an arrest of methanogenic bacteria, which resulted in less organic 

removal in the TEG-MEC. For Hyield and HPR, values could not be determined for the ∆T=10°C 

conditions as expected with the low voltage (<0.4 V) output. The Hyield increased 2.7 times for the 

TEG-MEC and 3.8 times for the PS-MEC. The HPR were smaller and similar to the TEG-MEC 

and PS-MEC as the temperature gradient increased. As the temperature increases, the difference 

in HPR may be smaller, suggesting that TEG-MEC at higher temperature gradients may be more 

favorable.  

VFA composition in the effluent helped provide insight on favored organic sources in for 

microbes in the MEC. PS10 and TEG10 both had similar compositions in the effluent compared 

to the influent. This suggests that organic matter is not favored by microbes at low temperature 

gradients. Additionally, the low voltage did not suggest high microbial activity. However, 

analyzing the PS-MEC showed the acetate make up compared to the total VFA went from 67% to 

19% to 14% for the PS10, PS20, and P30 conditions, respectively (Fig. 6.5). Similar trends were 

observed in previous studies for cases where similar voltages were supplied to the MEC [286]. 

This decrease is attributed to acetate oxidizing microbes being more active at <2.0V. The higher 

consumption of acetate also contributed to the higher production of hydrogen gas in the cathode. 
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The decrease in propionate and butyrate were due to the lower usage of longer chained VFAs as 

suggested in a previous study [287]. In the TEG-MEC, acetate was the least favored organic 

removed. 

 

Figure 6.5 Distribution of acetic, propionic, and butyric acid in MEC feed solution, effluent of 

TEG-MEC, and effluent of PS-MEC. 

 

The removal of propionate (3.2 ± 0.5%, 11.0 ± 1.1%, and 29.8 ± 2.5%) and butyrate (4.0 ± 3.0 %, 

10.9 ± 1.2%, and 21.2 ± 9.0%) for the TEG10, TEG20, and TEG30 systems conditions increased. 

Arcobacter have been shown to directly use longer chained VFAs may grow with the use of TEGs 

as a power source [285]. There was a slight decrease in acetate removal between TEG20 and 

TEG30. The Geobactor microbes may have had more competition from the Arcobacter in the 

warmer conditions due to conduction across the TEGs. The pH levels of the anolyte also do not 
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suggest indirect consumption of propionic and butyrate that can be facilitated with carbon 

catalysis. 

Microbial degradation and energy performance increased as the temperature gradient 

increased (Fig. 6.6). The maximum power density for ∆T=10°C was 0.07 W m-2 for the MEC 

without the TEGs connected. Increases in maximum power density were observed for ∆T=20°C 

(61.2% increase) and ∆T=30°C (131.1% increase). It is plausible that an increase in microbial 

activity is due to the temperature gradient increases in the TEG cells. This is an additional benefit 

that is not expected with the PS as the temperature will remain the same. When the TEG was 

connected to the MEC, the power density increased from 0.07 W m-2 to 0.25 W m-2 to 0.48 W m-

2 as the heat source temperature increased. This shows how the addition of the TEG can improve 

the system. In addition, the internal resistance of the systems without the TEG decreased as the 

temperature increased. However, connecting the TEGs increased the temperature for ∆T=10°C 

(214 Ω to 416 Ω), ∆T=20°C (151 Ω to 324 Ω), ∆T=30°C (116 Ω to 336 Ω) conditions. For the 

∆T=10°C, the low voltage output of the TEGs was unable to overcome the high resistance. This is 

why the TEG-MEC system had a lower power density than the sole MEC systems. Overall, this 

suggests that fewer TEGs operating at a higher temperature would make the TEG-MEC system 

more efficient. Decreasing the resistance of the system would also promote electron transfer to the 

cathode chamber for hydrogen generation. An energy analysis was completed for the different PS 

and TEG conditions (Fig. 6.7). The power for recirculation rates was the same for each condition 

and only consumed 0.039 kWh m-3 during MEC treatment. The power source is the main consumer 

of energy in MECs as it went from 0.051 kWh m-3 to 1.390 kWh m-3 for PS10 to PS30. Since waste 

heat is free to the system it does not contribute to the financial feasibility considered for this energy 

analysis. This observation makes the TEG a more sustainable energy source compared to the PS. 
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Further consideration was given during the TEG tests. The TEG consumed 95% and 90% less 

energy than the PS for the same amount of hydrogen gas. This result shows that TEGs can be used 

to help  

 

Figure 6.6 Polarization curves for the TEG-MEC at (A) ∆T=10°C, (B), ∆T=20°C, and (C) 

∆T=30°C. 
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 Figure 6.7 Energy consumption and energy consumption for hydrogen gas generation for TEG-

MEC and PS-MEC. 

 

offset energy cost of MEC hydrogen production. placed on the amount of energy consumed per 

liter of hydrogen gas produced. The TEG20 and TEG30 conditions consumed 0.074 and 0.036 kW 

per liter of hydrogen gas, respectively. 

 

6.4 Conclusion 

In this study, TEGs were used as an alternative energy source to power a MEC treating a synthetic 

brewery wastewater. The TEG was characterized by adjusting the recirculation rate, the heat 

source/heat sink temperature gradient, and medium interfaces. Increasing the recirculating and 

temperature gradient yielded higher voltage output of the TEGs as conduction across the TEG was 
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decreased while maintaining temperature in the TEG cell. The TEG-MEC system consumed 

alkalinity as the temperature gradient increased, which resulted in microbial inhibition as the 

anolyte went towards acidic levels. The VFA fed MEC experienced a decrease in current 

generation compared to the acetate fed MEC. The polarization curves also showed that the 

maximum power density increase from 0.07 W m-2  to 0.16 W m-2 occurred because of increased 

activity of the microbes due to conduction from the heat source. Comparison analysis between the 

PS-MEC and TEG-MEC systems showed that while the PS experienced higher removal of organic 

matter and higher current generation, the TEG-MEC system is more efficient and energy friendly 

by using ~90% less energy for hydrogen production. Future studies should focus on decreasing the 

internal resistance of the system when using TEGs so that greater current densities can be achieved. 

The use of hot air should be explored to evaluate its robustness as an energy source. 
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Chapter 7 

 

Perspectives 
 

 
This dissertation used three objectives - (1) investigate forward osmosis as a pretreatment step for 

microbial fuel cell treatment, (2) explore membrane contactor integration with microbial fuel cell 

technology as a sustainable resource recovery method, and (3) investigate thermoelectric 

generators as an alternative power supply for microbial electrolysis cells - to show the promise 

coupling bioelectrochemical systems (BES) with other technologies has in terms of biological 

wastewater treatment and optimization of resource recovery from wastewater.  

In Chapter 2, methods for removal and recovery of reverse fluxed solute from FO process 

were discussed. In Chapter 3, two draw solutes (NaCl and NH4HCO3) were investigated for use in 

a FO-MFC coupled system. Future work should investigate other draw solutes and their suitability 

for FO-MFC treatment. Focusing on NH4
+ based draw solutes could provide insight into how 

nitrogen footprints could be decreased while increasing freshwater resources. Additionally, the use 

of the diluted draw solution should be considered. Direct use fertilizer is an approach that can 

continue to increase the sustainability of FO-MFC treatment. Magnetic particles can be 

investigated for sustainability since they are relatively recoverable compared to other inorganic 

salts. Membrane contactor was used in Chapter 4 to show its suitability for recovery of volatile 

fatty acids (VFA) and ammonium. In the future, different design modes (e.g., air gap, vacuum, and 

sweeping gas) should be investigated to determine if VFA and ammonium recovery can be 

increased. In order to improve modeling efforts, dynamic models need to be developed. These 

models should consider that all volatile and aqueous compounds have varied effects on solution 

vapor pressure based on factors such as temperature, pH, and mole ratio. Utilizing electrochemical 
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techniques to generate acids and bases could also decrease the resources necessary for MC 

operation. These electrochemical processes should be optimized so that MC does not lose its non-

energy intensive characteristic. In Chapter 5, MC was shown to be a highly effective method of 

recovering ammonium from the cathode chamber of an MFC. Future work should consider 

additional variables that would improve the performance of both the MFC and MC. The energy 

consumption of the MFC+MC system should also optimize aeration to achieve maximum power 

output without sacrificing COD removal, ammonium removal and ammonium recovery. In 

Chapter 6, thermoelectric electric generators (TEGs) powered an MEC for more sustainable 

hydrogen gas generation. Future work should use hot air to mimic flue gas to investigate air as a 

heat source. Since TEGs are a bourgeoning technology in environmental systems, technoeconomic 

analysis and life cycle analysis studies should be completed to clarify the benefits and challenges 

of wastewater treatment systems powered by TEGs. Additionally, sustainable electrodes should 

be used to decrease the cost of MEC construction and operation. 

In general, the future of biological wastewater treatment should be approached with 

innovative techniques. Emerging contaminants such as per- and polyfluorinated substances 

(PFAS), pharmaceuticals, and personal care products (PPCPs) have already been proven to 

negatively affect wastewater treatment and can negatively impact the environment. Specifically, 

exploration on the effects of PFAs and PPCPs on BES and coupled systems should be completed. 

The use of machine learning tools to help further explain coupled system effectiveness should also 

be considered. Large data sets based on findings from the literature and observations from 

experimental work can be used to test various algorithms (e.g., linear and logistic regression, K-

Means, and random forest). It is expected that different systems will have different algorithms that 

predict outcomes. The effects of PFAs and PPCPs presence can also be determined using these 
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statistical and modeling tools. These efforts along with results from this dissertation will help the 

field identify problems that may arise, develop solutions to attenuate their effects, and achieve 

sustainable, advance wastewater treatment.  
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Figure A.1 Graphical Abstract 

Solute Buildup and Concentrating Effect 

 Solute buildup (SBU) (g m-2 h-1) is used to quantify the solute concentration due to 

accumulation cause by RSF and can be calculated using Eq. (A.1) 

𝑆𝐵𝑈 =
(𝑛𝑓,𝐹−𝑛𝑖,𝐹) × 𝑀𝑊

𝐴 ×𝑡
           (A.1) 

where ni,F and nf,F represent the DS in the feed solution’s initial and final mole, respectively; and 

MW is the molecular weight of the solute [173]. 
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 The concentrating effect (CE) quantitatively describes the effect of water recovery on the 

solute concentration, if already present, in the feed solution (Eq. (A.2)): 

𝐶𝐸 =
𝑉𝑟𝑒𝑐𝑜𝑣𝑒𝑟𝑒𝑑 × 𝐶𝑖,𝐹

𝐴 ×𝑡
           (A.2) 

Note that CE (g m-2 h-1) utilizes the amount of recovered water - Vrecovered (L) and the initial 

concentration of the feed solution - Ci,F (g L-1) to find a rate with both the membrane’s structural 

parameter and time. These two variables can be used to determine the movement of solute (Js) 

across the membrane by subtracting the SBU from the CE, unless DI water is used as the feed 

solution resulting in Js = SBU [89].  

Additional Information on Mass Balances 

Physical Separation Case Study 

In order to showcase the use of the two proposed parameters- solute removal/recovery rate 

(SRR) and removal/recovery ratio (ReR), a mass balance was completed on the osmotic 

membrane bioreactor (OMBR) of a previous study [123]. The data used to generate Figure 3A 

was both calculated and provided (Table A.1). 

Table A.1 Mass balance variable used for physical separation case study 

Mass Balance Variable* Value 

Average Water Flux 3.5 LMH 

Average Reverse Salt Flux 0.03 g m-2 h-1 

Salinity Accumulation 0.06 mS cm-1 day-1 

Mg2+ Removal 4.06 mg L-1 

*  Variables are either directly reported or calculated based on the data in the study 
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The salinity accumulation in the OMBR was determined as described by Eq. (A.3). 

𝐴𝑐𝑐𝑢𝑚𝑢𝑙𝑎𝑡𝑖𝑜𝑛 =
(𝑇𝐷𝑆𝑓−𝑇𝐷𝑆𝑖) ∗ 𝑉

𝛥𝑡
=

(𝐸𝐶𝑓∗𝛼−𝐸𝐶𝑖∗𝛼)∗𝑉

𝛥𝑡
                   (A.3) 

 

Where ECf  and ECi represent the final and initial electrical conductivity (mS cm-1), respectively; 

Δt (days) represents the operation time; α is the conversion factor between conductivity and 

TDS; TDSf and TDSi represent the final and initial TDS (g L-1) concentration; V  is the 

bioreactor’s feed solution volume. MF flux used in the SRR calculation was estimated using a 

study that investigated MF flux rates compared to FO flux [124]. The draw solution 

concentration was considered in this assumption as well. 

 

Chemical Precipitation Case Study 

For the chemical precipitation case study, the information was both calculated and provided to 

generate Figure 2.4A (Table A.2). The mass balance was based off a previous FO study [119]. 

 

Table A.2 Mass balance variable used for chemical separation case study  

 

*  Variables are either directly reported or calculated based on the data in the study 

 

Mass Balance Variable*  Value 

Draw Solution Molarity (MgCl2)
 0.5 M 

Average Water Flux 2.32 L m-2 h-1 

Average Reverse Salt Flux 1.55 g m-2 h-1 

Struvite Precipitation 0.39 g m-2 h-1 
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This case study presented many of the details necessary to compare to other DS precipitation 

studies. The RSF was converted to more widely used units (g m-2 h-1) to determine the other 

parameters. In the paper, the authors reported that ~25% of the DS precipitated as struvite. The 

struvite composition was determined using scanning electron microscopy-energy dispersive 

spectroscopy. In addition to struvite, it was reported that a portion of the Mg2+ precipitated as 

Mg(OH)2. With struvite being the precipitate of interest, the SRR would be calculated using Eq. 

(A.4).                                                                              

𝑆𝑅𝑅 =
𝐶𝑀𝑔,𝑠𝑡𝑟𝑢𝑣𝑖𝑡𝑒 ∗ 𝑉𝑓𝑒𝑒𝑑

𝐴∗ 𝛥𝑡
                                                    (A.4) 

 

Where CMg,struvite (m) is the concentration of magnesium precipitated as struvite, Vfeed is the 

volume of the concentrated feed solution. However, not enough information was provided to 

make this distinction and resulted in a slightly higher ReR. Based on information provided by the 

authors, the amount of reversed fluxed Mg2+ that precipitated as struvite was assumed to be the 

ReR (0.25). The assumed ReR did not include Mg2+ that was naturally present in the digested 

swine wastewater (feed). Moreover, removal techniques rely heavily on a precipitate being 

formed over the chemical purity. This caused us to consider calculating the SRR for this case 

study by manipulating the ReR parameter (Eq. A.5). 

𝑆𝑅𝑅 = 𝑅𝑒𝑅 ∗ 𝑅𝑆𝐹                                                    (A.5) 

In the event that more information is provided, the ReR can be denoted if a particular precipitate 

is desired. This would suggest that future research could present ReR that determine how much 

of the reverse fluxed DS precipitated as one compound compared to another. For example, 

distinction between Mg(OH)2 and struvite could help determine what operation conditions exist 
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when comparing removal efficacies between different studies that use MgCl2 as a DS. This same 

concept would apply to other DS and precipitates, as well.  
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Figure B.1  Graphical Abstract 
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Initial and Final Electrical Conductivity and pH During FO Treatment 

 

 

Figure B.2. Electrical Conductivity and pH of feed solutions for NH4HCO3 and NaCl draw 

solution test. 

 



 

[151] 
 

Statistical Comparison of Water Flux for NH4HCO3 and NaCl Draw Solutions 

Table B.1 P-values for FO tests 

 

 

 

 

 

 

Anolyte pH during MFC treatment 

 

Figure B.3. Anolyte pH for 7 batch operation from FO-MFC-A and FO-MFC-B system.       

  
0.5 M 

NH4HCO3 
1.0 M 

NH4HCO3 
1.5 M 

NH4HCO3 
0.5 M    
NaCl 

1.0 M    
NaCl 

1.5 M    
NaCl 

1.0 M 
NH4HCO3 

3.2E-03 - - - - - 

1.5 M 
NH4HCO3 

3.0E-05 3.5E-03 - - - - 

0.5 M    
NaCl 

6.4E-04 1.6E-02 4.8E-04 - - - 

1.0 M     
NaCl 

8.0E-05 1.1E-02 7.3E-01 1.5E-06 - - 

1.5 M     
NaCl 

6.3E-04 1.8E-03 1.5E-03 2.9E-05 4.8E-05 - 

0.68 M 
NaCl 

3.5E-03 1.0E+00 3.6E-03 5.1E-04 1.0E-04 1.8E-05 



 

[152] 
 

Initial and final Absolute mass of NH4
+-N in anolyte for each batch 

 

Figure B.4. Initial and final NH4
+-N mass in 7 batch operation from FO-MFC-A and FO-MFC-B 

system.       
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Figure C.1 Graphical Abstract 

 



 

[154] 
 

 

Figure C.2 (A-B) Feed pH and electrical conductivity data for VFA membrane contactor 

recovery and (C-D) permeate pH and electrical conductivity data for VFA membrane contactor 

recovery tests when the pH was adjusted from 3 to 6 and the permeate was maintained at 0.5 M 

NaOH. 



 

[155] 
 

 

Figure C.3 (A-B) Feed pH and electrical conductivity data for VFA membrane contactor 

recovery and (C-D) permeate pH and electrical conductivity data for VFA membrane contactor 

recovery tests when the permeate was adjusted from 0 M to 0.5 M NaOH and the feed pH=3 was 

maintained. 
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Figure C.4 (A-B) Feed pH and electrical conductivity data for NH4
+ membrane contactor 

recovery and (C-D) permeate pH and electrical conductivity data for NH4
+ membrane contactor 

recovery tests when the pH was adjusted from 9 to 12 and the permeate was maintained at 0.5 M 

H2SO4. 
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Figure C.5 (A-B) Feed pH and electrical conductivity data for NH4
+ membrane contactor 

recovery and (C-D) permeate pH and electrical conductivity data for NH4
+ membrane contactor 

recovery tests when the permeate was adjusted from 0.1 M to 0.5 M H2SO4 and the feed pH=12 

was maintained. 
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Table C.1. Cost for combined VFA and NH4
+ recovery system based on acid and base cost for 

pH adjustment in each  operation condition. For NH4
+ recovery, Ai-iii represent the strength of 

the absorption solution strength from 0.1M – 0.5M H2SO4 and pi-iv represents the initial feed pH 

from 9-12. For VFA recovery, Ai-iv represent the strength of the absorption solution strength 

from 0M – 0.5M NaOH and pi-iv represents the initial feed pH from 3-6. 
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