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ABSTRACT OF THE DISSERTATION

Advancements in Pressurized Oxy-Combustion Process: Pollutant Control and Process
Development

by
Piyush Verma

Doctor of Philosophy in Energy, Environmental and Chemical Engineering
Washington University in St. Louis, 2021

Professor Richard Axelbaum, Chair

The emission of carbon dioxide from the power industry is one of the major causes of climate
change. However, it is well established that the development of human societies across the globe
depends on reliable and dispatchable power, which are generally the source of these emissions.
There has been a recent growth in the integration of intermittent sources such as wind and solar
which are carbon free. But these intermittent sources have significant temporal changes in power
production and thus lack reliability and dispatchablity. This is a complicated problem to solve.
However, flexible power plants with carbon capture and storage, are dispatchable electricity
sources that precisely fit the need of the modern grid. One of the most promising carbon capture,
utilization, and storage technology for coal power plants is the pressurized oxy-combustion
technology. In pressurized oxy-combustion, coal is burned under elevated pressure with oxygen
and recycle flue gas to produce a stream consisting mainly of CO2 and H20. The moisture in the
pressurized gas condenses at a higher temperature, which can be integrated to the steam cycle to

increase the plant efficiency.

Staged Pressurized Oxy-Combustion (SPOC) technology developed at Washington University at

St Louis is an advanced version of pressurized oxy-combustion technology. The SPOC process

Xiii



has significantly higher plant efficiency compared to other pressurized combustion technologies
because of reduced flue gas recycle. This work is divided into two parts to advance the
understanding of pressurized oxy-combustion technology, specifically SPOC technology. The first
part of the work focuses on the formation and removal of pollutants and the second part focuses

on process development.

Coal combustion produces oxides of sulfur and nitrogen (SOx and NOx). These gases are acidic in
nature and can lead to pipeline corrosion during the pressurization and transport of CO2. Therefore
there is a need to understand the formation of these gases in the combustor and their subsequent
removal in a direct contact cooler (DCC). To understand the formation of SOx, NOx, and CO
under pressure, we performed experiments in a 100 kWth pilot-scale combustor under a range of
excess oxygen concentration and residence times. We found that the formation of SO2 decreases
with excess oxygen concentration in flue gas and pressure, potentially because of higher SO3
formation and higher sulfur retention in the ash. The concentration of NO in the flue gas decreased
with pressure but increased with excess O2 concentration, mainly because at higher pressure, the
fuel nitrogen diffusion out of the char particle is reduced, providing a higher time for reduction to
N2. Finally, we also found that the CO concentration in the flue gas decreased at a higher pressure
and higher Oz concentrations, suggesting that at higher pressure, combustion can be accomplished

with lower excess oxygen, which can reduce the cost of Oz production.

The removal of SOx and NOx is performed in a DCC at a temperature below 300° C. The DCC
also recovers the latent heat from the moisture making the absorption in DCC high-temperature
process. To develop the kinetics of the reaction between absorbed SO2 and NO2, (HSOs™ and
HNO:2) experiments were performed in a CSTR under a varying pH and temperature, relevant to
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DCC conditions. We found that the reaction rate goes up with increasing temperature and reducing
pH. Moreover, lowering the pH also led to the formation of HSO4 in place of a complex called
HADS (hydroxyaminodisulfonic acid). A kinetic constant and temperature dependency of the
reactions were obtained from the data. Based on these experiments and additional analytical
analysis, the overall reaction mechanism in the DCC was reduced and a model of optimal
complexity was established. The model consisted of 5 main reactions capable of predicting the

kinetics inside the DCC.

To understand the transport characteristics and validate the reduced kinetic model, experiments
were performed in a pilot-scale DCC. Several parameters of interest, such as pressure, oxygen
concentration, inlet gas temperature, NO/SO: ratio, and liquid to gas ratio, were analyzed. The
results suggested that pressure increased the scrubbing of both NO and SO2. However, the impact
pressure on SO2 scrubbing increased significantly with increasing the NO to SO2 ratio. We found
that increasing the inlet gas temperature had a negative effect on both NO and SO: scrubbing, but
the scrubbing of SOz through liquid-phase reactions increased with increasing NO/SO: ratio and
temperature. Moreover, we found a significant impact of liquid to gas ratio on SO2 scrubbing but
only a mild impact on NO scrubbing. The reduced kinetics was modeled in Aspen Plus and
validated against the experimental results, predicting them accurately. Finally, the reduced kinetics
was used to model and optimize a full-scale DCC in Aspen Plus. An optimized model with a split
water flow design increased the scrubbing efficiency of NO and SO2 by 9% and 3%, respectively,

compared to the conventional design.

The second section of the thesis focuses on the process development of the pressurized oxy-
combustion process. One of the major reasons for efficiency improvement in the SPOC process is

XV



the reduced recycle ratio. To understand the impact of recycle on oxy-combustion processes, a
fundamental thermodynamic model was developed, which was complemented with a process
model in Aspen plus. We found a non-linear impact of recycle ratio on the net plant efficiency of
the power plant, with the impact increasing in a hyperbolic mode at a higher recycle ratio. Exergy
destruction in the boiler was found to have a more significant impact on the plant efficiency than

fan power consumption.

Finally, the process design and analysis of modular, pressurized air-combustion (MPAC), carbon-
capture ready power plant were performed in Aspen plus to understand the plant efficiency and to
provide a pathway to transition the MPAC plant to SPOC power plant. The objective was to
develop a power plant that is highly efficient and flexible but can be easily converted to an SPOC
power plant when economics allows for such a move. We found that the efficiency of the MPAC
power plant was 1.7% higher than conventional air combustion power plants with major

components similar to SPOC. A pathway to transition to SPOC was also discussed.

This combination of experimental and modeling results and analysis presented in this work hopes

to push the development of SPOC process a step further.

XVi



Chapter 1. Introduction and Overview

1.1 Background and Motivation

The decarbonization of the electricity grid is a crucial step towards the net-zero emission of CO2
[1]. The objective is to create a carbon-free grid that also provides reliable electricity at all times.
Based on reliability, the electricity sources can be differentiated into intermittent sources, such as
solar and wind power, and dispatchable sources, such as coal power plants with carbon capture
and storage (CCUS). With the growing integration of intermittent sources in the grid, it is also
essential that the dispatchable sources are not only reliable but flexible to compensate for the load
changes from intermittent sources [2]. A flexible coal power plant with CCUS is a viable tool that
fulfills all the requirements of a robust and clean grid while advancing the accommodation of
intermittent electricity technologies. In addition, it also paves the way for continued use of the
abundant coal in developing countries, such as China and India, to provide cheap and reliable
power, which is critical for their growing economy. Precisely because of the underlined reasons,
several agencies have projected that CCUS is a vital technology to fight global climate change [3],
[4]. According to an estimate from Global CCS Institute presented in Fig 1.1, a substantial increase

in CCUS technologies is required to achieve the sustainable development scenario [5].
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Figure 1.1 CO; Capture Capacity in 2020 and 2050 by fuel and sector in the IEA Sustainable developmental
scenario[5].

Oxy-combustion technology is one of the most promising technologies for CCUS [6]. In oxy-
combustion, fuel is burned in the presence of oxygen and recycled flue gas to produce flue gas
consisting primarily of CO2 and H20 [7]. After H20 condensation and pollutant removal, a high
purity stream of COz is produced, which can be easily pressurized and sequestered and/or utilized.
The first-generation carbon capture technologies such as atmospheric oxy-combustion, pre-
combustion capture, and post-combustion capture (e.g., Amine absorption) all suffer from low
efficiency and high cost because of the high parasitic loads and capital costs [8,9]. Therefore,
several 2" generation technologies for carbon capture have been proposed and are currently under
development. Staged, pressurized oxy combustion (SPOC) technology, presented in Fig.1.1,
conceptualized by Akshay et al.[10] is a promising 2" generation CCUS technology owing to its
high efficiency and relatively low cost and risk. The high efficiency of SPOC stems from
pressurized combustion and small flue gas recycle (FGR). In pressurized oxy-combustion, coal is

combusted with oxygen (and recycle flue gas) at elevated pressure (15 bar). Pressurized

2



combustion enables the recovery of the latent heat of the moisture in the flue gas by condensing
moisture at high temperatures [11]. The latent heat is recovered in a direct contact cooler (DCC)
and integrated into the steam cycle to increase the net plant efficiency (NPE). An additional benefit
of operating under pressure is that the SOx and NOx in the flue gas can be scrubbed simultaneously
in the DCC. This process of emission removal, which is effective only at elevated pressure, has a
lower capital cost than traditional pollutants removal methods — e.g., flue gas desulfurization for
SOx removal and selective catalytic reduction (SCR) for NOx removal. Finally, the staging of the
boilers in a series-parallel combination enables a small FGR and high efficiency and ensures that
all boilers operate at similar conditions [12]. In addition to the similar operating conditions and
enhanced flexibility, this configuration also helps in a significant reduction of capital cost for

manufacturing because of the economics of mass production.
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Figure 1.2. Staged pressurized oxy combustion process
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The development of SPOC, and pressurized combustion technologies in general, is the focus of
this work. This thesis explores and develops two major factors that make pressurized oxy-
combustion an essential technology for CCUS. The first part focuses on understanding various
aspects of SOx-NOx formation and removal from the flue gas of a pressurized oxy-combustion
process to produce a clean CO2 stream for sequestration. The second part focuses on the process
development and intensification of the SPOC process, including understanding the impact of flue
gas recycle on the plant efficiency and developing a carbon-capture ready pressurized air plant that

can transition to SPOC when needed.

1.1.1 Pollutant Formation and Control

One of the most critical steps towards developing pressurized oxy-coal combustion technology for
CCUS is understanding the formation and subsequent removal of pollutants from the flue gas,
especially SOx and NOx. In conventional air combustion power plants without CCUS, the limit on
the concentration of oxides of sulfur and nitrogen in the flue gas exists because of the emission
regulation. However, for CCUS, limitations exist to protect the downstream equipment and
pipelines used for pressurization and transportation of the CO2. Depending on the region, the
concentration standards for SOx and NOx can vary between 25 — 100 ppm and 100 — 150 ppm,
respectively [13,14]. Therefore it is necessary to understand the formation of these pollutants in
combustion to design their removal in the DCC. The first section of the thesis focuses on these two

problems.

1.1.1 A) Investigation of SOx, NOx, and CO formation in pressurized oxy-combustion
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Combustion of coal, which contains a significant amount of sulfur and nitrogen, results in the
formation of several sulfur compounds (SOz2, SOs) and nitrogen compounds (NO, NO, NOz, N20,
N2). The relative concentration of these gases depends on several factors such as pressure,
stoichiometric ratio, the oxygen concentration in the flame, time-temperature profile in the boiler,
etc. Since there is no N2 in the inlet gas of the oxy-combustion process, all the N-containing gases
are derived from fuel nitrogen [15]. The two pathways of NOx formation are the gas-phase
oxidation of devolatilized coal nitrogen and the heterogeneous oxidation of char nitrogen in the
tail of the flame [16]. A simplified mechanism for NOx formation from fuel-N is given in Fig. 1.3.
In pressurized oxy-combustion, NO formed from this process can further react with CO and C to
form reduced nitrogen species. Several studies have focused on NOx emissions from atmospheric
oxy-coal combustion. However, NOx emissions from pressurized oxy-coal combustion are not well
understood. Several factors relevant to pressurized oxy-coal combustion, such as high CO2
concentration, higher oxygen concentration in the flame compared to air combustion, and high

pressure, affect the NOx formation, which requires further investigation.
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Figure 1.3 The overall mechanism of NO formation and reduction [16]
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During combustion, most of the sulfur in coal is oxidized to SOz, while a small percentage is further
oxidized to SOs. Studies of atmospheric oxy-coal combustion by various researchers suggest that
the amount of SO3 produced in oxy-coal combustion is several times more than that in air
combustion [17], [18]. A review on SOx emission in oxy-coal combustion found a 14-30%
reduction in the quantity of SOz emission per kg of coal [19]. The study concluded that the
reduction in SO2 emission could indicate sulfuric acid condensation in the boiler. A theoretical
study on the formation of SOs in a pressurized oxy-combustion environment by Wang et al.
concluded that the interaction of SOx and NOx significantly accelerates the conversion rates of SO2
to SOs at elevated pressures (10-15 bar) in the post flame region [20]. Ilic et al. reported that sulfur
retention in ash particles also increases with the concentration of SO2 and oxygen in the flue gas
[21]. Both SOs formation and sulfur retention should decrease the conversion of fuel S to SO2 in
the downstream flue gas. Therefore, there is a need to understand the impact of pressure in oxy-
coal combustion on the formation of SO2. It is also prudent to analyze the effects of excess oxygen

concentration in the flue, as it is relevant to design a suitable removal process.

To investigate the formation of NOx and SOx in the flue gas, we conducted experiments in a 100
kWin pressurized oxy-coal combustor. In addition to SO2 and NO, the formation of CO was also
investigated since it is critical in understanding the reaction kinetics in the flue gas and the state of

combustion.

1.1.1 B) Development of DCC for removal of SOx and NOx



The DCC is a reactive-absorption column designed to condense the latent heat of moisture and to
remove SOx and NOx from the flue gas to the desired concentrations. The removal of SOx and NOx
in the direct contact cooler can be characterized based on four major physicochemical processes —
1) The gas-phase reaction kinetics of NOx and SOx, 2) the interfacial absorption of SOx and NOx
in water, 3) The liquid phase kinetic interaction between dissolved SOx and NOxand 4) The high-
temperature condensation of the moisture from the flue gas. Therefore, the understanding and
optimization of all four processes is essential for the development of DCC. The overall pathway

of technological development for DCC is presented in Fig. 1.4.
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Figure 1.4. Technology development of DCC



The gas-phase chemistry mainly comprises NO oxidation to NO2 and a small amount of N20O4 and
N20s. The oxidation kinetics of NO to NO: is reasonably well understood compared to the liquid
phase reaction between dissolved NO2 and SO2[22]. The absorption of NO2 in water results in the
formation of HNO2 and HNOs, and the absorption of SOz results in the formation of HSOs-. While
HNO:s is relatively stable, HNO2 reacts with HSOs- to form several products, including HSOs-.
The most detailed chemistry of this interaction in the acidic medium was proposed by Chang et al.
They reported that HNO2 and HSOs- react to form NSS (nitrososulfonic acid), which further reacts
to form different products, depending on the pH and the relative concentration of reactants [23].
Susianto et al. further reduced the early-stage kinetics of the system into two different pathways,
presented in Fig. 1.5. They reported that, in pathway 1, NSS further reacts either HSOs- to form
HADS, and in pathway 2, NSS hydrolyzes to produce HSO4- and N20[24]. However, the Kinetics
of these reactions, especially at lower pH and a higher temperature, is not well developed. Since
the removal of SOz depends upon the extent of liquid-phase reactions, it is imperative to understand
the reaction kinetics in conditions relevant to DCC. Therefore, we conducted bench-scale liquid
phase experiments to understand the kinetics of interaction between HNO2 and HSOs- over a range

of pH and temperature.

1
NO;, + HSO; —— HADS
2

HSO; + N,0

Figure 1.5 Reduced Liquid phase mechanism presented by Susianto et al[24]



An elaborate reaction mechanism for the DCC for a pressurized oxy-combustion system was first
presented by Normann et al. [25]. This model, shown in Appendix A, included 34 reactions and
several intermediates. This model was later reduced by Ajdari et al. to include between 7 —12
reactions depending on the pH of the system [26]. This model is presented in Appendix B.
Although they are detailed, these models consist of several species which are difficult to measure.
Therefore, in this work, we have tried to develop a novel model of optimal complexity (MOC)
which meets three requirements: 1) it must be sufficient to model the SOx/NOx removal process
accurately. 2) it must be observable, i.e., it must include only concentrations of substances that can
be monitored during the reaction, 3) it must be significant, i.e., only steps with a significant
contribution to the rate of the observed substances should be included in the model, and 4) it should
produce an analytical equation that can be compared with experimental data. A 5-step model was
developed using analysis from bench-scale experiments and analytical and modeling analysis of

the reaction system.

The next step of DCC development focused on performing experiments in a pilot-scale absorption
column to understand the transport and the Kinetics of the system and to validate the reduced
model. The experiments performed for the co-removal of SOx and NOx at high pressure are limited
to lab-scale systems and a narrow range of system parameters [27], [28]. Additionally, no modeling
or experimental studies have explored the impact of temperature on the removal kinetics.
Therefore, to understand the factors relevant to the DCC of a SPOC process, we performed
experiments on a pilot-scale absorption column with a 0.2 m diameter and a packing height of 2.3
m. The impact of O2 concentration, residence time, system pressure, inlet gas temperature, SO2/NO
ratio, and liquid to gas (L/G) ratio on the scrubbing of SO2 and NO were systematically explored

using a synthetic flue gas. Moreover, experiments were designed to understand the extent to which



liquid phase interaction between HNO2 and HSOs- impacts the removal of SO2 from the flue gas.
Finally, a process model of DCC was developed in Aspen Plus to validate the kinetic model based
on the experiments. The model enables us to interpret the results better and to design an optimized

full-scale system.

The validated kinetic model was used to develop a full-scale DCC for a 550 MWe pressurized
oxy-combustion power plant in the final step of the DCC technology development. A few models
have been developed for DCC using detailed Kkinetics, however, they have not considered the
impact of moisture condensation in the column [29]. Additionally, in POC, the L/G ratio is
constrained to maintain a high outlet liquid temperature, complicating the removal process. The
heat transfer, the reaction kinetics, and the mass transfer process interact with each other and have
different time constants. Therefore, a process model of DCC is developed and optimized in Aspen
Plus for maximizing the SOx and NOx removal while maintaining the maximum water outlet
temperature. A basic and optimized model design is compared to show how decoupling heat
transfer provides better removal for the same column size and diameter. We believe that the overall
development of DCC kinetics and model will be helpful to design removal process for different
coal types, along with biomass combustion with carbon capture and cement plants with carbon

capture using solid fuels.

1.1.2 Process Development

The second section of the thesis focuses on two central questions related to process development:
1) the impact of flue gas recycle on power plant efficiency and finding an optimum recycle ratio,
and 2) developing a carbon-capture ready pressurized air-combustion power plant with high

efficiency, which can transition pathway to SPOC when required.
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1.1.2 A) Impact of flue gas recirculation on the efficiency of oxy-coal power plants.

In power plants, there is a material constraint on the amount of heat flux the boiler tubes can
experience. In air combustion, the flux is limited because of the presence of nitrogen, however in
oxy-combustion, there is no nitrogen present in the flame. Therefore, oxy-combustion typically
consists of burning coal with a combination of oxygen and a large amount of recycled flue gas
(60-70%), to obtain a similar heat flux profile to that of air-fired systems. As the cost of electricity
from first-generation oxy-combustion is relatively high, several new oxy-combustion process
concepts have been proposed in recent years, and within these, the proposed amount of flue gas
recycle (FGR) has varied from near-zero to 80%. There are two impacts of the flue gas recycle on
the efficiency of the plant, exergy destruction in the boiler and the power consumption by the
recycle fan. Several methods , including, controlled non-stoichiometric burner design, have been
proposed to reduce the recycle flue gas [30] [31]. The staging of boiler in SPOC process also
results in a significant reduction of flue gas recycle [32]. However, the discussions on the effect of
flue gas recycle (FGR) on the power plant efficiency are often limited to fan power consumption.
Although, fan power loss is significant, it is not the most important reason for the plant efficiency

reduction caused by high FGR.

In this thesis, a fundamental thermodynamic study on the impact of designing atmospheric and
pressurized oxy-combustion systems with varying amount of FGR has not been properly
investigated. Simple algebraic equations that can be used for quantifying the impact of FGR for
any oxy-combustion plant concept are presented. The results from the model developed in ASPEN

Plus are used to confirm the accuracy of the thermodynamic analysis.
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1.1.2 B) Process design and analysis of a novel carbon-capture-ready process for flexible-

load power generation: Modular pressurized air combustion.

The consensus on the important role of CCUS to in fighting climate change globally is clear.
However, the demonstration and commercialization of the CCUS technologies, especially in
power sector has been slow [33]. This is mainly because of the high cost compared to existing
power plants. Without incentives for CO2 capture, the risk associated with these high-cost
technologies will continue to impede investment for large-scale demonstration, which in return
limits the chances for these technologies to reduce their initial costs by technological learning[34].
In the present environment, a carbon capture ready process, which has competitive performance
and economics with conventional coal plants without carbon capture, as well as critical
components that are also part of a carbon capture system, would be very attractive. The benefits
of such a process are twofold: 1) once this process is commercialized, the capital costs of those
critical components that are shared by a carbon capture process can gradually drop due to the
power of learning-by-doing; 2) when regulations or economic opportunities for CO2 capture are in
place, the installed carbon capture ready plants can be retrofit to carbon-capture plants at relatively
low cost, which reduces the investment risk by minimizing the impact of future regulations or

policy changes.

In this study, the process design of a modular pressurized air combustion power plant, which
involves burning coal in air under pressure in parallel, modular boilers is described. After

treatment, the high-pressure flue gas is passed through a series of turbines and inter-heaters to
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recover most of the compression work. This work also discusses the path to convert the modular,
pressurized-air combustion process to a staged, pressurized oxy-combustion process, which is one
of the most promising carbon capture processes. This can be accomplished by adding a frontend

air separation unit and a backend CO2 compression and purification unit.

1.2 Dissertation Outline

This thesis contains nine chapters. Each chapter is self-contained, with an introduction,
methodology, results, discussion, and conclusions section. Chapter 2 describes the formation of
SOx, NOx, and CO in a 100 kW pressurized oxy-combustor. Chapter 3 presents the Kinetic
analysis of aqueous phase interactions between dissolved SOx and NOx in a pressurized oxy-
combustion environment. Chapter 4 describes the kinetic models for DCC and presents a model
of optimal complexity used for modeling the DCC. Chapter 5 focuses on the pilot-scale DCC
experiments, including testing and understanding the impact of various parameters on the
scrubbing efficiency of SOx and NOx. This chapter also presents the validation of the kinetic model
developed in Chapter 4. Based on the validated model, Chapter 6 presents the full-scale DCC
design and optimization. Chapters 7 and 8 focus on the process development of the SPOC process.
In chapter 7, we analyze the impact of flue gas recycle on power plant efficiency. In chapter 8, a
process modeling of a pressurized air power plant is presented along with a pathway to retrofit it
to SPOC. Finally, chapter 9 lists the conclusions and future work to understand existing systems

better and enable new work.

There are 4 appendixes referenced, the first two are referenced throughout the thesis. Appendix A
presents the kinetic model presented by Normann et al [25] which forms the basis of the model
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presented in this work. Appendix B presents the reduced kinetic model by Ajdari et al [26].

Appendix C contains the Curriculum Vitae and Appendix D contains the transcript.
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Chapter 2. Understanding SOy, NOy, and CO

formation in 100 kW pressurized oxy-coal

combustor.

2.1 Introduction

The global energy market has been driven towards a low-carbon future to minimize the
environmental impact of electricity generation. Renewable energy, especially wind and solar, has
been growing at an unprecedented rate in the last decade. However, the intermittent and seasonal
nature of wind and solar power presents a major challenge to grid reliability [1]. To protect the
grid, dispatchable low-carbon sources are required, which will largely come from carbon-capture-
equipped fossil-fuel plants [2], especially for industrial countries like the US and China. Based on
projections from the International Energy Agency, coal will continue to be a major fuel source in
the world in the long term due to its abundance and low price [3]. Future coal plants will need to
be not only efficient and low carbon but also flexible in order to meet the demands of a highly

variable grid [4].

Carbon capture technologies for coal plants can be grouped into three categories: pre-combustion
capture, post-combustion capture (PCC), and oxy-combustion. All three are expensive, but oxy-
combustion has been shown to be competitive with the other two in terms of plant efficiency and
cost [5]. In recent years, pressurized oxy-combustion (POC) received much attention due to its
potential for improved plant efficiency and reduced costs compared with conventional atmospheric
oxy-combustion [6]. The basis of POC is that since the CO2 product of a carbon capture plant must
ultimately be pressurized for geo-sequestration or enhanced oil recovery (EOR), there is minimal
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net pumping cost for operating under pressure because it requires about the same amount of energy
to compress the Oz stream as it does the CO2 stream. However, under elevated pressure, the
moisture in the flue gas can be condensed at a higher temperature, enabling the recovery of the
latent heat of the moisture, which improves plant efficiency [7]. Moreover, under elevated
pressure, SOx and NOx can be removed by a simple water wash column [8], which significantly
reduces the capital and operational cost compared with traditional pollutant removal units — e.g.,
flue gas desulfurization (FGD) for SOx removal and selective catalytic reduction (SCR) for NOx
removal [9]. The staged pressurized oxy-combustion process (SPOC), which is one of the most
promising POC technologies because of its high efficiency, is presented in Fig. 2.1. The efficiency
improvement is accomplished by minimizing FGR and operating with a dry feed. Process analysis
has shown that FGR reduces plant efficiency, but the impact is minimal for FGR below 30% [10].
Thus, the SPOC process limits FGR to 30% and utilizes a staged combustion concept to control

combustion temperature in the boiler without resorting to slurry feed, which reduces efficiency.

CO;, Product

Inert Gases

Coal —+ Coal Feeding >

FGR
FGR

HP Heat

Recovery

PM Filter

Legend

ASU: Air Separation Unit CPU: CO, Processing Unit BFW: Boiler Feed Water HPFW: High Pressure Feed Water

DCC: Direct Contact Column FGR: Flue Gas Recirculation SC: Steam Cycle LPFW: Low Pressure Feed Water

Figure 2.1 Simplified process flow diagram for a four-stage modular SPOC process.
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High pressure and combustion atmosphere have a significant impact on the emissions of pollutants.
However, there are limited experiments to understand the emission of CO, SOx, and NOx for a
pulverized pressurized oxy-coal combustion, especially at a large scale. Lab-scale studies provide
some important understanding of the directional influence of various factors on pollutant emission.
Hu et al. conducted lab-scale oxy-combustion experiments and reported that NOx emission was a
weak function of inlet oxygen concentration but a strong function of equivalence ratio[11]. They
concluded that more fuel-N was converted to NOx due to the oxidizing atmosphere, resulting in a
high NOx emission index. They also found that SOz concentration increases with the increase in
equivalence ratio in the fuel-lean region. Croiset et al. performed. experiment in a 0.21 MW
combustor with 5% excess oxygen[12]. Their results suggest that flame temperature strongly
impacts NOx emission, as their NOx emission increased with increasing oxygen concentration in
the inlet gas. They found a weak impact of flame oxygen concentration on the emission of SOz. In
an experiment by Fleig et al. in a lab-scale combustor in an oxy-combustion environment with 4%
excess oxygen, they concluded that S to SO2 conversion is a function of combustion temperature,
with SOz release increasing at higher temperatures [13]. They also reported that the %S conversion
SOz is reduced significantly in oxy-combustion experiments. Apart from higher retention, higher
SOs was also observed in this experiment, mainly increasing in the oxy-fuel condition in the post-
flame region. Kaznac et al. performed similar experiments in an electrically heated laboratory
drop-tube furnace [14]. They reported that the conversion of sulfur to SO2 was higher for low
oxygen concentrations and decreased sharply with oxygen. For low sulfur coals, the conversion
was well below 50%. Similarly, the N to NO conversion was also low and increased marginally
with oxygen concentration. Zan et al. performed oxy-combustion experiments in a pressurized

tube furnace and measured the emission of NOx with change in pressure, tube temperature, and
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moisture in the flue gas[15]. They reported that an increase in pressure suppresses NO formation

by a reduction with char and CO and higher residence time.

Up till now, there have been very few experimental studies on dry-feed oxy-coal combustion under
pressure, especially in pilot-scale combustors. Pilot-scale testing is critical to the development of
the dry-feed, pressurized PC boiler for the POC process. It demonstrates the conceptual design and
provides a deeper understanding of the combustion characteristics. The goal of this work is to
presents the first experimental results of pilot-scale, dry-feed, oxy-coal combustion under pressure.
The experiments were conducted on a 100 kW pressurized combustor designed and constructed
at WUSTL. This work aims to understand the formation of SOx, NOx, and CO in the flue gas under
varying combustion parameters. Because the power consumed in oxygen production in the ASU
is one of the biggest factors that reduces the efficiency of the POC power plant, the impact of
excess oxygen on the SOx, NOx and CO formation is explored in detail. Moreover, the impact of
pressure is also investigated to understand an optimum pressure for better combustion
characteristics and SOx and NOx formation. We believe that the understanding the formation of

these pollutants will lead to a better design of both combustion and removal processes.

2.2 Experimental Methods

The POC facility at WUSTL is rated at 20 bar and 100 kW thermal input. Figure 2.2 shows a
schematic of the entire facility. Oz and CO2 are both provided by bulk liquid tanks. Methane is
used for ignition and preheating before switching to coal and is supplied by high-pressure
cylinders. Coal feeding is designed as a batch process to avoid the need for a lock hopper system.

The screw feeder delivers coal to a linear vibratory feeder contained in an 8” transfer pipe during
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operation. A small CO:2 stream flows through the coal pressure vessel, the transfer pipe, and the
burner to assist with coal transport. The refractory-lined furnace is contained at the center of the
main pressure vessel. A stream of CO2 purge gas is fed into the annular space between the furnace
and pressure vessel wall from the top of the vessel and leaves the vessel from the bottom. During
operation, the pressure outside the furnace is kept equal or slightly higher than that inside of the
furnace, such that flue gas leakage to the pressure vessel can be avoided. The flue gas from the
furnace is cooled by a water spray generated by six nozzles in the water quench section. In all the
experiments, a mixture of 70 vol% CO2/30 vol% O: has been used as oxidizers for ignition. After
ignition, the furnace is preheated for about 2 hours using the gaseous flame at around 50 kWth.
Then the fuel is gradually switched to coal. Powder River Basin coal is used for the experiments,

with the proximate and ultimate analyses provided in Table 2.1.
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Figure 2.2 Schematic of the 100 kW, pressurized, oxy-fuel combustion research facility

An oil-cooled bottom sampling probe, maintained between 225 — 240 °C, is used to sample the
flue gas. The oil temperature is chosen to avoid the condensation of SOs in the sampling probe.
The gas coming out of the probe is filtered in a candle filter to remove and collect the ash particles.
A small flow rate (< 2 slpm) of flue gas is depressurized and condensed to remove the acids in the

ice-cooled condensation tank. A Testo gas analyzer is used to analyze the concentration of NO,
NO2, SO2, CO and O2
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Table 2.1 Main properties of the coal used in the experiment

Proximate analysis (wt% ar) Ultimate analysis (wt% daf) HHV (MJ/kg)
Moisture VM FC Ash | C H @) N S 2047
27.42 31.65 36.43 45 |73.81 501 1991 095 0.32 '

Particle size distribution
Particle size (um) 44 75 105 150 250
Cumulative distribution % 53 62 |70 80 95

2.3 Results and Discussion

2.3.1 CO formation

Figure 2.3 (a) presents the change in concentration of CO with flue gas oxygen concentration at
10 bar and 15 bar. The experiments were repeated at least twice to establish the reproducibly of
the results. The residence time in the combustor was kept approximately constant in both the cases
to just compare the impact of pressure. The oxygen concentration in the flame was maintained
around 30% in all cases. The flue gas excess oxygen concentration was changed by changing the
stoichiometric ratio of the flame. It is evident that the at low excess oxygen concentration (< 2%
v/v) the CO formation at 10 bar is very high compared to 15 bar. At an O2 concentration of 1% v/v
in the flue gas, the concentration of CO changes from around 600 ppm to around 3800 ppm. The
gasification reaction (R1) is enhanced at higher pressure, leading to higher CO production via char
reacting with CO2. The gasification is slower at 10 bar compared to 15 bar, and continues for much
longer time, limiting the time for CO oxidation(R2). Moreover, a higher Oz partial pressure in the
flue gas at 15 bar compared to 10 bar leads to a faster combustion of CO. Additionally, higher
pressure also results in a lower equilibrium concentration of CO, shifting the equilibrium towards

CO:a.
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C+C0, > 2C0 (R1)
CO+50,> COp oo (R2)

In the previous study on the same system, Yang et al. found that at 15 bar, 1% O concentration in
the exit flue gas led to almost complete combustion of coal particles[16]. Therefore, it should be
noted that, at higher pressure the combustor can be operated at much lower O2 excess oxygen
concentration than what is generally accepted in current power plants (3 — 5 % v/v), effectively

reducing the cost from air separation unit.
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(b)

Figure 2.3 Impact of O, concertation on CO formation for a) different pressures b) different residence time

Figure 2.3 (b) presents the impact of residence time on CO concentration in the flue gas. At 15
bar, the total flow of thermal input was systematically reduced, which effectively changes the
residence time in the combustor. At 70 kWi condition, the residence time is too low for CO to
oxidize completely at lower Oz concentrations. However, above a concentration of 3% v/v of Oz,
the residence time was enough to obtain a similar CO concentration in each case. As expected, at
30 kWi load, which had the longest residence time, the CO concentration remained low even for
very low concentration of oxygen. It should be noted that, apart from residence time, this profile
also includes the impact of combustor wall temperature. At 70 kWi, the wall temperatures were
50 °C higher than 50 kWth, and almost 150 °C degrees higher than 30 kWth. However, this makes
the trends even more impactful because n at lower wall temperatures, the combustion was
completed at 30 kW, a higher wall temperature, similar to 70 kW, would result in even lower

CO in the flue gas.

2.3.2 NO formation
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Figure 2.4 Impact of O, concentration on NO formation at 10 and 15 bar

Figure 2.4 (a) presents the impact of pressure of NO concentration in the flue gas. The conditions
were maintained similar to the description in Section 2.3.1 for CO formation. At both pressures,
NO formation increases with the increase in Oz concentration in the flue gas. There isa 3 to 4
times increase in NO concentration when Oz concentration changes from 1 to 5% v/v. Higher
oxygen leads to higher NO formation because of a shorter time for coal burnout. The reducing
species are oxidized quickly, leading to higher NO concentrations. This trend is visible at both 10
bar and 15 bar experiments. However, the NO formation at 15 bar decreases as compared to 10
bar for a similar Oz concentration in the flue gas. There are two main reasons for this- 1) At higher
pressures, there is a higher resistance to NO diffusion out of the char particle, which results in a
longer residence time of NO inside the char, resulting in a reduction from char and forming N2. 2)
At higher pressures, the CO concentration in the flame region is higher because of the gasification

reaction. It has been observed that CO reduces NO to N2 at higher pressure.
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Figure 2.4(b) presents the percent of fuel-N converted to NO. Although the fraction of fuel-N
converted to NO increases with increasing Oz concentration in the flue gas, it is still below 5% for
an oxygen concentration of around 5%. Other studies have observed low fuel-N to NO conversion.
For example, Kaznac et al. [14] observed 25 — 30% conversion at atmospheric pressure and CO2
environment in a drop tube furnace, and Lupianez et al. [18] found around 10 — 25% conversion
of fuel-N to NO in a fluidized bed combustor. It is clear that a significant reduction in NO
formation can be seen at high pressures, CO2 combustion environment compared to atmospheric
pressure combustion, potentially owing to a higher diffusion of CO in the char particles and lack

of thermal NOx.

The flue gas was also analyzed for NO2 concentration in each experiment. Less than 5 ppm of NO2
was observed at a very high oxygen concentration in the flue gas (10% v/v Oz), but that could be
a result of oxidation of NO to NO:2 in the sampling probe. The concentration of N2O was not
measured in these experiments. Studies have reported some formation of N20O in oxy-combustion,
however significantly lower than atmospheric oxy-combustion. The concentration of N2O will be

studied in future experiments.

2.3.3 SO, formation
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Figure 2.5 Impact of O, concentration on SO, formation at 10 and 15 bar

Figure 2.5(a) presents the change of SOz concentration with flue gas Oz concentration at two
different pressures. The experimental procedure for these experiments were the same as that of CO
formation experiments discussed in Section 2.3.1. The amount of SO: in the flue gas goes down
with oxygen concentration at both 10bar and 15 bar pressures. However, the impact is much
stronger at 15 bar. At a stoichiometric ratio close to 1, corresponding to a very small O:
concentration in the flue gas, the SOz concentration in the gas was very high. This is mainly
because, in the absence of oxygen, both SO3 formation and retention of sulfur in ash are very low.
However, at higher oxygen concentrations, there is a higher potential for SOsformation. This effect
is even higher at 15 bar, compared to 10 bar, mainly because of interaction with NO in the post

flame region as described by Wang et al. [8].

Figure 2.5 (b) presents the fraction of fuel-S converted to SO2. Comparing close to 3% O:2
concentration in the flue gas, at 10 bar, 44% fuel-S is converted to SO2 compared to 33% at 15

bar. Fleig et al. reported close to 45% conversion of fuel-S to SO2 at atmospheric pressure oxy-
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combustion at an oxygen concentration of 30% in the flame [19]. At similar conditions, we see a
significant reduction at higher pressure. However, considering the impact of coal type in SO:
formation, it is difficult to make a direct comparison. Similar values have been reported for other
oxy-combustion experiments, ranging from 30 — 60% depending on the coal type. In an
atmospheric oxy-combustion experiment performed for a similar PRB coal, Ahn et al., found close
to 20% conversion of fuel-S to SO2. However, close to 40% sulfur was retained in the ash[17].
Additionally, at high pressure, the partial pressure of SOz in the flue gas is high, which results in
a higher potential for sulfation. It has also been reported that CaSO4 decomposition is reduced at
higher SOz concentrations. Therefore, the impact of pressure on fuel-S conversion to SOz may be

because of several factors and not a result of SOz formation alone.

It has been reported that higher pressure also results in higher diffusion of SO2 and Oz in the ash
particles, which results in larger retention of sulfur in the ash particles. Although the experiments
did not measure ash sulfur retention systematically, an SEM-EDX analysis of the ash collected
from the filter at 15 bar and 3% O2 concentration revealed significant retention of sulfur in ash.
Since only a small amount of ash was collected on the filter, it is difficult to generalize the retention
of sulfur to total ash in coal, however, based on retention of sulfur in similar coal combustion
experiments, and it is probable that retention is the bigger factor[17]. Further studies are required

to verify this hypothesis.

2.4 Conclusion

The investigation of the formation of CO, NO and SO: in the pressurized oxy-combustion is

important to understand the combustion characteristics and to design a removal process. To
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understand the formation of SOx, NOx, and CO under pressure, we performed experiments in a
100 kWth pilot-scale combustor under a range of excess oxygen concentration and residence time.
The results suggest that CO concentration in the flue gas decreased at a higher pressure and at
higher Oz concentrations because of the impact of gasification of char in the presence of CO2 and
higher O2 partial pressure in the gas. This implies that combustion at 15 bar can be accomplished
with lower excess oxygen (1% v/v), which can reduce the cost of O2 production compared to

atmospheric oxy-combustion where 3 — 5 % excess Oz is required.

The study also found a significant reduction in NO formation at higher pressure. This is mainly
because at higher pressure, there is a reduction in the diffusion rate of fuel nitrogen out of the char
particle, extending the residence time for potential reduction to N2. The concentration of NO went
up with excess Oz concentration in the flue gas, suggesting that lower O2 is better for NO emission.
However, very low NO concentration may be a potential problem for SO2 removal in the direct
contact cooler. Finally, SO2 concentration decreased with excess Oz concentration in flue gas at
both 10 bar and 15 bar. This is mainly because at higher pressure, there is higher retention of sulfur
in ash and also higher SOs formation. A higher Oz concentration also resulted in lower SO2
formation, which agrees with the hypothesis since higher O2 enhances both SOs formation and
retention. Further studies are suggested to understand the formation of N2O, SOs, and ash sulfur

retention as they may be critical for understanding the overall balance of sulfur and nitrogen.
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Chapter 3. Kinetic analysis of aqueous phase

interactions between dissolved SOy and NQOx in

a pressurized oxy-combustion environment

3.1 Introduction

Pressurized oxy-combustion (POC) of coal is a promising technology for efficient power
generation with carbon capture, utilization, and storage (CCUS)[1]. In POC, coal is combusted at
elevated pressure with oxygen to produce a flue gas stream primarily comprising of CO2 and H20.
Due to high pressure, the moisture in the flue gas can be condensed at a higher temperature to
recover the latent heat, enhancing the efficiency of the POC power plant[2]. Depending on the
amount of sulfur and nitrogen present in the coal, the flue gas also contains oxides of sulfur and
nitrogen, predominantly SOz and NO[3]. At low temperatures, SOx and NOx form corrosive acids
such as H2SO4 and HNOs in the presence of water vapor and oxygen. The condensation of these
acids carries the potential to severely damage the metallic equipment, such as pipes and
compressors[4]. Therefore, it is critical to remove the SOx and NOx from the flue gas to avoid

damage during compression and transportation of the product CO2 stream[5].

Several researchers have proposed a direct contact cooler (DCC) - a reactive-absorption column
that uses water to remove SOx and NOx from the flue gas[6,7]. Since the latent heat recovery is
not an objective for atmospheric pressure oxy-combustion power plants, the liquid to the gas ratio
(L/G) in the column is not constrained. Hence, the DCC is designed as a low-temperature process

with higher L/G flexibility. However, for the POC power plant, the increase in power plant
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efficiency depends on the outlet DCC water temperature; therefore, the L/G in the column must
be maintained as low as possible. The L/G constraint presents an additional complication of high-
temperature SOx and NOx removal. This also poses a limit on the pH of the water inside the
column, which impacts both the absorption and the reaction kinetics. The conditions inside the

DCC of a POC power plant can range from the pH of 2 to 4 and temperatures of 25 — 160°C [2,8].

There are four major physicochemical phenomena taking place inside the DCC: 1) the reaction of
NO in the gas phase producing NOz, 2) the absorption of NO2 in water to form HNO2 and HNOs,
3) the absorption of SOz in water to form HSO3" and, 4) the aqueous-phase reactions between the
dissolved HSOs  and HNO2. While the first three phenomena have been investigated in detail by
several researchers[9][10], the liquid phase chemical reactions between HNO2 and HSOs" lack
comprehensive understanding, especially in conditions relevant to the DCC. Since the reaction
between HSOs  and HNO2 enhances the absorption of SO2 and NOz2, understanding the liquid phase

Kinetics is vital for designing an effective scrubbing process[11].
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Figure 3.1. Liquid phase reaction mechanism between HSO3; and HNO; proposed by Chang et al. [12]

Chang et al. proposed a comprehensive liquid phase reaction mechanism between HSOs™ and
HNO:2, which included all possible intermediates and products[12]. The mechanism is presented
in Fig. 3.1. They reported that in the first step, HNO:2 (aq) and HSOs"(aq) react form nitrososulfonic
acid (NSS (aq)). NSS further reacts according to one or more of the three pathways depending on
the pH of the solution and the relative concentrations of the reactants: (1) Reaction with HSO3(aq)
to produce hydroxylamine disulfonate (HADS), (2) Acidic hydrolysis to form HSO4 (agq) and
hyponitrous acid (H2N202(aq)), which subsequently decomposes to produce N20 (g) and, (3)
Reaction with HNO2(aq) to form HSO4 (ag) and NO (g). Based on the conclusion from Chang et
al., Oblath et al. [13,14] conducted multiple studies to understand the impact of pH and measure
the Kinetic constant of the three reaction pathways. They found that above the pH of 4, NSS(aq)
only reacted with HSO3'(aqg) to produce HADS(aq) and reported the reaction mechanism and
kinetic constants. They also noted that below the pH of 3.2, there was a significant formation of
N20(aq) because of the acidic hydrolysis of NSS(aq). While this study provided a good insight
into the reaction products at different pH values, detailed kinetics below the pH of 4 were not
studied. Moreover, since their experiments were limited to room temperature, they did not address

the stability of HADS as a function of temperature.

1 2
HNO2(ag)+ HSOs (a0}——> NSS(ag)—> HADS(aq) ——> Y(aq)
v 3
Nz0(9)

Figure 3.2 Liquid phase mechanism presented by Susianto et al. [15]. Y represents the product of its
acidic hydrolysis, whose composition is ill-defined.
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Building on the previous work by Chang et al. and Oblath et al.[12,13], Susianto et al.[15]
conducted liquid phase experiments to investigate reactions between nitrite and sulfite ions
relevant to flue gas systems. They did not observe NO (g) formation at a pH range between 2 — 4
and, therefore, discarded the viability of the reaction between NSS(aq) and HNO2(aq) under these
conditions. They effectively reduced the reaction mechanism from Chang et al. to two parallel
reactions, shown in Fig. 3.2. Three major findings from this work were reported: (1) At room
temperature (25 °C), at a pH less than 1, the reaction between HNO: (aq) and HSOzs(aq) is fast,
and all nitrite ion is converted to N2O(g) and HSO4 (aq) (pathway 3 in Fig. 2); (2) Between pH 1
and 4, all three reactions take place simultaneously; and (3) When pH is close to 4, nitrite ions can
be completely converted into HADS(aq) and no N20(g) is produced (pathway 2 in Fig. 2). The
also provided the kinetic constant for the formation of HADS (aq) at the pH of 4 but did not discuss

the Kinetics at higher temperatures.

The kinetic studies in the literature are limited to the interactions of HSO3  and HNO2 at room
temperature and comparatively high pH (> 4)[13]. Hence, there is a distinct lack of kinetic data
for the conditions relevant to DCC operation. In this work, we evaluate the reaction dependencies
and kinetic constant for the reaction between HNO:2 (aq) and HSOzs(aq) in the conditions relevant
to the flue gas of pressurized oxy-combustion. We discuss the effect of temperature (between 21
and 80°C) and pH (between 2.5 and 4) on the two viable reaction pathways. Moreover, we analyze
the relative formation of HADS and HSO4 with the change in pH and temperature and present the
relative Kinetic constants for the reactions. Additionally, a qualitative analysis of the stability of
HADS at higher temperatures is presented. An improved understanding of the liquid phase

chemistry obtained from this study should help design an efficient scrubbing system, which
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remains one of the critical steps in developing POC for carbon capture, utilization, and

sequestration (CCUS) EOR.

3.2 Materials and Methods

The reactions were studied in the agueous phase (aq) using a 100 mL stirred borosilicate reactor.
A water bath was employed for the temperature control of the reactor. Aqueous solutions for HSO3"
, HNO2, and HNO3 were prepared by dissolving NaHSO3 (A.C.S Reagent Grade), NaNO2 (A.C.S
Reagent Grade), and NaNOs (A.C.S. Reagent Grade), respectively in de-ionized water. The initial
pH for the solution was attained using a standard solution of phosphoric acid and NaOH, owing to
their non-reactivity with any other compound in the reaction system[15]. The pH of the solution
was continuously measured using a pH meter. To study the reactions with relevant concentrations
to POC, initial molar concentrations of 3 x 10-3M HNO2 and HSOs were used for all the reactions.
The reactor was tightly sealed to avoid evaporation at high temperatures. Samples were taken on
an average of every 15 — 20 seconds over 5 minutes and capped and stored for analysis. For

accuracy, at least two replication for each experiment were performed.

The storage methodology was adapted from Susianto et al.[15], which uses a combination of 1 x
10 M (A.C.S Reagent Grade) D-mannitol solution at a pH of 12. The high pH seizes the sulfite
and nitrite interactions, and D-Mannitol prevents sulfite oxidation to sulfate, providing a stable
solution for sample storage. All solutions were analyzed within 6 — 8 hours of initial storage. Each
sample was analyzed in an lon Chromatograph (Dionex ICS-1600) with an lonPac AG22 column
and an ASRS 300 Suppressor capable of quantifying HNO2, HNOs, HSOs and HSOg«

concentrations. This column was unable to detect the presence of HADS. The accurate
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determination of the initial ion concentration coupled with a sulfur and nitrogen mass balance was

used to reasonably estimate the HADS formation.

3.3 Results and Discussions

3.3.1 The effect of pH on the reaction between HNO2 and HSOs
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Figure 3.3. The effect of pH on HNO,and HSOs™ consumption rates at 22 °C.

The experiments were conducted by mixing the initial moles of HNO2 and HSOs' in a stirred batch
reactor and taking a sample an average of every 15 seconds. The experiments at each condition
were repeated twice to ensure reproducibility. From the perspective of the gas cleanup process, the
main objective is the rate of consumption of HSOs3" in the liquid phase. The consumption of HSO3

via reaction with HNO:2 will increase the dissolution of SO2 to maintain the gas-liquid equilibrium
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between SO2 and HSOs". The results presented in Fig. 3.3 clearly illustrate that the rate of
consumption of HSO3 goes up as the pH of the system goes down, giving a clear assertion that a
low pH is good for removal of SOz, barring other factors. The same trend can be seen for the
consumption of HNO2 as pH goes down from 4 to 2.5. This indicates that the rate of the first
reaction (R1) is depended on the H* concentration in solutions. However, from our analysis and
experimental design, it is hard to conclude if H* acts as a catalyst or a reactant, as it is complicated

to differentiate the acid consumption in Reaction 1 and Reaction 3.

HNO, + HSO5 - NOSO; (NSS) + H,0 (R1)
NOSO35 + HSO; — HON(S05)%~ (HADS) (R2)
NOSO3 +3H,0 = 1/2N,0 + HSO; (R3)
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Figure 3.4 Correlation between the rate of consumption of HNO;and HSOj3 at 22 °C.
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To understand the reaction order dependencies of the species we plotted the concentration of HNO:
against HSO3, presented in Fig. 3.4. As evident from the plot, at every pH, although the slope
changes, the strong linear correlations between HNO2and HSOs". The slope merely represents the
stoichiometry of the overall reaction, the straight line confirms that both HSO3 and HNO: are
consumed in the reaction with the same order, even at pH as low as 2.5. This result is corroborated
by the hypothesis from Oblath et al.[14], which states that Reaction 1 is slower than 2 and 3 and
hence the rate of Reaction 1 alone can sufficiently account for the rate of consumption for both the
reactants. Although Oblath et al. performed the analysis only up to a pH of 3.2, this study confirms
that Reaction 1 remains the slower reaction for as low as pH of 2.5. This also makes the individual

calculation of rate constants for Reactions 2 and 3 difficult.

_dlHNOp) _ b 1dIHS03]
——ZX =R, =

dt v dt

(Eq. 3.1)

Since both reactants are consumed at same reaction rate, Equation 1 mathematically represents the
kinetic dependency of the rate of consumption of HNO2 with HSOs", where v is the stoichiometric
constant for the global consumption of HSO3™ per mole of HNOz2. The slopes from Fig. 4 represents
the overall stoichiometry of the three reactions system. At a pH of 4, the consumption of HSO3"
per mole of HNO: is around 1.89, and it starts to go down, as the pH drops, to a value of almost
1.17 at a pH of 2.5. This suggests that in the 2" part of the reaction system, with Reaction 2
competing in parallel with Reaction 3, the reaction shifts from Reaction 2 to Reaction 3 as the pH
of the system goes down. A value of 2 would represent only the formation of HADS, which makes

the result consistent with the results observed by Susianto et al., above pH 4[15].
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Figure 3.5. The effect of pH on HSO4 and HADS formation rate at 22 °C.

The products of the reaction system are also a good fingerprint for a better understanding of the
competing Reactions 2 and 3. The production of HSO4 and HADS is presented in Fig. 3.5, which
shows that a decrease in pH results in an increase in HSO4 formation rate, indicating that the
Reaction 3 pathway is more prevalent at lower pH, which is corroborated by results from Pires et

al.[16], where they found that the rate of formation of N2O is a maximum at pH of 0.

The formation of HADS in Fig. 5 shows a more complex dependence on pH with the rate of
Reaction 1 going up as the pH goes down with a reduction in the ratio of HADS/HSO4, as the
selectivity shifts towards Reaction 3. The rate of formation of HADS before 50 seconds, is higher
at lower pH (2.5 and 3) compared to higher pH, but the final concentration of HADS plateaus as
HSO4 formation is selectively preferred at lower pH values. However, HADS production rate
remains constant at higher pH values (3.5 and 4), and the overall concentration of HADS continues

to climb without a significant reduction till 300s. It also implies that while the formation of HADS
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is favored at higher pH, it is overall a slower process compared to the formation of HSO4", as H*
favor both Reactions 1 and 3. The split between Reaction 2 and Reaction 3, can be presented as a
function of HSOs and H*, and the rate of the overall consumption of the reactants can be correlated
with H* concentration, along with the concentrations of HSO3 and HNO2. The analysis of the rate

constants is presented in Section 3.3.

3.3.2 The effect of temperature
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Figure 3.6. The effect of temperature on the consumption of on HSO3; and HNO; at a pH of 3.

The high temperature experiments were conducted in a stirred batch reactor placed in a water bath
to maintain a constant temperature. The experiments were conducted twice for every condition to
ensure reproducibility. The increase in temperature results in an increased reaction rates for both
HSO3s" and HNO2. As evident from Fig. 3.6, HSOs™ is consumed in under 40 s at a temperature of
80 C. In respect to an overall removal of SO2 from the gas phase, there are two opposing dynamics
at play here. Higher temperature typically reduces gas absorption in the liquid phase, which should

reduce SOz absorption barring any liquid phase interaction of the absorbed SO2. However, as seen
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in Fig. 3.6, higher temperature enhances liquid phase consumption of HSOs" through reaction with
HNO2. With an increases in the consumption rate, for a given residence time, the absorption of
SOz will increase through the liquid phase reaction pathway. The effective rate of absorption of
SO2 in a steady state process, will result from the combination of both the two competing
dynamics. The same can be said for the temperature dependence of the absorption of NOzand the
rate of liquid phase reaction. Moreover, the analysis of the rate of the consumption of HNO: and
HSOs suggest that the rate order remains the same, denoting that the formation of NSS remains
the slower step. Additionally, comparing the rates of consumption of the reactants at different
temperatures, similar to Fig. 3.5, suggests that the ratio of consumption of HSO3" to HNO:2 ranges
between 1.32 and 1.22. Although there is a slight decrease at higher temperatures, the calculation
was performed using fewer points (just 3 points for 80 'C) because the reaction completes very fast.
Hence, it can be safely assumed that split between HSO4 and HADS remains almost in the same

range up to a temperature of 80 C.
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Figure 3.7. The effect of temperature on the formation of HSO4 for an extended time period. The lines
mark the point where all of HSO3- was consumed.
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It is also observed in Fig. 3.6(a) that at higher temperatures, the consumption of HNO2 shows and
interesting trend after the reaction of HSOs is completed (i.e., all the HSO3 is consumed). The
concentrations of HNO:2 continued to go down slowly with time, however not with the same rate
as that of Reaction 1. Additionally, the concentrations of HSO4 also slowly increased after the
complete consumption of HSO3". These trends for an extended time range are not accounted in the
reaction mechanism comprising of Reaction 1-3. In Fig. 3.7, the straight lines mark the time at
which HSOs is fully consumed for the temperature of 50 C and 80 C, as well as the concentration
of HSO4 at that point. It is evident from the figure that a further reaction is taking place resulting
in the formation of HSO4™ in conjunction with the consumption of HNO2. The mole balance for
the consumption of HNO2 from Fig. 3.6(a) and the formation of HSO4 in Fig 3.7, suggest that for
each mole of HNO2 consumed two moles for HSO4" is produced. Because the only source of sulfur
in the solution at this point is HADS, (with a 1:2 nitrogen to sulfur ratio), it appears that further
reaction of HADS is taking place at higher temperatures. According to the reaction mechanism
developed Chang et al.[12] presented in Fig. 2, there are two potential reaction pathways that could
result is this observation. The first pathway is based on a reverse breakdown reaction of HADS to
produce NSS and HSO3", where NSS then reacts according to Reaction 3 in our mechanism to
form HSO4 and N20, and the produced HSOs" reacts with excess HNO2 to form NSS again and
follow the same path (Reaction 1 and 3). In the second potential pathway, HADS goes through
acidic hydrolysis to form hydroxylamine monosulfonic acid (HAMS) and HSO4 (Reaction 4).
HAMS then reacts with HNO2 to form H2N202 (Reaction 5), which then hydrolyses to form N20O
(Reactions 6 and 7). Both Ajdari et al. [17] and Susianto et al. [15] considered this pathway, but

since their work was limited to room temperature experiments, they did not observe this trend and
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deemed the pathway less relevant. However, both reaction pathways result in the same overall

reaction; consumption of one mole of HNO:2 every two moles of HSO4™ produced.

HON(S05)%™ + HY - HSO; + (HO5S)NHOH (HAMS) (R4)
(HO;S)NHOH + HNO, — HSO; + H,N,0, (R5)
H,N,0, + H* - N,0+ H,0 (R6)
HON(S05)%™ + HNO, — N,0 + H,0 (R7)

Considering the rate of 15t and 2" part of the reaction, before and after the total consumption of
HSOs', at higher temperatures, the important thing to note is that no net formation of HSOs" is
observed, and more sulfur(1V) is oxidized to sulfate(\1). Hence the 2" part of the reaction would
not have an impact on the removal of SO2 from flue gas. However, the influence of temperature

on the complex HADS requires further investigation to determine the final product formation.

3.3.3 Reaction rate analysis
3.3.3.1 Estimation of the rate constant for the production of NSS

In Section 3.1, the analysis from Fig. 4 confirmed that the formation of NSS (Reaction 1) is the
rate-limiting step for the overall system, and hence, the rates of Reactions 2 and 3 cannot be
determined independently. Moreover, the rate of Reaction 1 is of paramount importance for gas
cleanup systems. Oblath et al.[13] and Susianto et al.[15] analyzed this reaction in the pH range of
4 — 6.5 and established the formation of NSS is first order in HNO2, HSOs  and H*. The analysis
in our study confirms that the order of the reaction remains constant for the formation of NSS up

to a pH of 2.5. Hence, the rate of formation of NSS of NSS can be represented by Equation 2,
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d[HNO,]
dt

= k1 [HNO,][HSO3][H"] (Eq. 3.2)
To calculate the rate constant for reaction 1, the rate of change of HNO:2 was used and the rate
constant was then confirmed using the rate of change of HSO3™ with the stoichiometric dependency
developed in Section 3.1. The reaction rate constant for the formation of NSS comes out to be,
(5.374 + 0.5) x 103 L2mol~2s~1. Susianto et al. calculated the rate constant of formation of
HADS at a pH of 4 to be 4 x 103 L?mol~2s™1, with the hypothesis that HADS is the only product
of the reaction. In this study, we observed the formation of HSO4  at a pH of 4, similar to the

observations by Oblath et al, however the amount of HSO4" remained small compared to HADS

formation[14,15].
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Figure 3.8 A comparison between our experimental data and HADS prediction from kinetic constants at a

pH of 4.

In Fig. 3.8, the HADS concentrations obtained from the experiment at pH 4, is compared with the
calculated HADS concentration using the Kinetic constant reported by Susianto et al. and the

kinetic constant developed in this study[15]. The calculated concentration of HADS using the
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constant by Susianto et al. and this study, provide a close estimation of HADS. Both the constants,
slightly underestimate the concentration of HADS at pH 4. The rest of the products at various pH
values, can be estimated from the kinetic constant developed in this study using the value of k;,

along with the stoichiometry calculated in Fig. 3.4.

3.3.3.2 Estimation of the relative rate constants of Reactions 2 and 3

As discussed in Section 3.1, the rate constants for Reactions 2 and 3 are difficult to calculate,
however, the data can be used to estimate the ratio of rate constants for two reactions. Considering

both reactions to be first order with NSS; the equation can be presented as;

d[H(iDS] = k,[NSS][HSO03] (Eq. 3.3)
% = ky[NSS][H*] (Eq. 3.4)
Hence,

:_: _ (d[H:tDS]/ d[H;tog])(HZI;;) (Eg. 3.5)

Using this equation for every pH, the value of % , comes out to be 1.09 + 0.4.

3

3.3.3.3 Estimation of the temperature dependence of the rate constant for the production of

NSS
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Figure 3.9 Temperature dependence of rate constant

Finally, the temperature dependence of the rate constant for Reaction 1 was calculated using the
experimental data from the temperature range of 21-80 " C. According to the Arrhenius law, the
slope represents the value of E, /R, while the intercept represents the value of the pre-exponential

factor, presented in Fig. 9. The rate constant can be expressed as k; =1.12 X
10 exp (— %) L?mol~%s~1. Because the absolute value of rate constants for Reaction 2 and

Reaction 3, are unavailable, the estimation of their individual temperature dependence will require
further investigation. However, it is not necessary for the purposes of this analysis since Reaction

1 is controlling the rate.
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3.4 Conclusions

The reaction mechanism between absorbed SOz and NO2 in water is a complicated phenomenon,
consisting of multiple steps and several chemical intermediate species. However, the complicated
mechanism can be reduced to the combination of three important reactions: (1) The reaction of
HSO3 and HNO:2 in presence of H* to produce NSS, (2) Reaction of NSS with another mole of
HSOs" to produced HADS, and (3) The acidic hydrolysis of NSS to produce HSO4". In this study,
the experimental investigation of the reaction kinetics of this reaction system was performed, to
understand the effect of pH and temperature on the system and to quantify the rate constants

required for modeling and optimization the system.

The effect of pH was studied in the range of 2.5 — 4, which is the most relevant to the scrubbing
process. First, based on the correlation between the consumption rate of both the reactants, we
concluded that formation of NSS (Reaction 1) is the limiting step for the kinetic system for the
entire pH range, and the rate of this reaction increases as the pH is reduced. Second, the production
of HADS (Reaction 2) is favored over the production of HSO4" (Reaction 3) at higher pH and vice
versa, with the concentrations of major products shifting slowly from HADS to HSO4" as the pH

is reduced.

The effect of temperature on the reaction system was studied between the temperatures of 21— 80
C, ata pH of 3. Increase in temperature results in the increase of reaction rate for NSS production,
which remains the rate-limiting step. Additionally, the split between HADS and HSO4 formation
only changes slightly with HSO4™ being favored at higher temperatures. The reaction rate constant
for NSS formation (Reaction 1) is presented and compared with the models present in literature.

The relative rate constant for HADS and HSO4 (Reaction 2 and 3) is also presented, as individual
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rate constant determination was not possible. Finally, the temperature dependence of the rate
constant for Reaction 1 is presented. The liquid phase interaction between SOx and NOx at high
temperature had not been studied before and was one of the major roadblocks for the development
of the kinetic model for high-temperature scrubbing process. The development of reaction
mechanisms and rate constants for a wide range of temperature and pH, helps in the development
of an optimized direct contact column for pressurized oxy-combustion systems, advancing a step

further in the commercialization of carbon capture technologies.
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Chapter4. Optimizing Complexity in _the

Kinetic Modelling of Integrated Flue Gas

Purification for Pressurized Oxy-Combustion

4.1 Introduction

Coal combustion remains an important source of power generation in many countries, resulting in
large emissions of COz2[1]. The reduction of CO2 emissions from coal-fired power plants is deemed
to be vital to mitigate the impact of climate change[2]. Carbon Capture Utilization and Storage
(CCUS) is considered an essential approach to reducing carbon dioxide emissions. In CCUS, CO2
is captured from the power plant and stored in suitable underground geological formations or
utilized for enhanced oil recovery (EOR) [3,4]. Among the various approaches for capturing COz,
oxy-combustion is particularly promising [2]. With first-generation oxy-combustion technologies,
combustion occurs at near atmospheric pressure using a combination of pure oxygen and recycled
flue gas, generating a relatively pure CO2 stream with water vapor and other species (oxygen, SOx,
NOx, HCI, and Hg) [5]. The flue gas is purified and compressed to make it suitable for
sequestration or EOR [6]. The compression process requires the removal of SOx and NOx from
the COz2 stream to avoid acidic corrosion in the equipment and piping. In traditional air-fired power
plants, flue gas purification consist of separate processes for removal of NOx and SOx. Typically,
a selective catalytic reactor or selective non-catalytic reactor, SCR or SNCR, is used for removal
of nitrogen oxides, while sulfur oxides are scrubbed with alkali earth salts. These methods require
large, costly equipment, parasitic loads and chemicals. Therefore, a low-cost method of flue gas
purification in oxy-combustion is needed for controlling and improving the process efficiency.
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In recent years, the integrated removal of SOx and NOx via compression of the oxy-combustion
flue gas to a pressure of 15-30 bar has been proposed. Advantages include: 1) the process is more
economical than separate removal for NOx and SOx because of the decrease in capital costs, as the
amount of large equipment is reduced; 2) the scrubbing water also cools the gas, which removes
the heat of compression; and 3) mercury can be removed simultaneously by reacting with nitric
acids [7]. However, a major challenge of the process is the presence of moisture during
compression, which can lead to acid condensation and corrosion in the equipment (sour gas
compression). On the other hand, pressurized oxy-combustion (POC) offers an attractive solution
to this problem because pressurizing the oxygen before combustion removes the need for
compression before integrated NOx and SOx removal. NOx and SOx can be removed
simultaneously in one device, a Direct Contact Cooler, or DCC, where at the same time the latent
heat from the flue gas moisture is recovered. A detailed pressurized oxy-combustion power plant
is presented in Figure 4.1. In addition to the benefits of SOx/NOx removal under pressure, the
overall efficiency for the POC process is further increased because of the latent heat recovery in

the DCC [8].
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Figure 4.1 Pressurized Oxy-Combustion process. Adopted from Akshay et al. [8]

For the development of an optimized and efficient industrial-scale process of integrated SOx and

NOx removal, there is a need to understand and simplify the kinetic behavior of various reactions

taking place in the Direct Contact Column. The goal of this chapter is to develop a novel model of

optimal complexity (MOC). Such a reduced model should meet three requirements: 1) it must be

sufficient to accurately model the SOx/NOx removal process, i.e. the steps must reflect the main

physio-chemical processes in the system. 2) it must be observable, i.e. it must include only

concentrations of substances that can be monitored during the reaction, 3) it must be significant,

i.e. only steps with a significant contribution to the rate of the observed substances should be

included in the model, and 4) it should produce an analytical equation that can be compared with
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experimental data. The novelty of this work is the development of the MOC, which includes
oxidation of NOx in the gas phase, dissolution of the corresponding oxides in water, as well as the
liquid-phase reaction, i.e., the reaction of NO- and SO- containing substances in water. Although
Normann et al. [9] and Ajdari et al. [11] have presented detailed reaction mechanisms, they were
overloaded with unknown intermediates. In this work, we have developed a model of optimal
complexity presented in terms of observed concentrations, which allows us to deduce the physico-
chemical characteristics of the system. It also allows us to derive analytical expressions for the

process and enhances our understanding of the system.

4.2 Review of kinetic models

NO, SO,
N,O,

NO

HON(SO;),> (HADS)

H,0 < H* + OH- ' /

H,S0,

Figure 4.2 Overview of SOx/NOx absorption system.

The most elaborate mechanism and model for integrated SOx and NOx removal from high-pressure

flue gas was proposed by Normann et al. [9]. They discussed 34 major reactions in this mechanism
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and performed kinetic modelling on 22 reactions (Appendix A). In Normann’s model, the
formation reaction of N2O3 and N20O4 was considered even though a majority of studies suggest
that they are not available in significant quantities. In the liquid phase, Normann et al. [9]
considered two different mechanisms of interactions between the NO- and SO- containing
substances; the lead-chamber mechanism and the Raschig mechanism. The lead-chamber

mechanism is presented by the following set of steps, in which NO works as a catalyst.
2NO + O2 — 2NO2

2NO2 (N204) + H20 — HNO2 + HNOs

H2S04 + HNO2 — HNSOs + H20

H2S03 + 2ZHNSOs + H20 — 3H2SO4 + 2NO

Raschig mechanism is the following:

HNO2 + HSO3” — NOSOs™ + H20

NOSOs + H* (+ H20) — HNO + H2SO4

NOSOs + HSO3 — HNO(SO3)2*

HNO + HNO — N20 + H20

HNO(S03)2* + H* — HNOHSO3 + H* + HSO4

In this mechanism, HNO: reacts with HSO3" also N20 is a product of the final step.

Which of the two mechanisms is dominating and more responsible for kinetic behavior in the
liquid phase is still debated in the literature. Normann et al. verified their modelling results based
on the experimental data obtained by Murciano et al. under different pressure, residence times and
SOx and NOx concentrations [10]. Normann’s model is detailed but complicated, containing
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species whose concentrations are difficult to measure in real experimental studies. Among the 39
species in this model, there are only 10 that can be experimentally measured. Thus, this mechanism
could benefit from a significant model reduction since reduced mechanisms are more suitable for
engineering modelling, and they are easier to understand, holding the potential to be modeled

analytically.

To simplify the Normann model and eliminate the uncertainties related to assumed intermediates,
Ajdari et al. proposed a reduced mechanism (Appendix B) [11]. In this mechanism, NO oxidation
was the rate-limiting reaction in the gas phase, while liquid phase reactions were sensitive to the
pH value, which can be considered as a parameter of the kinetic model. The first stage of
simplification was done using sensitivity analysis [11]. The number of species and reactions was
significantly reduced — from 39 to 20 species and from 34 to 12 reactions, respectively. They
reported that the gas-phase reactions between NO2 and NO to form N20s and N20s are
insignificant. Ajdari et al. did not consider the lead-chamber mechanism to be significant.
Depending on the pH-value, different liquid phase reactions were considered limiting. The pH-
specific mechanisms related to different pH-values (1, 2, 4 and 5) were established (Appendix B).
The two major liquid phase mechanisms described by Ajdari et al. are in a significant agreement
with the results presented by different authors [11, 12, and 13]. In the final reduced mechanism,
which included the pH-specific mechanism, the number of species was reduced to between 14 and

17 and the number of reactions to 7 or 8.
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4.3 Proposed Mechanism and Model

The process of SOx and NOx removal from the flue gas is depicted in Figure 2. The interaction
between various SOx and NOXx species in gas and liquid phases can be categorized under three
kinetic subsystems: 1) The gas-phase NOX reactions, its dissolution and subsequent reaction with
water. 2)The dissolution of SO2 and its subsequent reaction with water and, 3) The interactions

between SO- and NO-containing species in the aqueous phase.

4.3.1 Kinetics of NOx reaction

This mechanism reflects only two nitrogen oxides (NO and NO2) because the other oxides (N203
and N204) are not observed experimentally. Similar to Ajdari et al. [11], the mechanism presented
in this study does not consider the lead-chamber mechanism. Gas-phase chemistry of NO oxidation
has been extensively studied and is reasonably well understood. A comprehensive review of the
rate of NO oxidation in the dry gas phase was done by Tsukahara et al. [11]. They reported that

the reaction is a third-order homogenous reaction, with the Arrhenius equation, k (L?.mol™2.s™1)

=1.2x103 exp (?) being the best fit between the temperature of 273 to 600 K.

2NO(g) + 02(g) > 2NO2(g) (R1)

Lee et al. studied reaction kinetics of NO2 with the liquid water at low partial pressure and reported
that the reaction has second-order kinetics with a rate constant of 108 M-%s* at room temperature

[16, 20].
2NO2(g)+H20(aq) = HNO2(aq) + HNO3(aq) (R2)

In the literature, dissociation of HNO:2 in liquid phase with the production of NO is considered as

part of the mechanism.
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3HNO, - HNO; + 2NO + H,0 Ruiss
To experimentally verify this reaction as part of the mechanism, we conducted gas-liquid
experiments with NOx. The experiments were performed in a 15 bara pressure vessel with a 50
mL mixture of NO/O2 with 250 mL of deionized water. The change in concentrations of the
dissolved species (HNO2 and HNOs) with time was investigated via ion chromatography. In
Figure 4.3, the liquid phase shows an approximate 1:1 ratio between HNO2:HNOs3 concentrations,
which does not change at residence times up to 60 minutes. The 1:1 ratio suggests that the
dissociation of HNOz2 (Rudiss) does not occur to any observable extent in these conditions. This was
also confirmed by the gas phase analysis of the system where no NO was observed in the gas

phase. These results confirmed that reaction Ruiss can be excluded from the reduced mechanism.

400 V¥ Measured pH

— Calculated pH —4.4
— O NO,
= 300~ O NO, s
‘é’ A NO,+NO4 '
-2 200 - Y Va0
©
=
P A - 3.8
2100 A A A A
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Figure 4.3 HNOzand HNO; liquid ion formation from 900 ppm NO/ 3% O

Because of the experimental results obtained above (1:1 ratio between HNO2:HNOs3
concentrations), the reaction 2NO2 + H20 — HNO2 + HNOg is considered to be significant. It is

one of physico-chemical grounds of our mechanism.
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4.3.2 Kinetics of SOx reaction

SO2(g) + H20 (aq) <> HSOs(aq) + H* (aq) (R3)
Wang et al. studied kinetics of the “sulfur dioxide-water” reaction using the radioactive tracer
technique and reported a rate constant of 0.57 x 107 s™! [13]. This reaction is very fast and should
be considered as an equilibrium reaction [23], which makes this subsystem very fast as compared

to Subsystem I.

SOs exists in the form of H2SO4 in the flue gas at the temperature range of interest [14]. It is
extremely soluble in water and is assumed to be removed in the first stage of the column. In the
literature, it is well accepted that SO3 does not react with any of the other species hence it is not

considered as a variable in any model. [15]

4.3.3 Interaction of SO- and NO- containing species in the liquid phase

1
NO; + HSO; —— HADS
2

HSO; + N,0

Figure 4.4 Reduced liquid phase mechanism presented by Susianto et al.[17]

In accordance with Susianto et al[17]. , the interaction between HNO2and HSOs can be presented

by two parallel reactions,
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HNO:2 (ag) + HSOz3 (ag) = HSO4 (aq) + %2 N20O(g) + 0.5 H20(aq) (R4)

HNO:2 (aq) + 2HSO3'(aq) - HADS(aq) + H20(aq) (R5)

where HADS is hydroxylamine disulfonic acid. The slow reaction of the further transformation of
HADS is neglected. Based on analysis from Chang et al.[18] and Susianto et al. formulated three

major findings:

1) Between pH 1 and 4, both reactions take place simultaneously: production of nitrous oxide
along with sulfuric acid, production of HADS. Trends in N20 production and HADS hydrolysis

run contrary to the trend in the pH: they decrease as pH increases.

2) At room temperature (25 °C), when the pH is very low (pH<1), the reaction between nitrite and

sulfite ions is fast, and nitrite ions are converted to nitrous oxide and sulfuric acid [18].

3) When the pH is close to 4, nitrite ions can be completely converted into HADS and no N20 is

produced [19].

To validate the work by Susianto et al. at conditions suitable for oxy-combustion flue gas
environment, additional experiments at a temperature of 25 °C and pH of 4, were performed [19].
It was shown that the apparent kinetic orders and dependencies of the two reactions are the same,
however, the stoichiometry is different. Decomposition of HADS is negligible, and only two
reactions R4 and R5 are considered to be significant for these interactions. This result is another

foundation of our kinetic model.

Finally, our whole mechanism, which consists of 5 steps for the pH range of 3 to 4 is presented in
Table 4.1. This mechanism and model meet the requirements of optimal complexity described in

Section 1 - all steps have physical meaning, all variables that are included in the kinetic model can
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be related to experimentally measured concentrations, and the mechanism consists only of steps

significant to the overall process.

Table 4.1 Reactions Mechanism and Kinetics

Reaction Rate (M/s) Reference
1 2NO + O2 = 2NO2 1.2 X 103 exp (%) [N0]2[02] [11]
2 | 2NO2 + H20 - HNO2 + 108[NO,]? [16, 20]

HNOs3
3 | SO2+H20 <> HSOs +H* | 57« 107([S0,] — [Hscli(#][hvﬂ) [17, 21, 23]°

eq

4 | HNO2+ HSO3 - HSO4 + | 0.223[HSO3][HNO; ] [18]°

% N20 + 0.5 H20

- 6100 221°
5 ENOOH 2HSO3 - HADS + 3.7 x 108[HS05 [[HN O3] exp <_ = ) [22]
2

aThe value of Keq is taken from Eigen et al. [23]

PRate of reactions have been modified considering concentrations of H* as parameter for pH 4.

4.4 Kinetic Modeling

In this chapter, the results of two modelling approaches are presented: 1) an analytical analysis
yielding equations related to sub-models, which correspond to separate ‘blocks’, and 2) a

numerical analysis related to the kinetic model for the entire complex system.

4.4.1 Kinetic Model: Analytical results

Table 4.2 Variable, Parameters and Rate of reactions used in analysis

Variables Parameters Rate of Reaction
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x1 = [NO] Ky = ki[0,] r = Kixf
x; = [NO;] | Kz = kz[H,0] | 1, = Kpx3
x3 = [HNO,] | K5 = k3[H,0] | r3 = Kiy; — K3y,
Xy =[HNOs] | K3 = k3 T = KiX3y,
y1 = [S0;] Ky =k, s = Ksx3y,
Y2 = [HSO3] | K5 = ks
ys = [H"]
5 *Concentrations of oxygen and water are considered constant

This section presents the mathematical framework and results without detailed derivation of

expression and analysis.

Subsystem |

Subsystem | consider the gas-phase NOXx reactions, its dissolution and subsequent reaction with

water, as a separate system. It is assumed that this system contains solely irreversible reactions as

shown below.

2NO + O2 — 2NO2

2NO2z + H20 (1) — HNOz + HNO3

The parameter u = /4K,/K; + 1 is introduced into the set of ordinary differential equations

(ODEs) that describe the kinetics,

5 okx? )
dt 141

dx u?-1

—= =2k (x% -— x%) @
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dxs dx, u?-1

2
dt ~ dt 4 2 ®3)

This set of ODEs (1), (2), (3), along with a mass conservation law x;(t) + x,(t) + x5(t) +
x4(t) = x,(0) + x,(0) + x5(0) + x,(0) = x, describe a solvable initial value problem. The
solutions are the analytic expressions of the concentrations, where the new variable 7 =

2x,(0)K t + 1,

7O =5 (3835(011 1 )

%, () = 2x1(0)([2x1(0) + x,(0)(u + 1) ]z* = [2%,(0) — x,(0)(w — 1)]) )
T([221(0) + x5 (0) (u + D] (w — D% + [22,(0) — x,(0)(w — 1] (u + 1))

x3(8) = x3(0) + inl(g;)ljfi 1 =2 7 = ©

o) = x4(0) 4 1 (002Kt x,(0) — x,(t) -

2x,(0)K t+1 2

This expression can be modified taking into account that R1is slow and R2 is very fast. We can

assume that NO2 (x,) is characterized by quasi-steady-state behavior. Therefore, one can obtain,

X2z0=>T2=T1, (8)

K
Xy = Xq ’Fl 9
2

X1,X, and x,do not depend on the other variables, and their explicit expressions are the same as

expressions obtained in the previous analysis of Subsystem I, see equations (4), (6) and (7).
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Subsystem 11

Subsystem Il considers the gas-phase SOXx reactions, its dissolution and subsequent reaction with
water, as another separate system. The kinetics of this reaction is described analytically for the

reversible case.
SO2 + H20 < HSO3 + H*

The corresponding set of ODEs is,

dy _

—dt1 = —K3y, + K3¥,)3 (10)
dy, dy _
_dtz = _dt3 = K3y, — K3¥,y3 (11)

This set of ODEs along with the mass conservation laws 2y, (t) + y,(t) + y5(t) = 2y,(0) +
y2(0) + y5(0) = 2y, form an initial value problem. If, furthermore, y,(0) = y;(0) = 0 then the

initial value problem has the following solutions,

vo((w + Dexp(—K5vt) + (v — 1))

y: () = (v+1) + (v — Dexp(—K3 vt) (12)

B _ 2yo(1 — exp(—Kivt))
y2(t) = y3() = (v+ 1) + (v — Dexp(—K; vt) (13)
v = \/4K3_,elq3’1,0 +1 (14)

Subsystem I11
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Finally, Subsystem Il considers the interactions between SO- and NO- containing species in the
aqueous solution. Under the assumption that Subsystem | and Il reached their conclusion or

equilibrium, this third set of reactions can be analyzed independently.
HNO2+ HSO3 = HSO4 + % N20 + 0.5 H20
HNO:2 + 2HSO3" = HADS + H20

The concentrations in Subsystem 111 will be marked with a hat so as to differentiate them from
their counterparts in Subsystems | and Il. The variables here are X3 = [HNO,] and y; = [HSO3].
The rates of the two reactions are given below.

Ty = KuX3y2 (15)

s = KsX3Y; (16)
The approach to analyzing this subsystem is to solve the following ODEs consecutively

dxs  1y+1rs K+ Ks
dy, 1,+2rs K,+ 2K

(17)

dy; (Y
=2 = =+ 215) = — (K, + 2K)BH T (18)

The initial concentrations for this subsystem are taken from the previous two subsystems, i.e.

X3(0) = x3(o0) and y5(0) = y, (o). The final solutions of this system are given below,

%5 (t) = A%;(0) (19)
P 55(0) — v72(0)exp(—Aky t)
75(0) = A@(O)exp(—Akyt) 20)

%3(0) — 75 (0)exp(—Aky )

where k, = K, + Ks, ky, = K, + 2Ks, v = k. /ky, and A = %3(0) — y¥,(0).
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Combined model for the whole system

The full reaction system is presented in Table 1. The ODE and initial conditions are presented in
Table 3. In the analysis of our whole system, we consider two physico-chemical assumptions,

based on the preliminary information which is presented in the review of experiment and models,
1) Quasi-steady state regime for NO2 (used previously in the analysis of Subsystem 1).

Table 4.3 ODE and initial condition for the full system

Ordinary Differential Equation

Initial Condition

Xy = —2n x1(0) = xq9
Xy =2(rp — 1) x,(0) =0
X3 =Ty, —T,—Tg x3(0) =0
Xy =17 x4(0) =0
Y1 =13 y1(0) =y1
Vo =13 =1, — 215 y,(0) =0
V3 =13 y3(0) =0

2) Equilibrium of SO2 dissolution (Reaction 3), as the dissolution reaches equilibrium very fast.
J&zz()ﬁTZ:T'l (21)
rs =0 (22)

Under these assumptions the concentrations x, x, and x, are identical to the expressions obtained
for the Subsystem I, Equations (4), (6) and (7). The concentrations of y, and y, are determined
using the equilibrium concentrations of System IlI, Equations (12) and (13), as initial

concentrations. The results are as follows,
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K3,eq -1
y1(0) = Yieq = Y10t > (1 — |4K3.0Y10 T 1) (23)

K2:e1q3’1,03’2 ()
1+ K';elquoYz ()

Koea ( [0
Y3(0) = Y30 = —52( [4Ki 10+ 1-1) (25)

V1,0

yi(t) = (24)

e 1+ K3 0q¥1,092(0) (26)
The remaining ordinary differential equations are,
Xy =11 —T, — T3 (27)
Y2 = —Ty— 215 (28)
With the adjusted initial conditions,
x3(0) = 0 (29)
y2(0) = YV2,eq = V3eq (30)

defining k, = K, + K5 and k, = K, + 2Ks, the rate ryis given explicitly using the analytic

solution of x;,

The solution of x5 as a function of y, (t),

kx(Zlel,Ot + 1)()’2 - yz'eq) + kyle%()t
ky (2K xp 0t + 1)

x3(y2) = 31)

The expression y, (t) is needed to determine the concentrations x5, y; and y5. The final step is to

solve this last initial value problem,
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Vo = _kyx3(J’2)}’2 (32)
¥2(0) = Y3.eq (33)

An explicit solution for this initial value problem is not presented. The solution includes an integral

as shown below,

Xy k
YV2,eq (2K1x1,0t + 1)4K1exp <<kxy2,eq - Tyxm) t)
YZ(t) = ky k
1 + fot kX(Zlel,OT + 1)4K1 eXp <<kxy2,eq - 7yx1,0> T) dT

(34)

4.4.2 Kinetic Model: Numerical Result and Comparison

The reactor is modelled as a two-phase batch reactor of constant volume. The liquid and gas phases
are assumed to be perfectly mixed. Rigorously, the overall balance in the gas-phase is modelled

as.:

ng,i
dt = Z Ui,jRg,j - Rmass transfer,i (35)

where C,; is the concentration of species i in the gas phase at any given time t, v; ; is the
stoichiometric coefficient of component i in the reaction j, R, ; is the rate of gas-phase reaction j,
and Rypass transrer,i 1S the rate of mass transfer. Consequently, the liquid phase overall balance is

modelled as:

dc,;
d_t'l = Z Ui,le,j - (Rmass transfer,i)Vgas/Vliq (36)

where V., and V;, are the volume of gas and liquid phases, respectively, which are assumed to

be constant throughout the process. R, ; is the rate of liquid-phase reaction j. In this modelling, the
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value of the mass transfer coefficient is considered high enough to make the system limited by

chemical kinetics, not mass-transfer.

Table 4.4 Input variable for the model.

Temperature 250C
Pressure 15 bar

SO2 Concentration 900 ppm (v)
NO2 Concentration 200 ppm (v)
NO Concentration 700 ppm (V)
O2 Concentration 3%

L/G ratio (mass/mass) 1.5

In our numerical analysis, we analyzed the kinetic models both for independent subsystems and
the whole system. The simplified kinetic model presented in Table 4.1 was used for numerical
simulation and the initial input variables for the model are presented in Table 4.4. The values of
different variables are considered typical for the pressurized oxy-combustion process. The L/G
ratio is fixed based on the cooling water requirement for the latent heat removal in the pressurized
oxy-combustion process [20]. Figure 4.5 compares the concentration profiles of species in gas
and liquid phases for Subsystem | obtained from the analytical solution of Subsystem | with the
numerical results for the whole system. Since NO2 concentrations are quite small compared to NO
and HNOz2 concentrations, they are presented separately for better understanding. The Kinetic
behavior of Subsystem I is driven by a combination of fast dissolution of NO2 in water to form
HNO:2 and slow oxidation of NO to NO2. Because of the two competing reactions — NO2 formation

and consumption — it goes through a small maximum. Subsequently, NO2 can be considered as

72



being in quasi-steady state regarding NO because of the fast Reaction 2, and the concentration of
NO: can be represented by, [NO,] = [NO] % For NO and NO:2 the analytical solutions of
2

Subsystem I are exactly comparable to their numerical solution of the whole system. The temporal

domain in which the solution for HNO2 in Subsystem I is valid is less than 2 seconds.

Comparison sub | with the whole system
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Figure 4.5 Concentration profile comparison for Subsystem | with the numerical solution for the whole
system. (a) Concentration profile for NO and HNO., (b) Concentration profile for NO..
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In this calculation, the initial NOx-mixture contains only NO. If the mixture contained both NO
and NOg2, a temporal dependence will not be characterized by a maximum. For the numerical
solution of the whole system, the HNO2 concentration is a result of the two consecutive reactions,
the formation of HNO2 from NO oxidation and the reaction of HNO2 with HSOs". The presence of

a maximum in HNOz2 explains this phenomenon of consecutive reactions.

Comparison sub Il with the whole system
x10™

(&3]
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——802 Numerical whole system
- - -802 Analytic subsystem

HSO3- Numerical whole system
- - -HSOB3- Analytic subsystem

Concentration
w

N

107 104 107 1072 107" 10° 10" 102
Time

Figure 4.6 Concentration profile comparison for Subsystem Il with the numerical solution for the whole
system.

Subsystem Il (Figure 4.6), the SOz dissolution system, reaches equilibrium very quickly. There
are no gas side reactions to have an impact on the subsequent reaction of HSOs". For the whole
system, SO2 quickly dissolves to form HSOs", which then reacts in the liquid phase. This system
remains in equilibrium between HSOs and SO.. The validity of the analytical solution of
Subsystem |1 exists up until 10 seconds, before the consumption of HSOs in Subsystem Il

becomes significant.

74



Comparison sub lll with the whole system

(=)
|

' v ' 1 e 1 e
——HNO2 Numerical whole system
------------------------------- - - -HNO2 Analytical subsystem e

HSO3- Numerical whole system T~ « —
- - -HSO3- Analytical subsystem N

(&)}
I

Concentration
w E

T

|

N
I

Time

Figure 4.7 Concentration profile comparison for Subsystem 111 with the numerical solution for the whole
system.

Subsystem 111 is presented in Figure 4.7, which presents the liquid phase reactions between HNO:
and HSOs' if they start from the given initial concentrations. The results are consistent with the
experimental fact [19] that rate dependencies for the two reactions have the same kinetic order,
but different stoichiometry. For Subsystem Ill, its validity compared to the whole system exists

after approximately 50 seconds.

4.5 Discussions and Conclusions

Based on the experimental facts and mathematical analysis we built a model of optimal complexity
in terms of only measured species. The kinetic model of the whole system consists of three
subsystems i.e. NOx gas-liquid reactions, SOx gas-liquid and the liquid phase interactions between
SO- and NO-containing species. The NO oxidation to NO2 can be considered as a limiting process
which determines the removal of NOx from the flue gas. The gas-phase oxidation of NO to NO2
is very slow in comparison with the dissolution of NO2. Typically, under these conditions, the
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concentration of NO2 can be considered as quasi-steady state species. In this situation, the
concentration of NO, NO2 and HNOs can be calculated using only Subsystem | (NO-subsystem).
Therefore, these concentrations are “uncoupled variables”. Only the concentration of HNO:z is a
“coupled variable,” relating to the kinetic behavior of the whole system. Also, it is negligible in
comparison with the concentration of NO, and the production of HNO2 and HNO3 can be treated
as the direct process of NO oxidation. SOz dissolution (Subsystem 11) is very fast in comparison
with other reactions achieving equilibrium in almost 1 sec at the given temperature. This reaction
can be treated separately from other ‘blocks’. So, the initial concentration of HSO3 for the whole
system can be defined through equilibrium, related to the initial concentration of SO2. The
concentration of HSOs is then governed by the slow Subsystem IlI reaction of NO- and SO-
containing substances. Interaction between NO and SO containing substances in the liquid phase
can be described by two reactions with the same apparent Kinetic orders, but different

stoichiometries.

Finally, the obtained reduced mechanism consists of only 5 reactions — in comparison with the 7-
step Ajdari’s mechanism. All NOx- SOx interactions can be essentially grasped by a sequence of 4
irreversible reactions and the fast reversible ‘SO2-water’ equilibrium. NO (Subsystem I) and SO2
(Subsystem 11) decrease during the reaction. NO2 and HNO2 (Subsystem | and 111) and HSO3z
(Subsystem 11 and I11) go through a maximum, as illustrated in the results. While the model is
grounded in data obtained in the domain of pH 4-5, the advantage of the model of optimal
complexity is reflected in the conclusions presented above, which were deduced based on its

analysis. Notably, the model is able to explain important physico-chemical changes of the system
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in terms of only measurable species. Additionally, the model makes it easier to obtain an analytical

solution of some subsystems.
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Chapter 5. Pilot-scale testing of direct

contact cooler for the removal of SOx and

NOx from the flue gas of pressurized oxy-coal

combustion and validation of the Kkinetic

model.

5.1 Introduction

Pressurized oxy-fuel combustion of coal is a promising technology for carbon capture, utilization
and sequestration (CCUS)[1], [2]. The primary motivation for pressurizing the combustion process
is that it increases net plant efficiency, and by combusting fuel in oxygen, instead of air, the flue
gas from the combustor is predominantly CO2 and H20, leading to convenient separation of CO2
for sequestration or use [3]. A second important advantage of the high-pressure flue gas is that it
allows for a convenient co-removal of SOx and NOx. The COz2 pipeline purity standards (SOx< 50
ppm and NOx< 100 ppm) for sequestration and/or enhanced oil recovery are stringent and hence

an effective gas cleanup is required to achieve these standards [4], [5].

The concept of pressurized integrated pollution removal (P-IPR) for cost-effective and efficient
scrubbing of SOx and NOx has been previously demonstrated for atmospheric oxy-combustion
where the process requires flue gas compression [6]. White et al. [7] conducted experiments by
initially cooling the atmospheric pressure flue gas to room temperature and condensing out the

moisture, after which the flue gas was compressed and scrubbed, first at 15 bar, followed by further
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compression and scrubbing at 30 bar. The results indicated 80% NOx removal and 99% SOx
removal after the initial 15 bar scrubbing stage, with the remainder of NOx removed in the 30-bar
column. Shah et al. proposed a similar process, in which they compressed the flue gas between a
pressure of 25 to 35 bar to remove more than 95% of both SOx and NOx [8]. While the process of
integrated removal offers promise, a major challenge of this process for atmospheric pressure
combustion is that the flue gas must be compressed before scrubbing. The presence of moist acid
gases in the flue gas can lead to acid condensation and corrosion in the compressor (sour gas

compression) if the flue gas moisture is not removed.

At atmospheric pressure, the rate of gas-phase oxidation of NO to NO: is limited by the low partial
pressure of the reactants, restricting the use of co-removal technologies such as the DCC without
employing additional catalyst or reagent. However, at elevated pressure, the partial pressures of
NO and O: in the flue gas are high enough to oxidize a significant amount of NO to NOz in a
reasonable residence time[9]. NO2 has a significantly higher solubility than NO and dissolves into
water to form HNO2 and HNOsa. In the absence of NOz, the absorption of SO2 is limited by SO2
water equilibrium, which, provided a limitation on the amount of water available to the absorption
process, may not be enough to get the SOz concentration in the flue gas below the required
concentration. However, NOg, through the liquid phase reaction, can significantly shift the
equilibrium by consuming the HSOs", especially in acidic conditions[10]. Therefore, principally,
reactive enhancement (RE) of SO2 absorption in water occurs via the liquid phase reactions of
HNO: — formed by the absorption of NO2 in water — with HSO3s™ — formed by the absorption of

SOo.

Gopan et al. [2] proposed a reactive-absorption, counter-current, direct contact cooler (DCC)

which uses cold water to scrub the SOx and NOx and act as the condenser for the flue gas moisture.
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As shown in Figure 5.1, the moisture-laden flue gas, which is above the acid dew point temperature
(> 200 °C), enters the column from the bottom and is cooled and scrubbed with water that enters
from the top. The gas is cooled to around 55 °C, with a moisture content of < 1.5% v/v while the
cooling water temperature increases from 42 °C to 165 °C. A critical objective of the process was
to maximize the outlet temperature of the cooling water so that the heat integration has the highest
exergy. Maximizing exergy enforces a major constraint on the DCC for the POC process, as
compared to the atmospheric P-IPR process. The liquid to gas ratio, L/G, is limited to maximize
the recoverable energy, which constricts the pH in the column (barring the use of an additional pH
control). Depending on the moisture in the flue gas and the inlet water temperature, the L/G ratio
can vary from 0.6 to 1.6 kg(l)/kg(g). Another unique aspect of this process is that the temperature
of the cooling water increases significantly during the process, therefore an understanding of DCC

scrubbing under variable high-temperature conditions is required.
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Figure 5.1. Schematic of a pressurized oxy-combustion process. The Direct Contact Cooler (DCC) is used
to capture the latent heat of the moisture in the flue gas while simultaneously capturing SOx and NOx.

Since previous lab-scale studies have been conducted at close to room temperature and at high L/G
ratios, there is a lack of experimental data available on high-temperature gas scrubbing. Thus, the
focus of this chapter is to investigate the scrubbing efficiencies of SOx and NOx at conditions
similar to the practical application of DCC in a POC process, as well as to identify and discuss the
impact of sulfur to nitrogen ratio at different temperatures on the scrubbing efficiencies. With the
growth of the oxy-combustion technologies, it is important to understand the role liquid phase
reaction plays in SOx removal under different conditions and the limiting parameters under these
conditions. It is also important to validate the reaction kinetics to expand the understanding of
functioning of the process. In this work, we analyze the impact of oxygen concentration, pressure
(5 — 15 bar), temperature (22 — 215 °C) L/G ratio (0.6 — 1.2) and SOx/NOx (0 — 1.15) ratio on the
removal of SOx and NOx, with the objective to understand the RE of SOz absorption through the
liquid phase reaction. A kinetic model developed in Aspen plus is validated against experimental
results and is used to infer the influence of several operating parameters. The study also seeks to
understand the interplay between the operating parameters, and how the process can be optimized
in case of different process conditions. We believe that this work will advance the kinetic and
operational understand of the DCC process, and will lead to the advancement of oxy-combustion

technologies.
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5.2 Reaction Chemistry

The reactions taking place in the DCC can be explained through four major physicochemical
phenomena: 1) gas-phase NO reactions to produce water-soluble NOx species, 2) dissolution of
NOx in water, 3) absorption of SOz and SOs in water and, 4) aqueous-phase reactions between
oxides of sulfur and nitrogen-containing species. Figure 5.2 shows a simplification of the overall
mechanism for the nitrogen and sulfur reactions and indicates the key gas-gas, gas-liquid and

liquid-liquid reactions.

NO, S0,

NO

Liquid
Phase S ~
HNO/ \

HON(SO,),> (HADS)

H,0 < H* + OH- \ /

H,SO

HNO, HSO;

3

Figure 5.2 A simplified mechanism of NOx and SOx scrubbing [11].

Compared to liquid phase interaction between S and N containing species, the gas and interphase
interactions are relatively well studied. Tsukahara et al. reviewed several studies on the gas-phase
oxidation of NO to NO2 and reported that NO oxidation is a third-order reaction, depending on

NO and O2[12]. They also found that the kinetic constant for the reaction decreases slightly up to
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530 2

a temperature of 500 °C and then increases at higher temperatures (k = 1200e 7

—>—)- Since

the DCC operates between gas temperatures of 20 to 200 °C, the dependency of the kinetic constant

on temperature is significant to scrubbing NO.

NO: produced via

2NO(g) + 0,(g9) » 2NO,(9) (R1)

is readily absorbed in water to form HNO2 and HNOs in a 1:1 ratio, according to Reaction 2.

2NO0,(g) + H,0(aq) - HNO,(aq) + HNOs(aq) (R2)

This reaction has second-order kinetics with a rate constant of 102 M-%s! at room temperature,
when NOz2 reacts with liquid water at low partial pressure [13]. NO2 can dimerize to form N20g;
however, the concentration of N20O4 has been reported to be low, with negligible impact on the

kinetics of the scrubbing system [14].

Wang et al. used a radioactive tracer technique to study the kinetics of SO2 absorption in water

and reported a rate constant of 0.57 x 107 s™! [15]. Due to this fast reaction rate,
50,(g) + H,0(aq) © HSO3 (aq) + H (aq) (R3)
reaches equilibrium almost instantaneously, barring mass-transfer limitations.

Although experimental data on the liquid-phase chemistry is limited, several studies to model the
scrubbing process have been conducted recently. Normann et al. [16] identified up to 33 individual
gas and liquid reactions that may play a role in the gas, gas/liquid or liquid chemistry. The detailed
mechanism is presented in Appendix A. They identified that a key role in the scrubbing chemistry

is the complex interactions between HNO:2 and HSOs, which are capable of enhancing the
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oxidation rate to produce HNO3s and H2SOa4. They presented the Raschig mechanism to explain the

interaction of HNO2 and HSOs" in the liquid phase:

HNO,(aq) + HS03 (aq) » NOSO; (aq) + H,0(aq) (R4)
NOSO; (aq) + H*(+H,0) - HNO(aq) + H,50,(aq) (R5)
NOSO; (aq) + HSO5 (aq) » HNO(S05)3™ (aq) (R6)
HNO(aq) + HNO(aq) - N,0(g) + H,0(aq) (R7)
HNO(S03)% (aq) + H* (aq) » HNOHSO; (aq) + H* (aq) + HSO; (aq) (R8)

The model presented by Normann et al. is detailed but is also complicated by several intermediate
species that are difficult to measure experimentally [16]. Importantly, this study concluded that
further investigation into the interaction between the liquid ions, especially at pH less than 4,

should be a priority.

Following a sensitivity analysis of the primary reactions, Ajdari etal. [14], [17] proposed a reduced
mechanism of between 7 and 12 reactions based on the operational pH of the system, and
concluded that the gas-phase reactions are limited by NO oxidation, whereas the liquid-phase
interactions are predominantly pH controlled. They reduced the liquid-phase mechanism to two
major reactions, Reaction 9 and 10, both of which are combinations of several unstable
intermediaries to form a stable product. The reduced mechanism is presented in Appendix B.

However, Ajdari et a. also recommended further investigation of the liquid-phase chemistry:
HNO, + HSO3 — HSO7 +~N;0 +~ H,0 (R9)

HNO, + 2HSO3 — HON(S03)3~ (HADS) + H,0 . (R10)
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The reduced mechanism presented by Ajdari et al. is corroborated by the experimental work
performed by Petrissans et al. [10] on liquid phase interaction between HSOs and HNO: to
ascertain the impact of pH on Reaction 9 and 10. They reported that Reaction 10 is the predominant
reaction above the pH of 4 while Reaction 9 dominates below the pH of 2. Both the reactions take

place between pH 2 and 4 to varying degrees.

Through an experimental and mathematical optimization of the model, Verma et al. [18] further
reduced the mechanism to a total of 5 reactions (R1, R2, R3, R9, and R10) capable of
characterizing the reaction system. They reported two main findings 1) the gaseous species such
as N204 had a negligible impact on the kinetics, and 2) the dissociation of HNO2 to HNOs and NO
was not significant in DCC conditions. This mechanism is presented in Table 5.1 and used for

modeling in this work.

Table 5.1 Reduced DCC Scrubbing Mechanism [18]

Reaction Reaction Type Reference
Number
R1 2NO + 0, = 2NO, Non-Equilibrium  [12]
R2 2NO, + 2H,0 & HNO, + NO3 + H;0* Equilibrium Aspen
R3 S0, + 2H,0 & H;0" + HSO3 Equilibrium Aspen
1 1 [
R9 HNO, + HSO; —>§N20+HSO4‘+§H20 Non-Equilibrium  [19]
R10 HNO, + 2HSO3; - HADS + H,0 Non-Equilibrium  [14]

Several researchers have conducted lab-scale studies of the S-N reaction system at room
temperature to understand the reaction mechanism and scrubbing efficiencies. Wall et al. [9]
studied the oxidation of nitric oxide to nitrogen dioxide in the gas phase and its subsequent

absorption in water in a bubble column from 1 to 30 bar pressure. They found that NO was readily
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oxidized to water-soluble NO: at elevated pressures and that the process was kinetically controlled,
according to Reaction 1. In a follow-up study, Wall et al. [20] introduced SOz in the gas phase and
found that SO2 caused a minor reduction in NO oxidation but did not have a significant effect on
overall NOx capture. Additionally, a reduction in residence time was found to reduce overall NOx
capture. Building on the study by Wall et al., White et al. [7] investigated the interdependence of
NOx and SOx on the SOx scrubbing efficiencies. They observed that NOx reduction before
scrubbing may be detrimental to the SOx scrubbing potential. Although limited in scope, these lab-
scale studies provide a relevant framework for the design and analysis of the study conducted in

this work.

5.3 Material and Methodology

5.3.1. Experimental Methodology

Experiments were performed in the pilot-scale direct contact cooler (DCC) shown in Figures 5.3
and 5.4. The column was designed by Process Engineering Associates, LLC, with the vessel
fabrication, piping and instrument assembly performed by Progressive Recovery, Inc. The DCC
system was sized based on outlet conditions for a 100 kWi pressurized oxy-combustion test
furnace. It is a counter-current packed bed column with a 20.3 cm diameter and a 2.3 m packing
height, consisting of 316 stainless steel saddle rings (Intalox) to create a high gas-liquid contact

area, which enhances the absorption of gaseous pollutants in the liquid phase.

Synthetic flue gas was used for these experiments. Gas mixtures of SO2 (3% SO2/N2 mix) and NO
(10% NO/N2 mix) (Praxair) were injected into the CO: line (Figure 3) which was heated with an

electric in-line heater. To avoid oxidation of NO to NO: in the gas delivery system, oxygen was
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added to the heated gas at the reactor inlet, so that the initial concentration of NO at the reactor

inlet was well defined.

Temperature, pressure, flow rate and composition were varied to investigate their effect on NOx
and SOz scrubbing efficiency. The flue gas was fed at the bottom of the column while water was
fed and distributed at the top. The water outlet from the experiment, which is acidic, was collected
in the sump tank before leaving the column. The purified gas from the top of the column was

analyzed using a PG-250 HORIBA gas analyzer.

| Exhaust Gas

co, CO, + NO + S0, :Scrubbing Water Mains Water:

A B

NO and SO, DCC
Cylinders Column} .
7 e
Gas €O, + 0, + Water
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Exchanger

Effluent Water to
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Figure 5.3. DCC Column Schematic.
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In all experiments, fresh city water was supplied to the DCC with a pH = 8. While the system is
capable of water recycle to provide additional pH control, as shown in Figure 3, inlet pH was not

a controlled parameter for the purposes of this study.
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Figure 5.4 DCC scrubbing column in the pressurized oxy-combustion research facility at Washington
University in St. Louis.

5.3.2 Modeling Methodology

The reactive absorption column was modeled using a rate-based formalism with a RadFrac unit in
Aspen plus V9 with the dimensions and internals of the DCC column. Since the DCC experiments
are constrained by reaction time, the rate-based model provides a framework to analyze the column
with non-equilibrium reactions. The ionic interaction in the liquid phase requires the use of an

electrolytic equation of state for the thermodynamic properties of the components. Hence,
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ELECNRTL was used as the property method because of its compatibility with the system in both
the liquid and gas phases. For the numerical calculations, the column was divided into ten stages
with the gas being introduced into the column below the bottom-most stage and the water above
the top stage. The analysis found no relevant increase in accuracy with more than 10 stages. For
high-temperature gas and liquid interaction, the column was assumed to be adiabatic, with no heat
loss to the surroundings. The process design of the model followed the same pattern as the
experimental system, with the gas being mixed together and then heated in the gas heater before
entering the column. The inlet parameters of the model were updated according to the experimental
parameters for each analysis. The reactions used for the simulation are described in Table 1, with
the reactions in equilibrium handled directly through Aspen. For the Kinetic reactions, Reaction 1
was supplied through a kinetic sub-routine written separately, and kinetic parameters for Reactions
9 and 10 were provided in the form of power-law expressions in Aspen. Because of their

comparatively fast reaction rates, Reactions 2 and 3 were treated as equilibrium reactions in Aspen.

5.4 Results and Discussion

For the base-case, a total gas flow rate of 800 SLPM at 15 bar and 22°C was used, which
corresponds to a residence time of 130 seconds. The composition of the simulated dry flue gas is
presented in Table 5.2. To be relevant to the Staged, Pressurized Oxy-Combustion (SPOC) process
[2] an L/G of 0.95 (kgquy/kg(g) was maintained for the experiment. As pollutant concentrations are
dependent on coal composition and burner design, 500 ppm for both NO and SOz were chosen,
based on approximate pollutant concentrations typically encountered during oxy-combustion of

low sulfur coals [7]. As will be presented in the subsequent sections, for this base-case scenario,
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we find that the SO2 scrubbing efficiency approached 100% and the NO scrubbing efficiency was

just above 90% at steady state, which is a promising result for SOx and NOx removal.

Table 5.2. Base-Case Gas Inlet Composition

Species Volume
02 3%

CO2 95%

N2 2%

SO2 500 ppm
NO 500 ppm

5.4.1 Investigation of NO oxidation in the column

The oxidation of NO to NOz is a third-order gas-phase reaction, where the rate depends on the
concentration of NO and Oz. In previous modelling studies, this reaction was found to be the
slowest, however, this finding has not been demonstrated in a pilot-scale experimental system [14].
To ascertain the impact of NO oxidation on the scrubbing of NOx, experiments were conducted at
13.5 bar(a) and the oxygen concentration in the synthetic flue gas was varied from 0 to 4 % v/v.
The oxygen concentrations used for the experiments are consistent with those typically found in
pulverized coal boiler flue gas. The operating conditions for this experiment are provided in
Table 5.3. The measured instantaneous outlet concentration of NO as a function of the inlet oxygen
concentration are shown in Figure 5.5. At steady state, the minimum outlet NO concentration was
55 ppm, which corresponds to a capture efficiency of 92%. Results indicate that NO to NO:
conversion is very sensitive to oxygen partial pressure in the range of 0 to 0.15 bar, but approaches
a constant value at higher oxygen levels. It is important to note that for a DCC operating at 15 bar,

a partial pressure of 0.15 bar corresponds to excess oxygen of 1% in the flue gas. Therefore, a
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reduction of excess oxygen in the flue gas from 3% to 1% would not have a significant impact on
NO oxidation. However, it would lead to a significant reduction in energy consumption in the air
separation unit of a POC power plant and the downstream Gas Purification Unit, and thus reduce

the cost of electricity.

Assuming instantaneous NO2 absorption into the liquid phase (relative to the formation of NO2),
a comparison can be made between the results of the NO oxidation model and the measured NO
outlet concentrations. Based on the inlet oxygen concentration of the experiment, and the pressure
and residence time of the gas in the column, the NO oxidation rate was calculated using Reaction
1in Table 5.1. The results suggest that the scrubbing of NOx can be very closely predicted by the
rate of oxidation from the model. This result is corroborated by lab-scale studies by Wall et al. [9]

predicting that NO oxidation is the controlling step in the scrubbing of NOx from the flue gas at

low temperature.
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Figure 5.5. Change in NOy outlet concentrations with oxygen partial pressure.
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Table 5.3. Operating conditions corresponding to Figure 5.5.

Parameters

Pressure 13.5 bar(a)
Temperature 24°C

Oxygen Concentration 0-4%viv
Gas Flowrate 777 SLPM
L/G Ratio 0.94 kguy/kg(g)
Gas Residence Time 120 seconds
NO Inlet Concentration 566 ppm

SOz Inlet Concentration 421 ppm

5.4.2 The influence of oxygen partial pressure on NOx and SO:2 capture

As NO oxidation is shown to be the controlling step, the effects of total pressure, oxygen partial
pressure, and residence time on NO and SO2 scrubbing were experimentally investigated in more
detail to determine optimal operating conditions. The range of operating conditions for this study
is presented in Table 5.4. When varying the operating pressure, the mass flow rate of the gas was
held constant. Figure 5.6 shows the change in NO capture as a function of O partial pressure at
four different pressures and was obtained by increasing the oxygen concentration from zero to the
maximum and then decreasing back to zero to capture any hysteresis effect. Each data point was

collected with a resolution of 1 second.

Figure 7 shows that the impact of pressure on NO scrubbing is enhanced for O2 partial pressure
below 0.25 bar, with the reduction in pressure from 15 bar (130 seconds residence time) to 11 bar
(95 seconds) resulting in approximately 10% decrease in NO scrubbing efficiency. At higher O2
partial pressures, the decrease in scrubbing efficiency with pressure is even less, and NO capture

approaches 90% within the range of gas residence times. However, when pressure is further
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reduced to 9 bar (residence time = 78 seconds), the NO scrubbing is more severely affected. From
Figure 7, the results indicate that the minimum residence time for NO scrubbing in this system
should be approximately 95 seconds. This also drives home a larger point that for a full-scale
system, the extent of NO removal will be a combined function of residence time and oxygen

concentration, varying non-linearly with different combinations of the two.

Throughout the experiments described above, a high SO2 scrubbing efficiency in the range of 93
to 100 % was consistently observed. Importantly, a scrubbing efficiency of less than 100% was
only observed in cases when the oxygen concentration in the column was effectively zero. The

scrubbing of SOz is discussed in more detail in the following sections.
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Figure 5.6 The effect of residence time and oxygen partial pressure on NOy conversion.

Table 5.4 Operating conditions corresponding to Figure 5.6

Parameters
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Pressure 9 -15 bar(a)

Temperature 23°C

Oxygen Concentration 0-31%

Gas Flowrate 801 SLPM

L/G Ratio 0.97 kgay/kg(g)
Gas Residence Time 130 — 78 seconds
NO Inlet Concentration 530 ppm

SOz Inlet Concentration 530 ppm

5.4.3 Impact of pressure on NO and SO2 removal

There were two main objectives while studying the impact of pressure on the removal of SOx and
NOx: 1) To understand the absolute scrubbing efficiencies of SOx and NOx and 2) To contrast the
impact of pressure with an increase in NO/SOz ratio. All the experiments were carried out with an
oxygen concentration of 3% v/v and with a constant residence time and L/G ratio. The detailed
parameters for these experiments can be found Table 5.5. The results presented in Fig. 5.7 suggest
a significant impact of pressure on both NO and SO: scrubbing efficiency, with higher pressure
resulting in higher scrubbing efficiencies. The decrease in NO scrubbing efficiency at lower
pressures is the result of reduced partial pressure of NO and O: in the gas phase, leading to a lower
reaction rate and consequently decreasing the conversion to NO2 via Reaction 1. Moreover, the
absolute scrubbing efficiency is close to 10% higher for an inlet NO concentration of 535 ppm
compared to the inlet NO concentration of 263 ppm at all pressures. This is mainly because for a
constant residence time, the initial reaction rate for NO is higher when the concentration is high,
resulting in an outlet concentration that is not significantly different (72 ppm and 61 ppm at 15
bar), however has a much higher scrubbing efficiency since the base value is different. This has

an important implication for designing the DCC, mainly since the pipeline guidelines are based on
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absolute concentrations, a higher inlet NO concentration may not require longer residence time to
stay within limits, however, it would result in significantly high liquid phase concentrations of

HNO:2 and consequently higher SO2 removal.

The absorption of SO also increases with increase in pressure both because of higher direct
absorption and more RE, via the liquid phase interaction with HNO:. It remains above 90% for 10
and 15 bar at the NO/SO: of both 0.57 and 1.15. At 5 bar, there is a significant decrease in SO2
scrubbing efficiency, especially at the NO/SO: ratio of 0.57 (Fig. 5.7 (a)), where the scrubbing
efficiency drops to 71% compared to 87% for the NO/SO2ratio of 1.15(Fig. 5.7 (b)). This is mainly
because at 5 bar, the amount of NO converted to NOz2 is low when the inlet concentration of NO
is lower. This results in lower HNO2 concentration in the liquid phase which results in a lower rate
of liquid phase reaction between HNO2 and HSOs, resulting in lower scrubbing of SO2. It is
important to note that the reduction in SOz absorption because of reduced pressure can be
compensated with higher NO concentration at the inlet. A tradeoff between the NO/SO: ratio and

the operating pressure exists depending on the type of fuel.

Table 5.5 Experimental parameters for Figure 5.7

Parameter Value

Temperature 22°C

Pressure 5 bar; 10 bar; 15 bar

SOz concentration 465 ppm

NO concentration 263 ppm (NO/SOZ = 0.57); 535 ppm (NO/SOZ = 1.15)
COz2 concentration 96% (v/v)

O2 concentration 3% (v/v)

L/G ratio (mass/mass) 0.86
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Figure 5.7 Impact of pressure on SO2 and NO scrubbing efficiency at different NO/SO ratio.

5.4.5 Impact of inlet gas temperature and NO/SO: ratio

The inlet temperature of the flue gas going to the DCC is determined by the acid dew point
temperature in a POC power plant. A higher SOs content in the flue gas can result in the flue gas
entering the DCC at higher temperature, therefore it is important to understand the impact on
temperature on the RE and the overall scrubbing of SO2 and NO. The experiments were carried
out at 10 bar and 3% v/v inlet O2 concentration. The concentration of SO2 was kept constant at
465 ppm and the NO concentration was varied to understand the impact of NO/SO: ratio. A
detailed set of parameters is presented in Table 5.6. At first, the NO concentration entering in the
column was kept zero, which signifies that the removal of SOz2 is only due to the absorption in the
column. The concentration of NO is then increased at the ratios of NO/SO2=0.57 and 1.15. The
same experiments are performed at three different temperatures of 22 °C, 113 °C, and 215 °C, to

study temperature impact. The presence of NO in the flue gas enhances the removal of SO as per
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reactions R4 and R5. The measure of this impact was studied at varying temperature and different
NO concentrations.

Table 5.6 Experimental parameters for Figure 5.8

Parameter Value

Temperature 24°C; 115°C; 213°C
Pressure 10 bar

SOz concentration 465 ppm

263 ppm for NO/SO2 = 0.57

NGO concentration 535 ppm for NO/SO2 = 1.15

CO2 concentration 96% (v/v)

O2 concentration ~3% (Vv/IV)

Water flow rate 0.26 + 0.01 gpm
L/G ratio (mass/mass) 0.86

Figure 5.8 (a) shows the increase in scrubbing efficiencies with the increase in NO inlet
concentration in the inlet flue gas (or NO/SO: ratio). As mentioned earlier, it was assumed that,
Overall SOx removal is just the summation of removal due to absorption plus the removal due to
reaction enhancement (RE). At any constant temperature, the share of SOx removal due to
absorption remains constant, however with the NO increase, reaction enhancement share goes up.
This is mainly because, with the increase in the NO inlet concentration there is higher NOx
oxidation in the column for the same gas residence time. This results in a higher concentration of
HNO: in the liquid phase, which increase the rate of reaction R9 and R10, and consequently higher
consumption of HSO3 ion. This causes the equilibrium of R3 to shift in forward direction leading
to more removal of SOx. This is mainly why a higher NO inlet concentration is preferred for
systems with higher SO2 concentration. Impact of temperature on overall SOz removal along with
the impact on individual contributing factors is presented in Fig. 5.8 (b), which shows the decrease

in scrubbing efficiency of SO2 with increase in temperature at any constant NO/SOz ratio. As the
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temperature increases from 22°C to 215°C, the removal due to absorption decreases, however the
reaction enhancement is seen to increase. The overall removal of SOz decreases as the increase
due to liquid phase reactions is not sufficient enough to counter the decrease due to direct
absorption. At higher temperature, R9 and R10 have higher reaction rates causing more removal

due to liquid phase reactions.
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Figure 5.8 SO, removal with varying temperature and NO/SO; ratio

5.4.6 Impact of L/G ratio on NO and SO: scrubbing efficiency

The amount of water required to recover the latent heat from POC flue gas with minimum exergy
loss depends upon the inlet temperature of the flue gas and its moisture content. Depending on the
moisture in the coal and the type of recycle, the range of required L/G ratio can vary significantly.
Therefore, in the following set of experiments L/G ratio was varied between 0.6 — 1.17 kg(1)/kg(g),
to understand its impact of on the scrubbing efficiency of SOx and NOx. Apart from the cooling
water flow rate, all other inlet parameters were kept constant. The gas inlet temperature was

maintained at 215 °C. Each set of experiments were first run without NO in the flue gas to collect
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the SOz absorption data, followed the introduction of NO to understand the impact of NO on SO2

absorption. The condition used in the experiments are presented in Table 5.7.

Table 5.7 Experimental parameters for impact of L/G ratio

Parameter Value
Temperature 215°C
Pressure 10 bar
SOz concentration 465 ppm
NO concentration 535 ppm
COz2 concentration 96% (v/v)
O2 concentration ~3%(v/v)

L/G ratio (mass/mass)

0.6; 0.73; 0.86; 1.17 kg(I)/kg(q)
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Figure 5.9 (a) Experimental outlet temperature of gas and liquid at different L/G ratio; (b) Model prediction
of water temperature at different L/G ratio along the length of the column.

Primarily, at high L/G ratios the gas cools faster in the column, which decreases the gas volume

and increases its residence time. The simulated temperature profile from the model at different
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L/G condition can be seen in Fig. 5.9(b). Additionally, the temperature of the gas and liquid outlet
also increases with a decrease in L/G ratio, since more sensible heat from the gas is added to the
successively reduced water flow. The gas and liquid outlet temperatures from the experiment are
presented in Fig 5.9 (a). We found a small but significant discrepancy between experimental and
modeling results for the water outlet temperature. A probable reason is the heat loss from the
uninsulated sump where the water temperature is being measured, whereas the simulated model is

considered to be adiabatic.
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Figure 5.10 Impact of L/G ratio on SOx and NOx removal

The influence of L/G ratio on the overall of SOz and NO is presented in Fig. 5.10. The SO2 removal
increases sharply, around 50% points, with the increase in L/G ratio, compared to NO which only
increases around 10% points. The small increase in NOx removal is both, a function of increased
residence time with gas cooling faster at higher L/G ratios, and the increase in kinetic constant for
NO oxidation which is higher at lower temperatures. Since, NOx removal is mainly controlled by

gas phase oxidation of NO, the reduction in water flow rate doesn’t directly impact the removal of
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NO. However, this is not true of SO2 removal which increases sharply with the increase in water
flow. The breakdown of SOz absorption with and without NOx is presented in Figure xx. At an
L/G ratio of 1.17, where most of the SO2 is removed, the majority of the removal is possible
without NOx, which only accounts for around 12% increase in the RE. With decreasing L/G ratio,
although the overall removal of SO2 decreases, the fraction removed through RE increases. At the
L/G ratio of 0.6, the fraction of SO2 removed by liquid phase RE is close to 45%. There are a
several counteracting factors that results in this trend. Increase in liquid temperature at low L/G
ratios, results in direct reduction of SOz absorption, and consequently reduced HSOs
concentration. Taken on its own, this is a deterrent to the liquid phase reaction rate. Additionally,
looking at the removal of NOy, it can be assumed the HNO2 concentration also decreases slightly
with the decrease in L/G ratio. However, with reduced L/G ratio there is an increase in water
temperature, which increases the kinetic constant of the liquid phase reaction (R9 and R10).
Additionally, there is also an increase in the liquid residence time which gives dissolved HSOs
and HNO2 more time to react. The latter two factors compensate for the reduced concentration
while increase the fraction of SO2 removed through the liquid phase reaction at higher liquid
temperature and low L/G ratio. The model generally under predicts the removal of both SOx and
NOx in all cases, which is mainly because of heat loss from the column, which results in lower
liqguid temperature and consequently, higher removal compared to an adiabatic column

assumption.
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5.5 Conclusions

A key step towards the commercialization of pressurized oxy-combustion technology is the
demonstration and parametric testing of a pilot-scale direct contact column for latent heat recovery
and pollutant removal. This study represents the first efforts in this direction. For the majority of
experiments conducted in this study, the SO capture approached 100%, making NOx capture the
primary metric of performance. This study confirms that NO oxidation is the controlling reaction
in the overall scrubbing of SOx and NOx at temperatures up to 200°C, with a small variation in
NOx removal at a higher temperature, which requires further investigation. Moreover, an NOx
capture efficiency of 80% can be achieved with a modest residence time of 95 seconds and pressure
of 11 bar, with further improvement (>90%) achieved by increasing the residence time and/or
pressure. The NOx capture efficiency is found to be rather insensitive to oxygen partial pressure
until the pressure is less than 0.1 bar, which implies that the excess oxygen in the flue gas of a
POC power plant can be as low as 1%, without affecting scrubbing efficiency. This is important

because lower excess would allow for higher net plant efficiency.

The impact of pressure is mainly apparent through the enhanced gas phase oxidation of NO. At
higher pressure higher NO oxidation results in higher NO removal and consequently higher SO2
removal. The importance of NO2 on SOz2 scrubbing was also confirmed. A low NO concentration
in the flue gas leads to a significant reduction in SOz scrubbing, especially at high temperature
where the solubility of SO2 is decreased. This discourages the employment of other NO removal
technologies before the DCC. The optimal value of N/S will depend on temperature, pressure and

the pH of the system, and a system-dependent optimization will be required to establish this value.
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The impact of L/G ratio was studied, which makes it clear that even though reaction enhancement
increases at lower L/G ratio, the overall reduction in SOx removal is significant, compared to

reduction in NO removal.

Finally, the simple 5-step model presented in the study is able to predict the SOx and NOx scrubbing
efficiency with reasonable accuracy. It can be improved with the availability of more data at high
temperature but at present can assist in the design and optimization of a full-scale DCC for a POC

power plant.
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Chapter 6. A direct contact cooler design

for simultaneously recovering latent heat and

capturing SOx and NOx from pressurized flue

gas
6.1 Introduction

The goal of rapidly decarbonizing the electricity grid while maintaining its reliability has led to
significant interest in carbon capture, utilization, and storage (CCUS) technologies for power
plants [1,2]. Pressurized oxy-combustion (POC), where fuel is burned at elevated pressure in the
presence of oxygen and recycled flue gas, has emerged as a promising lower-cost technology for
the implementation of CCUS [3]. The combustion products from solid-fuel-based POC processes
consist primarily of CO2 and H20, with small amounts of sulfur and nitrogen oxides. The principal
motivation for high-pressure combustion is the benefit of condensing the flue gas moisture at a
higher temperature compared to atmospheric pressure combustion [3,4]. The latent heat recovered
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from the flue gas at higher temperature can be integrated into the steam cycle to increase plant
efficiency. In a POC process operating at 15 bar, the integration of moisture latent heat can lead to
a potential increase of 1.5 — 2.5 percentage points in net plant efficiency [5]. Since the CO2 product
needs to be compressed downstream for transportation and storage, and the cost of compressing
oxygen is comparable to that of compressing COz, there is no additional cost for pressurizing the

upstream combustion process.

The second significant benefit of high pressure is the potential to remove SOx and NOx
simultaneously and economically in a reactive-absorption column. The SOx and NOx in the flue
gas are major pollutants formed during coal and biomass combustion that also have the potential
to corrode plant equipment [6]. In conventional atmospheric pressure combustion processes, the
removal of SOx and NOx is achieved in two steps - a selective catalytic reduction (SCR) unit to
remove NOx and a flue gas desulfurization (FGD) unit to remove SOx [7,8]. In a POC process, the
partial pressure of Oz is higher in the flue gas because of the higher total pressure. This helps to
more rapidly oxidize NO into water-soluble NO2, making it easily removable in an absorption
column [9]. The solution-based reactions between nitrogen and sulfur species further enhance
removal of NOx and SOx, such that POC has brought the opportunity for the integrated pollutant
removal (IPR), where NOx and SOx are simultaneously scrubbed in a pressurized water-wash
column, i.e., direct contact cooler (DCC). A cost reduction of about 70% has been reported for this

technology, compared with conventional cleaning technologies using SCR and FGD [10].
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Previous work on simultaneous removal of SOx and NOx focused on flue gas from atmospheric
pressure oxy-combustion of coal. White et al. used a slipstream from an atmospheric-pressure,
160 kWi oxyfuel combustor to evaluate SOx and NOx removal [11]. The flue gas was cooled to
room temperature such that the majority of the moisture was removed before compressingto 5 — 15
bar to prevent acid condensation in the compressors. They concluded that it was possible to remove
SOx and NOx components from oxy-fuel-derived CO2 without employing FGD or SCR
technologies. Murciano et al. performed lab-scale experiments on dry synthetic flue gas to
understand the effect of pressure and residence time on NOx and SOx scrubbing [12]. They reported
that NO is readily oxidized to NO2 at high pressure in the presence of oxygen. However, SO2 was
not oxidized to SOs. They also noted an interaction between SOz and NO: in the presence of water
vapor, however, the analysis was complicated by the formation of acid droplets. A similar study
by White et al. on an atmospheric oxy-combustion slipstream analyzed SOx and NOx removal in
a two-stage system of 15 and 30 bar [13]. They reported that NO reduction was a function of
residence time and pressure, while SO2 removal was affected by both residence time and make-up
water flow rate. These studies confirmed that SOx and NOx removal at high pressure, low
temperature, and high liquid-to-gas ratio(L/G) was possible, without the objective to recover the
latent heat of moisture. C.lloeje et al. and Tumsa et al. modeled and parametrically analyzed
similar DCC processes, both of which established the possibility of pressurizing the flue gas and
then removing SOx and NOx using a water contact column. They suggested pressurizing the gas to
30 bar for greater NOx removal [14,15]. Similar to the experimental system, these models did not
consider recovering the latent heat from the flue gas. The moisture in the flue gas was removed in

a cooler before compression, and cold flue gas was fed into the column at high L/G ratios.
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Although these studies confirm the possibility of removing SOx and NOx at high pressure, a
detailed analysis is required for POC systems where the flue gas is already at high pressure and
temperature. As proposed by Gopan et al., the recovery of latent and sensible heat, along with the
removal of SOx and NOx in one single column, will further reduce the complexity and cost of the
POC power plant [3]. In this case, the DCC can act both as a heat exchanger to recover latent and
sensible heat from the flue gas and an absorber for SOx and NOx. Moreover, to maximize plant
efficiency, the water temperature exiting the DCC must be maintained at a relatively high
temperature, which is accomplished by constraining the L/G ratio, making scrubbing a high-
temperature process [4,5]. The performance of SOx and NOx removal in a DCC at high water

temperature and low L/G ratio has received little attention.

In this work, we propose a novel design for a DCC operated at 15 bar for a 550 MWe pressurized
oxy-combustion power plant, and we use a validated model for performance evaluation. The
conventional DCC design typically contains a counter-current absorber with one water inlet at the
top and one gas inlet at the bottom of the column. The design proposed in this work allows for
multiple water inlets. A model is used to optimize the number of inlets and the water flow rate for
each inlet to maximize the NOx and SOx removal. The reaction kinetics used in the model are
validated against results from a 100 kW pilot-scale DCC experiment. We compare the
temperature and volumetric flow profiles for gas and liquid in the conventional and new designs
and discuss the effect of moisture condensation on the residence time and gas and liquid reaction
kinetics. Finally, a comparison and analysis of the differences in SOx and NOx removal efficiency
are presented. This work is the first effort to model and optimize a single DCC column that

integrates heat recovery and SOx and NOx removal.
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6.2. Methodology

6.2.1 Modeling Methodology

The design of the DCC is based on flue gas from a 550 MWe pressurized oxy-combustion plant
using Montana PRB coal [16]. The flue gas conditions and composition are presented in Table 6.1.
The 1.2% oxygen concentration in the flue gas is based on the work of Zhiwei et al., which showed
that complete combustion of coal particles could be achieved in oxy-combustion with an excess
oxygen concentration of just 1% when operating at 15 bar [17]. The inlet concentration of NOx
and SOx to the DCC depends on the amount of sulfur and nitrogen in the coal. Inlet concentrations
of 900 ppm SOz and 900 ppm NO are assumed for this analysis, which is in the same range as the
values assumed by Ajdari et al. and lloeje et al. for similar analyses [15,18]. The trace elements,
such as chlorine and mercury, are not considered in the model since they are in small quantities

and do not affect the chemistry of the process.

The DCC was modeled as a rate-based reactive absorption column using a RadFrac unit in Aspen
plus V9, as a rate-based model is required to analyze residence time constraints. The ionic
interaction in the liquid phase requires the use of an electrolytic equation of state for the
thermodynamic properties of the components. Hence, ELECNRTL was used as the property
method because of its compatibility with the system in both the liquid and gas phases. The column
was modeled as a ten-stage column, with gas introduced below the bottom-most stage. For the
conventional DCC design, water is introduced above the top stage. For the modified DCC design

with multiple water inlets, water can be introduced above each stage. The analysis found no
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relevant increase in accuracy with more than ten stages. The results are presented with the bottom-
most stage numbered as Stage 1. The column was assumed to be adiabatic, with no heat loss to the

surroundings.

Table 6.1 Inlet modeling parameters

Parameter Value
DCC pressure (bar) 15
Inlet gas flowrate (kg/s) 205.3
Inlet gas temperature (°C) 200
Inlet water flowrate (kg/s) 212.5
Inlet water temperature (°C) 24
Inlet gas composition (% viv)
CO2 55.4
H20 40.2
02 1.2
NO 0.09
NO2 0.01
SO2 0.09
SOs3 0.01

6.2.2 Column Design

A conventional design, presented in Fig. 6.1(a), is a counter-current packed column with water
coming from the top and gas from the bottom. For this study, the L/G ratio was determined by
fixing the moisture content of the outlet flue gas to be 1.5 % v/v and maximizing water outlet
temperature. The resulting L/G ratio was close to 1.03 kg/kg, and the corresponding outlet water
temperature was around 160 °C. Based on this L/G ratio, the column diameter was sized for a 75%
approach to the flooding velocity for optimum mass transfer, which comes out to be 5.6 m. The

height of the conventional column was determined based on the targeted outlet concentration of
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SOx (< 50 ppm). The packing material selected was 80 mm Raschig rings since this provides good

mass transfer with a reasonable pressure drop in the column.

Gas Outlet Gas Outlet
Water Inlet Water Inlet 1
kT I
Water Inlet 2
Gas Inlet
Gas Inlet >

Water Outlet
Water Outlet >

(a) (b)

Figure 6.1 (a) Conventional and (b) Proposed multi-water-inlet column design.

The proposed column, shown in Fig. 6.1(b), uses the same dimension and packing material as
those of the conventional column in Fig. 6.1(a). To ascertain the inlet water flow rate at each stage
in an optimized design, ten water inlets, one above each stage, were introduced in the column. Two
parameters were applied as constraints — the total water flow rate and the outlet gas moisture
concentration (< 1.5 % v/v). The multivariate optimization tool in Aspen Plus was used to
minimize the two objective variables — the outlet NOxand SOx concentration, by varying the water
flow to each stage. The optimization results suggested that a simple design with only two water

inlets provides the best removal efficiency, one stream at the top with 23.5% of the total flow and
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the remaining entering above the 4™ stage. The outlet SOx concentration and NOx concentration in
the optimized design were achieved below 50 ppm and 100 ppm, respectively. The required outlet
concentrations are based on the CO: transport pipeline quality guidelines [19,20]. These split
ratios and injection locations could vary with the total moisture content in the flue gas, inlet gas
and liquid temperature, and the inlet SOx and NOx concentration. Hence, for a different coal and

combustion design, further optimization would be needed.

6.2.3 Chemical Kinetics and Model Validation

In addition to the thermophysical water condensation process, several gas- and liquid-phase
reactions occur inside the DCC. The most important reaction for NOx removal is the oxidation of
NO to NO2. Tsukahara et al. reviewed several studies on the gas-phase oxidation of NO to NO2
and reported that NO oxidation is a third-order reaction, depending on the partial pressure of NO
and Oz [21]. They reported that the kinetic constant for the reaction decreases slightly up to a
temperature of 500 °C and then increases at higher temperatures. Since the DCC is designed to
operate between gas temperatures of 20 to 200 °C, it is important to consider the dependency of
the kinetic constant on temperature. Ting et al. [9] also reported similar reaction Kinetics with rate

constants relevant for high-pressure operations.

In the DCC column, NO2 produced via,
2NO(g) + 0,(g) — 2N0,(9) (R1)

is readily absorbed in water to form HNO2 and HNOs in a 1:1 ratio, according to
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2NO,(g) + H,0(aq) - HNO,(aq) + HNO5(aq) . (R2)
The SOz in the gas is absorbed in water to form HSO3, according to
50,(g) + H,0(aq) © HSO3 (aq) + H" (aq) . (R3)

Both Reaction 2 and 3 are instantaneous and are treated as equilibrium reactions in the kinetic
model [22, 23]. Similarly, SOz dissolves instantaneously in water to form H2SO4 according to

Reaction 4 and is also treated as an equilibrium reaction.

S05(g) + H,0(aq) < HSO; (aq) + H*(aq) (R4)

Although the liquid-phase interactions have received less attention, Normann et al. [24] found that
complex interactions between HNO2 and HSO"3, which are capable of enhancing the oxidation rate
to produce HNO3 and H2SOg4, play an important role in the scrubbing chemistry. They presented

the Raschig mechanism to explain the interaction of HNO2 and HSOs" in the liquid phase:

HNO,(aq) + HSO5 (aq) » NOSO3 (aq) + H,0(aq) (R5)
N0SO;3 (aq) + H (+H,0) » HNO(aq) + H,S0,(aq) (R6)
N0SO5 (aq) + HS05 (aq) » HNO(S05)%™ (aq) (R7)
HNO(aq) + HNO(aq) - N,0(g) + H,0(aq) (R8)
HNO(S505)3~(aq) + H*(aq) » HNOHSO; (aq) + H*(aq) + HSO; (aq) . (R9)

They concluded that the liquid phase interaction between HNO3  and HNO:2 should be further
investigated in the range of pH relevant to DCC. Based on a sensitivity analysis of the primary

reactions, Ajdari et al. [18, 25] proposed a reduced mechanism of between 7 to12 reactions for the
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relevant pH range. They concluded that the gas-phase reactions are limited by NO oxidation,
whereas the liquid-phase interactions are predominantly pH controlled. They reduced the liquid-

phase mechanism to two major reactions, Reaction 10 and 11:
HNO, + HSO3 — HSO; +2N,0 +~H,0 (R10)

HNO, + 2HS0; - HON(S03)2~(HADS) + H,0 (R11)

In our previous work [26], we further reduced the entire mechanism to a total of 5 reactions (R1,
R2, R3, R10, and R11) through an experimental and mathematical optimization of the model, as
shown in Table 6.2. Two main findings were reported in this work: 1) the gaseous species such as
N204 have a negligible impact on the kinetics, and 2) the dissociation of HNO2 to HNO3z and NO
is not significant in DCC conditions. The SOs absorption reaction is not considered in the kinetic
models discussed above because SOs is highly soluble in water and is removed at the entrance to
the column, hence it does require a kinetic analysis. However, it was included in the Aspen model

presented in this work.

Table 6.2 Reduced reaction mechanism used in the modeling

Reaction Type
1 2NO + O2 = 2NO2 Kinetic [9]
2 2NO2 + H20 = HNO2+ HNOs Equilibrium
3 SOz + H20 < HSOs + H* Equilibrium
4 SO3 + H20 - HSO s+ H* Equilibrium
5 HNO2+ HSO3 - HSO4 + % N20 + 0.5 H20 Kinetic [28]
6 HNO2 + 2HSO3 = HNO(SO3)2? + H20 Kinetic [28]

118



This proposed kinetic model was validated in a small pilot-scale DCC by Stokie et al. [27]. The
experiments were performed in a counter-current packed bed with an 0.2 m diameter and 2.3 m of
packing. Several parametric studies were performed at 15 bar pressure and inlet gas temperatures
of 24 and 202 °C using synthetic flue gas containing SO2, NO, Oz and CO2. Experimental and
model results for 15 bar pressure and 24 °C inlet gas temperature are presented in Fig. 6.2. In this
experiment, the NO concentration was varied from 0 to 1000 ppm with SOz and Oz concentrations
fixed at 500 ppm and 3%, respectively. The residence time of the gas in the column was maintained
at 120 seconds for each condition. For these conditions, the NO removal increased with increasing
inlet NO concentration, and SO2 removal was higher than 95% for each case. The kinetic model
presented in Table 6.2 was capable of accurately predicting the outlet concentration of NO and
SO2. Experimental system details and additional results can be found in the study by Stokie et al.

[27].
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Figure 6.2 Kinetic model validation
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6.3 Result and Discussion

For the base case analysis, a conventional column with one water inlet at an L/G ratio of 1 was
simulated for the targeted outlet moisture and SOx concentration. An analysis of the time scales
for heat and mass transfer and the rate of chemical reaction revealed that the removal of SOx and
NOx in the column is limited by the oxidation of NO to NO2. This result was also observed in the
experiments by Stokie et al. [27] and Stanger et al. [29]. Since the L/G ratio and the flue-gas
oxygen content are both fixed, the removal of NO and SO:2 depends on the residence time and
temperature profile in the column. The residence time enhances the overall reaction time for NO
oxidation, while the temperature profile impacts the local kinetic constant of both gas- and liquid-
phase reactions. The proposed new column design, with the same column height, diameter, and
packing, was modeled and operated to achieve a similar moisture outlet concentration and NOx (<

100 ppm) and SOx (< 50 ppm) concentrations less than the target.

6.3.1. Gas temperature profile comparison

The Aspen results indicate that in a conventional column, it is possible to remove SOx and NOx to
the required standards. These results also reveal that only a small fraction of this residence time is
required for cooling and condensing the moisture in the gas, owing to a faster time constant for
heat transfer compared to NO oxidation. A majority of the cooling and condensation is achieved
in about 40% of the column height with the specified L/G ratio. In the conventional column, most
of the cooling and condensation occurs in the top section of the column due to the counter-current,

one-water-inlet design.
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In Fig. 6.3, a comparison between the gas temperature profile in the conventional column and the
optimized column is presented. In the optimized column, most of the water (76%) is fed above the
4™ stage, which is a sufficient height for the majority of heat transfer. This modification leads to a
faster temperature drop in the bottom part (below the lower water inlet) of the optimized column.
The gas outlet temperature is slightly higher than that of the conventional design because a smaller
L/G ratio in the upper section leads to a reduced surface area of contact. A different packing in the
upper column could yield better heat transfer.

175

l —=— =0 - B - g

150 Bl U
5 -
CQ.) \
=~ 125 \
Q \
2 100 "
o
8 \

75 \
g \
P 50 o L
8 Optimized *3

25 ]

-= Conventional
0

1 2 3 4 5 6 7 8 9 10
Stage (Bottom —> Top)

Figure 6.3 Gas temperature profile in the two designs

The kinetics for NO oxidation is significantly affected by the gas temperature profile. In Fig. 6.4,
the rate constant for the NO oxidation reaction for the optimized column is compared to that of the
conventional DCC for each stage. Except for the top stage (Stage 10), the rate constant ratio
(Koptimized/Kconventionat) IS higher than unity throughout the length of the column because the flue gas
temperature is lower in the optimized design than in the conventional design. The highest ratio is
in Stages 5 through 7, where the rate constant is 35% higher in the optimized column, as this is

where the gas temperature difference between the two columns is greatest. On average, over the
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entire column, there is a 13.2 % increase in the rate constant for NO oxidation. This increased NO

oxidation rate is one factor that contributes to the higher removal of NOx in the optimized design.
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Figure 6.4 Comparison of the rate constants for NO oxidation for each stage of the two designs

6.3.2. Change in Volumetric Flow Rate and Residence Time

As seen in Fig. 6.5a, the total volumetric gas flow rate in the optimized design decreases
significantly faster in the lower section. This is due to earlier condensation of moisture and faster
cooling of the gas, both of which reduce volumetric flow rate. In the conventional design, most of
the cooling and condensation occurs in the upper section of the column. In contrast, in the
optimized design, they are largely completed by Stage 5, leading to a much lower flow rate in the
remaining part of the column. It should be noted that the inlet flue gas for this study contains close
to 40% moisture, which leads to a sharp drop in volumetric flow rate when condensation occurs.
Depending on the amount of moisture in the flue gas, the design can be modified to optimize the

water inlet for fast condensation. On the conventional column, the volumetric flow rate drops close
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to 60% in the entire length of the column, from 15 m3/s to close to 6 m3/s. However, in the

optimized column, most of this drop is accomplished by Stage 5.
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Figure 6.5 Comparison of volumetric flow profile of a) gas and b) water in the conventional and
optimized design

Figure. 6.5(b) presents the total water flow rate at each stage. It should be noted that the water flow
is from Stage 10 to Stage 1. The total water at the outlet(Stage 10) increases from 0.22 m3/s to 0.28
mé/s due to water condensation from the flue gas in both columns. For the conventional column,
the increase in the flow occurs between Stages 6 and 9, while in the optimized design, the addition
of water due to moisture condensation is completed before the second water inlet (between Stages
1 to 4). The optimized design exploits the fact that heat transfer is a fast process compared to
reaction kinetics. A column with the sole objective of recovering the latent heat would require

about 40% of the total length of the design presented in this work.

The different gas flow rates over the ten stages lead to different cumulative gas residence times in

the two columns, as shown in Fig. 6.6. The total residence time in the optimized column is

123



39 seconds longer (or 34% larger) than that in the conventional column. The relative increase in
the residence time is apparent above Stage 4. Since the removal of NOx, and consequently SOy, is
limited by the NO oxidation rate, a longer residence time increases the total amount of NO
converted to NOz. This results in higher NOx removal and, consequently, higher SOx removal

because of the liquid phase interactions.
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Figure 6.6 Comparison of gas residence time in the conventional and optimized design

6.3.3 Impact on NOx and SOx Reaction

There are three factors that affect the greater NO to NO2 oxidation in the optimized column, and
thus the larger NO removal. These factors are 1) an increased rate constant due to the sharper drop
in gas temperature in the optimized design, 2) an increase in gas residence time due to the faster
cooling and moisture condensation in the flue gas, and 3) an increase in partial pressure of the
reactants due to the reduced gas volume. The molar flow rate of NO and the comparison of total
NO to NO2 conversion over the ten stages are presented in Fig. 6.7(a) and 6.7(b), respectively. As

seen in Fig. 6.7(b), between Stages 4 and 6, the total NO converted to NO2 in the optimized column
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is 2 — 4 times higher than the conversion in the conventional column. As discussed in relation to
Fig. 4, the ratio of the rate constants also peaks between Stages 4 to 7. The overall impact of the
increase in the rate constant, residence time, and NO partial pressure in these stages makes the NO
removal high. Even though the residence time is higher in the upper stages, the NO concentration
in the optimized column has been reduced to a smaller value, and hence the overall rate becomes
slightly smaller than the conventional column for Stage 7 and beyond. It should be noted that the
benefit of the optimized design is not limited to the pressurized oxy-combustion processes and
should be applicable to other removal technologies having similar kinetic and heat removal

constraints.
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Figure 6.7 (a) molar flow rate of NO and (b) the ratio of NO consumption between optimized and
conventional column (Stage ‘0’ in Figure 7(a) represents the inlet conditions.)

SOz removal depends upon the interaction between absorbed NO:2 (through HNO2) and absorbed
SOz (through HSO3"). The liquid phase reaction is first order in both HNO2 and HSOs", hence an
increase in the concentration of either reactant increases the reaction rate. Figure 6.8 demonstrates

the comparison of SOz flow in the two designs. For the conventional column, SO: is removed
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slowly and almost linearly in the bottom stages but rapidly in Stages 7-10. However, in the
optimized column, SOz reduction is rapidly in the first five stages. This is due to two reasons.
First, in the conventional design, the NO oxidation rate is high in the top section, which results in
higher HNO:2 concentration in the liquid phase in Stages 7-10, and a higher liquid phase reaction
rate. In the optimized design, the NO oxidation is high between Stages 3 — 6, resulting in high
HNO:2 concentration and higher reaction rate in the bottom stages. Also, since most of the SOz is
already consumed in the bottom stages, the unreacted HNO:2 from the top stages flows down and
reacts with HSOs3™ leading to higher removal rates. The second reason for rapid SOz reduction in
the first five stages is that SOz absorption is a function of SO: partial pressure and liquid
temperature. Due to the faster moisture condensation in the bottom stages of the optimized design,
the partial pressure of SO2 increases sharply compared to conventional design, resulting in higher
absorption of SOz in the bottom stages and, consequently, a faster liquid-phase reaction. The water
temperature also drops rapidly in the optimized design (Figure 6.3), which results in higher
absorption of SO2 in lower stages of the optimized design compared to conventional design. The

overall impact of these factors results in enhanced removal of SOz in the optimized column.

It should be noted that almost all the SOz is removed in the process for the conditions specified,
and it would be possible to remove an even greater amount of SOz if more were supplied at the
inlet. The removal is only limited by the amount of NO in the system. However, the SO2 removal
is also very sensitive to the amount of NOx in the inlet; therefore, with a reduced N/S ratio, the
SO2 removal may decline. An enhanced pressure or a modified L/G ratio can be employed to

achieve similar objectives in such cases.
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Figure 6.8 SO, mole flow over 10 stages in the conventional and optimized design

6.3.4 Comparison of NOx and SOx removal efficiencies

Figure 6.9 summarizes the scrubbing efficiency of SOx and NOx for both designs. The increase in
gas residence time and rate constant of the NO oxidation reaction in the optimized design enhances
the scrubbing of NO by almost nine percentage points compared to the conventional design.
Consequently, the increased formation and subsequent absorption of NO2 and the reduced
temperature and increased partial pressure (due to faster moisture condensation) enhances the
liquid phase reaction with HSO"3, resulting in faster and greater absorption of SOz in water. The
scrubbing efficiency of SOx increases by almost three percentage points to 99.98%. The optimized
two-water-inlet design is much more efficient and, consequently, more economical than the

conventional counter-current design.
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Figure 6.9 Comparison of NOy and SO« removal in the conventional and optimized designs.

6.4 Conclusion

A direct contact cooler that simultaneously recovers flue gas heat and removes SOx and NOx can
significantly reduce the cost of pollutant removal in pressurized oxy-combustion systems. This
study modeled and optimized this type of direct contact cooler using a reaction mechanism and
kinetic data validated by pilot-scale experiment results. A time scale analysis of the heat and mass
transfer and chemical reactions indicates that the NO removal is limited by the NO oxidation
reaction.

A conventional column design was compared with a novel optimized design. In the conventional
column, gas is fed from the bottom and water from the top. The gas temperature remains high until
the upper section, where most of the moisture condensation and gas temperature reduction occur.
To optimize the design, the water supply to the column is split into multiple streams, one for each

of the column stages, and then the flow rates for each water stream is optimized to maximize the
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SOx and NOx removal efficiency. The optimal design for the system studied has only two water
streams, with 23.5% of the water fed from the top and the remaining fed from Stage 4™. The
optimized design proved to be significantly better in terms of SOx and NOx scrubbing efficiency.
In this design, the heat transfer in the lower sections is enhanced, leading to faster temperature
drop and earlier moisture condensation. The lower temperature and moisture content both
contribute to a lower volumetric gas flow rate and hence a longer residence time (34% longer).
Since the NO oxidation reaction occurs faster at lower temperatures, the optimized column has a
higher NO oxidation rate, in addition to a longer residence time for NO to oxidize, leading to

significantly higher NOx and SOx removal efficiencies.
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Chapter 7. Quantitative analysis of the impact
of flue gas recirculation on the efficiency of

oxv-coal power plants.

7.1 Introduction

Fossil fuels are abundant, widely-distributed, and reliable, yielding an uninterrupted supply of
energy worldwide. However, they produce large quantities of anthropogenically-derived carbon
dioxide (CO2) [1]. Most agencies that evaluate and project future world energy scenarios have
identified the need for the continued use of fossil fuels, but with a means to capture the carbon
dioxide produced from its combustion [1,2]. Carbon capture, utilization, and sequestration (CCUS)
has been demonstrated as a viable means of mitigating the impact of climate change, in both pilot

and full-scale power plants [3,4].

Among the different methods of capturing carbon dioxide from coal-fired power plants, oxy-coal
combustion is considered as one of the most promising [5]. In oxy-combustion, the fuel is
combusted with a mixture of oxygen and recycled flue gas (RFG). Typically, 60—70% of the flue
gas is recycled back to the combustor [4,6,7]. This large amount of flue gas recycle (FGR) is
typically required to control the flame temperature in the combustor, and thereby maintain heat
flux profiles to the steam tubes that are similar to those in conventional, air-fired power plants [8].
After condensing the moisture in the flue gas, the product stream from oxy-combustion is a
concentrated stream of CO2, which can be purified and compressed for utilization or sequestration.

Although first-generation oxy-combustion power plants—with carbon capture—have been shown
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to be promising and technically feasible, their net plant efficiencies are up to 10 percentage points
lower (25% relative) than traditional air-fired combustion without carbon capture [9]. This large
energy penalty leads to an increase in the cost of electricity [10], hindering broad acceptance of
the technology. The reduction in efficiency is due to the parasitic energy requirements of 1) the air
separation unit (ASU) used to produce oxygen, 2) the gas processing unit (GPU) for CO:2

purification and compression, and 3) the recycle of flue gas to control heat flux.

Recognizing that the energy required to compress CO2 downstream of the boiler is comparable to
the energy required to compress the Oz feedstock upstream, in recent years pressurized oxy-
combustion (POC) has been developed as an advanced oxy-combustion technology [11-13]. Since
the CO2 produced during oxy-coal combustion is ultimately compressed to ~ 150 bar for utilization
or sequestration, pressurizing the combustion process has no additional energy cost. At the same
time, pressurizing the combustion process has several advantages [12]. One of the major
advantages is that at higher pressure, the moisture in the flue gas condenses at a higher temperature.
Thus, the latent heat of condensation can be recovered and integrated to the steam cycle, resulting
in an increase in plant efficiency [14]. Studies have shown that by increasing the operating pressure
of the boiler to around 10 bar and recovering the latent heat of the moisture in the flue gas, the
plant efficiency can be increased by around 3 percentage points [11,14,15]. Further increases in

operating pressure have limited impact on plant efficiency [15].

While pressurization of the combustion process holds promise for increasing the efficiency of the
oxy-combustion power plant, additional improvements are needed to ensure broad implementation

of the POC technology. For both atmospheric and pressurized oxy-combustion, the ASU and

135



GPU are fundamental requirements, however, the large amount of FGR is not. Rather, FGR is
merely a convenient method to control wall temperature and heat flux. Several groups have
focused on the attractiveness of oxy-fuel pulverized coal power plants, in terms of their similarity
to air fired plant and commercially available component. The aim to remain operationally close to
air-fired plant ensures that a high amount of FGR is employed to control the heat flux and heat
flux profiles to be similar to air-fired units [16,17]. The use of flue gas recycle, primary recycle
for fuel delivery, and secondary recycle—constituting the majority—for controlling the heat flux
has been employed for various types of oxy-fuel plants, including pulverized coal fired and
circulating fluidized bed systems [18]. However, a fundamental thermodynamic study on the

impact of designing such a potentially “drop-in” system has not been properly investigated [19].

In fact, several investigators have identified that FGR has a negative impact on plant efficiency,
and have proposed methods to reduce it [12,20,21]. For instance, Prof. Spliethoff’s group in TU
Munich has tried using a controlled non-stoichiometric burner design to reduce the flue gas recycle
to as low as 50% [21], and Kobayashi and Bool discuss the challenges and several potential
strategies for oxy-fuel power plant design with minimal to no flue gas recycle [22]. The SPOC
process [12,23,24] is an example of a process that is designed to reduce recycle in pressurized oxy-
coal combustion. All these process concepts are essentially various methods proposed to overcome
the challenge of a higher oxygen concentration in the combustor—as the FGR is reduced—through
various novel burner and process design solutions. However, to the best of our knowledge, the
benefits of reducing FGR in oxy-combustion have neither been fully understood, nor

systematically quantified.
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Often the goal of reducing FGR is justified only on the grounds of reducing fan-power
requirements. However, in this chapter, we will show that while the fan power loss is significant,
it is not the most important reason for the plant efficiency reduction caused by high FGR. This
chapter mainly focuses on dry flue gas recycle, where the flue gas is recycled downstream of the
gas cleanup unit operations, such as particulate filters, flue gas desulfurization units, and moisture
condensers [10,25,26]. Wet recycling, on the other hand, involves recycling of flue gas prior to the
gas cleanup unit, where it is still hot, contains acid gases and ash particles. While wet recycling
could avoid a significant amount of exergy losses described in this chapter, it is associated with
several practical challenges like corrosion and erosion and will not be discussed in this chapter.
Rather, since the proportion of studies and demonstration plants using dry recycle is much more
than wet recycle, in this chapter we will focus on the impact of dry FGR on the efficiency and
performance, for both atmospheric and pressurized oxy-combustion. Additionally, to keep the
analysis focused on the thermodynamic impact of recycle we have combined the primary and
secondary recycle as one recycle stream. Various proposed combinations of primary and secondary
recycle can be understood using the same methodology. Similarly, the advantage of reduced air-
ingress in pressurized oxy-combustion—with the potential to delivery higher purity CO2, reducing
the cost of CPU—is also not discussed in this work, as it deviates from the focus of this work. The

impact of reduced air-ingress can easily be added on top of the gains / losses discussed herein.

Finally, it is important to note that the scope of the manuscript is to clarify the impact of the critical
parameter of flue gas recycle ratio on the efficiency of oxy-combustion power plants—both
atmospheric and pressurized—using thermodynamic analysis. The novelty of this work comes

from clearly and quantitatively explaining the fundamental reason for the reduction in plant
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efficiency with FGR. This comes at a time when there is significant interest in reducing flue gas
recycle in oxy-combustion, without a clear explanation or quantification of the benefit of FGR
reduction. This work yields a set of simple algebraic equations that can be used in the optimization
of FGR for any oxy-combustion plant concept. For completeness, the results from a detailed plant
model developed in ASPEN Plus are also presented—as a confirmation of the accuracy of the

thermodynamic analysis.

7.2 Methodology

7.2.1. Parallel heat exchangers (PHX): Quantifying heat integration capacity

A simplified process flow diagram for the gas side of a first-generation oxy-combustion plant is
shown in Figure 7.1. As described previously, the fuel is combusted with a mixture of oxygen and
recycled flue gas within the boiler. The resulting flue gas heats the boiler tubes (carrying
water/steam) and enters the preheater where it heats the cold RFG coming from the flue gas re-
heater. The temperature of the flue gas stream into the preheater must be maintained above the
acid dew point to avoid corrosion. From the preheater, the flue gas goes through various gas
cleanup equipment, typically including an Electrostatic Precipitator (particulate removal), Flue
Gas De-sulfurization (SOx removal), and Direct Contact Cooler Polishing Scrubber (moisture and
SOx removal/conditioning). Around 60-80% of this flue gas from the DCCPS is typically recycled

back to the boiler, and the rest is sent to the GPU for purification and compression.
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Figure 7.1. First-generation oxy-combustion process flow diagram. ESP: Electrostatic Precipitator; FGD:
Flue Gas De-sulfurization; DCCPS: Direct Contact Cooler Polishing Scrubber.

To study both the integration of heat from the gas side to the steam side and the effect of FGR on
plant efficiency, a base steam cycle, as shown in Figure 7.2, is constructed. The steam conditions
are as in Gopan et al. [12], where the key assumptions and approaches follow the guidelines from
the NETL’s QGESS [27]. The steam cycle considered here is a single reheat supercritical Rankine
cycle, with the main steam at 242 bar and 593 °C, and the reheat steam at 49 bar and 593 °C. The
steam cycle parameters are presented in Table 7.1. Seven indirect feedwater heaters (FWH) and
one direct feedwater heater for de-aeration are used in the steam cycle. This arrangement is typical

in the power industry [28].
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Figure 7.2. Simplified steam cycle with PHXs for thermal integration. GSST: Governing Stage Steam
Turbine, HPST: High Pressure Steam Turbine; IPST: Intermediate Pressure Steam Turbine; LPST: Low
Pressure Steam Turbine; PHX: Parallel Heat Exchanger.

Table 7.1 Key steam cycle process parameters

Parameter Value
Governing stage efficiency 85 %
High-pressure efficiency 915%
Intermediate-pressure efficiency 94 %
Low-pressure efficiency 89.2 %
Generator efficiency 98.8 %
Motor efficiency 97%
Condenser pressure 0.048 bar
Terminal temperature difference 11.7 °C

If additional heat is available from the flue gas stream or the ASU, and can be used for regeneration

of boiler feed water (BFW), the amount of steam bleeding from the turbine can be reduced and,
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consequently, the gross power production increased. Depending on the temperature at which this
additional heat is available, its integration will result in different amounts of increased electricity
production, and thereby increases in net plant efficiency (NPE). To quantify the conversion
efficiency from thermal to electrical energy for these heat sources, conceptual parallel heat
exchangers (PHXs) are employed [26] (as shown in Fig. 7.2). The thermal to electrical energy
conversion ratio for each of the PHXs is defined as the marginal efficiency of the FWH [26]. The
concept of marginal efficiency is the manifestation of the 2" law of thermodynamics in the form
of heat integration principles. Since, the exergy of the heat integrated to the FWHSs operating at
different temperature ranges is different, the work produced from these FWHs for the same amount
of heat integration will be different as well. Consequently, the FWHSs operating at higher
temperature—having a higher exergy or availability—have higher marginal efficiency. This
methodology makes it easier to conceptualize and calculate the amount of electric work that can
be produced by any given energy source if the temperature and the quantity of thermal energy are
known. In this study, the concept of PHXs and marginal efficiency is extended to include the
temperature range for the boiler, and the steam generator, superheater, reheater, and economizer
can be lumped into a single unit—the boiler. It should be noted that marginal efficiency is a

function of the steam cycle rating and configuration. Mathematically, it can be represented as

n(T) =258 M

AQ¢n

Figure 7.3 presents the marginal efficiency as a function of temperature. In this work, the steam
cycle modelling for heat integration and the calculation of marginal efficiency are performed using
Aspen Plus (v8.8) for a 550 MWe. power plant. The marginal efficiency of the other FWHSs was
calculated and is presented in Figure 3. They were found to be the same as found in Hagi et al.

[26]. Additionally, the marginal efficiency of the thermal energy transferred by the boiler was
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calculated to be 54%. The total work obtained from the integration of all the heat sources can be

represented as
AWine = Xi'0,0; (2)
The change in net plant efficiency due to exergy losses caused by recycling flue gas is then given
by
%ANPE = “Yint (3)

coal

where Q.,4; IS the higher heating value (HHV) of the coal.
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Figure 7.3 Marginal Efficiency as a function of temperature

It is important to note that there is a limit to the amount of heat that can be integrated to each
parallel heat exchanger. Starting from a well-designed steam cycle with no integration, the steam
bleeding ratio from the turbines decreases as the amount of heat integrated through a PHX

increases. Once sufficient heat is integrated—such that the bleed ratio directed to the
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corresponding FWH becomes zero—no additional heat can be integrated to that PHX, and the

remaining heat must be integrated into a PHX at a lower temperature.

7.2.2. Simplification of a power plant: Quantifying the effect of FGR

For illustration purposes, as shown in Figure 4, we conceptualize the power plant as being made
up of a High Temperature (HT) block—including the boiler, superheater, reheater, and
economizer—and a Low Temperature (LT) block, which is comprised of a flue gas pre-heater.
The demarcation between the HT and LT blocks is based on the practical integration of heat into
the steam cycle. Typically, in first-generation oxy-combustion power plants, only heat from the
HT block is integrated into the steam cycle [10]. However, for an efficiently valorized oxy-
combustion power plant, the excess heat from the LT block can also be integrated into the steam
cycle as LT economizing heat [29]. Additionally, a Loss block is added to the model to lump all
unit operations that primarily lose heat from an energetic viewpoint. In first generation oxy-
combustion power plant, the loss block includes FGD, DCCPS, etc. which operate at flue gas
temperatures below its acid dew point. As these unit operations run at relatively low temperatures,
the recovery of heat using BFW or steam is economically infeasible—rendering these unit
operations as essentially heat loss units. The temperature at which the flue gas comes out of the
economizer in a power plant is typically in the range of 330—350 °C, and hence this temperature is
used to distinguish between the HT and LT blocks. Due to acid-dew-point considerations, a

temperature of 140 °C is used to separate the LT block from the Loss block.
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Figure 7.4 Simplified block diagram to understand the effect of flue gas recycle on cycle efficiency.

To understand the effect of FGR on power plant efficiency, the recycled flue gas is treated
separately from the oxygen stream. In this way, the oxy-combustion plant can be considered to be
made up of two “streams”, as depicted in Figure 7.4. The first stream, which is shown in the top
part of the figure, is the “oxygen stream”—which is the stream that would exist if there were no
FGR. This stream includes the incoming oxygen preheated by the LT block, which is mixed and
combusted with coal in the HT block, and the flue gas resulting from the oxygen/coal combustion
that flows from the HT block to the LT block and then to the Loss block. The second stream,
shown at the bottom of the diagram, consists of the recycled flue gas, which circulates between
the High Temperature, Low Temperature, and the Loss blocks. As can be seen, the RFG stream
essentially transports part of the heat from the HT block to the LT block, and further downstream

to the Loss block. In practice, part of the heat from the RFG may be required for coal drying,
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however it is negligible compared to the overall recycle. Also, following the work of [29], the
maximum temperature of preheating the RFG in the preheater (LT block) is assumed to be 110 °C.
Since the National Energy Technology Lab (NETL) assumes an even lower temperature of 55 °C
[13,14], this lower temperature will also be considered for comparison. Due to such constraints in
preheating, surplus heat is available in the flue gas after heating the incoming RFG. In a valorized
oxy-combustion power plant, this heat is integrated into the steam cycle. In a non-valorized plant,
the flue gas in the LT block is simply cooled using cooling water to a temperature of 140 °C before

entering the Loss block (FGD, DCCPS, etc.) [15,20,29].

For the baseline assumption of zero flue gas recycle (ZR), an energy balance equation on the HT
block can be written to obtain the energy available to the steam cycle from that block as:

out —
Zrur = MHHV, +mg, co, yr ATo, yr — MpgCp AT, 4)

where m. and m,, are the mass flow rates of the coal and oxygen fed into the HT block
respectively, mg. is the mass flow rate of flue gas coming out of it, HHV, is the higher heating
value of the coal, and ¢, o, .. and c,, are the average specific heats of the oxygen into and the

flue gas out of the HT block, respectively, and the deltas for temperature are the difference from a

reference temperature.

For a fixed exhaust gas temperature from the HT block (herein assumed to be 330 °C), the heat
available from the HT block to the steam cycle reduces with increasing RFG because part of the
heat of combustion is used to increase the temperature of the RFG entering the HT block (Stream
IV) to the exit gas temperature. If Q2% is the amount of thermal energy obtained from the boiler

when the mass flow rate of the recycled flue gas is myp;, the change in the thermal input to the
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steam cycle from the HT block—compared to a case without flue gas recycle—can be expressed
as

AQur = Q%,tHT - ng%t = MgFrg (Cp,IVTIV — Cp1 Tp), (5)
where, T, is the temperature at which RFG enters the HT block (stream 1V), and T; is the
temperature at which flue gas exits the HT block. If the marginal efficiency of the HT Block is

Ny, the change in the electrical work produced from the HT block can be written as

_ t ty —
AWeieeur = Nyp (Q%,HT —Qir ) = Mygr MRFG (Cp,IVTIV — Cpi T)), (6)

A similar analysis for the LT block will yield the heat available for the steam cycle (assuming

valorization) for the case of zero FGR as

%,tLT = Mgg (Cp,VTV — Cpyvi TVI) — My, (Cp,OzTIV — Cp,0, Toz), (7)

where ¢, ; is the specific heat capacity of stream i and T, is the temperature of oxygen entering
the LT block. When FGR is introduced, the change in heat available to the steam cycle from the
LT block is
AQur = Q%,CLT - Qir b= mRFG[(Cp,ITI — Cp11 Tu) - (Cp,IIITIII - Cp1v TIV)] (8)
If the marginal efficiency of the LT Block is n,, the change in the electrical work produced from
the LT block is
AWeiee, .t = MiT Mgrg [(Cp,ITI — Cp1n TII) - (Cp,IIITIII — Cprv TIV)] 9)
Neglecting fan losses, the change in the net plant efficiency due to flue gas recycle can be

expressed in terms of the changes in electrical work output from the HT and the LT blocks

%ANPE = (AW etec HT+ MW elec LT) — (MuTAQHT+NLTAQLT) (10)
Qcoal Qcoal

Note that equation (4), (5), (7), and (8) are the manifestation of the first law of

thermodynamics—quantifying the change in energy transferred to the steam cycle as a function
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of the amount of flue gas recycle. Equations (6) and (9) then multiply that heat (first law) with
the marginal efficiency (second law of thermodynamics) to finally quantify the useful work done

by the heat, i.e., electricity produced, and consequently the net plant efficiency in equation (10).

7.3 Results and Discussions

7.3.1. Understanding the Effect of Recycle

There are two means by which efficiency is reduced (exergy is destroyed) when flue gas is
recycled. As the HT block represents the highest temperature region, any transport of energy from
the HT block to a lower temperature region will destroy some exergy and produce less electricity,
as expected from the marginal efficiency curve (Fig. 3). Only a part of the energy transported from
the HT block by FGR is exchanged in the LT block, either as gas pre-heating or as steam cycle
integration. The remainder is transported to the Loss block, which has a conversion efficiency of
zero. This transport of energy to the Loss block with zero conversion efficiency is the first means
of exergy destruction. However, even the part of the energy transported from the HT block, which
is exchanged with steam in the LT block (LT block heat valorization case), the significant
difference in marginal efficiency between the HT and the LT block adds to the loss in efficiency
due to FGR. In a non-valorized power plant—as is typical in first generation oxy-combustion
design—this loss gets further exacerbated due to zero conversion in the LT block—Ileaving only

the recovery due to pre-heating of RFG.

Figures 7.5 and 7.6 show the heat available from the HT and LT block to the steam cycle as a

function of FGR. It is interesting to note that decreasing the recycle ratio from 80% to 70% halves
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the loss of heat from the HT block (RFG flow rate halves), while the loss is nearly linear with
recycle ratio in the 0-40% range. As is evident from these figures, the change in the amount of
energy available to the steam from the HT block due to FGR, 4Qyr, is a linear function of the
RFG flow rate. However, the relationship between A4Q,; and the more commonly used parameter,
flue gas recycle ratio, is not linear, and AQy falls sharply at high recycle ratios. The reason for
this non-linear behavior is the often-overlooked hyperbolic relationship between recycle ratio and

RFG flow rate, which is shown in Figure 7.7.
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Figure 7.5 Change in the thermal energy transferred to steam cycle from HT block.
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Figure 7.6 Change in the thermal energy transferred to steam cycle from LT block.
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Figure 7.7 Flue gas mass flow rate as a function of recycle ratio.

The effect of this non-linearity is not only evident in the non-linear exergy destruction at high
recycle ratios but also in fan power losses. Fan power as a function of recycle ratio and recycle
mass flow rate is shown in Figure 7.8. This is derived using a simplifying assumption of fan power
being proportional to the momentum flux, and scaling the fan power requirement from that

presented in [10]. For low recycle—up to 40% recycle ratio—the fan power does not affect plant
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efficiency because the mass flow rate of the flue gas being recycled is low. The NETL report
accounting for the power requirement for the induced and forced draft fans indicate that the fan
power losses for close to 60% recycle ratio is also negligible compared to other auxiliary loads in
the system [30]. On the other hand, at very high recycle ratios (say, in flameless combustion) a
significant loss in plant efficiency would result due to fan power requirements. This loss would be
exacerbated for high temperature (wet) recycle due to the lower density associated with high

temperature and the presence of water vapor in the flue gas.
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Figure 7.8 Change in net plant efficiency due to fan power requirements as a function of recycle
ratio.

NOTE: The efficiency loss due to fan power is not considered further in this work. Also, only the

efficiency loss due to exergy destruction caused by dry recycle of flue gas is presented.

The change in the net plant efficiency of the first-generation oxy-combustion plant with increasing

recycle ratio (from zero—a conceptual plant, to 80%—as in a flameless concept) and the flow rate
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is shown in Figure 7.9. The efficiency is seen to decrease sharply at the higher recycle ratios for
both valorized and non-valorized cases, with a higher loss for the non-valorized case. As expected,
the temperature to which the RFG is heated in the preheater (LT block) has an impact on the NPE,
with the lower temperature case (55 °C, NETL) resulting in a larger loss in efficiency compared
to the higher temperature (110 °C, EDF) case. This is because, for the lower temperature (NETL)
process, even though more heat is available to the steam cycle from the LT block (less heat is spent
in pre-heating RFG), the reduction in exergy—and thus electricity—is much more, and results in
a lower net plant efficiency. However, once again, due to the low RFG mass flow rate at recycle

ratios below 33%, the impact of pre-heat temperature is also limited at low recycle ratios.

Recycle Ratio (%) Recycle Gas Mass Flow Rate (kg/s)
0 20 40 60 80 0 150 300 450 600 750
0.0 : : 0.0 —— : : . i
6,1_5- §-1.5— ‘~\\
= ¢ -
R 3.0 R -3.0- .
w . R
a o <
Z 45 : Z 45 .
—— NETL (Unvalorized) \ _ T
60l -~ EDF (Unvaorized) -6.0{ — NETL (Unvalorized)
il I U EDF (Valorized) - --- EDF (Unvaorized)
------- EDF (Valorized)

Figure 7.9 Change in Net Plant Efficiency as a function of recycle ratio and recycle flue gas flow
rate.

As noted above, only the efficiency loss due to exergy destruction is considered here. The fan
power consumption for recycling the flue gas reduces the NPE by an additional 0.5 percentage
points for 70% recycle. The combination of these two effects (exergy and mechanical losses)

results in a significant efficiency penalty associated with FGR, particularly at high FGR.

151



7.3.2. Effect of Flue Gas Recycle on Pressurized Oxy-Combustion
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Figure 7.10 Pressurized oxy-combustion process flow diagram. ASU: Air Separation Unit; DCC: Direct
Contact Cooler; RFG: Recycle Flue gas; CPU: Compression and Purification Unit.
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As mentioned in Section 7.1, pressurized oxy-combustion (POC) has several advantages over
atmospheric oxy-combustion. Notably, the plant efficiency is higher because at higher pressure
the moisture in the flue gas condenses at a higher temperature, such that the latent heat of
condensation of the moisture can be integrated into the steam cycle, unlike with atmospheric oxy-
combustion where the latent heat is completely lost (in the Loss block). The power plant
considered for pressurized oxy-combustion is presented in Figure 7.10. The HT block of the POC
process is the same as for atmospheric pressure oxy-combustion, however, the LT block includes
the latent heat of the flue gas moisture, in addition to the sensible heat from the flue gas (available
at atmospheric pressure). The heat available from the flue gas in the LT block (latent and sensible)

can be integrated into the steam cycle using either an indire